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             (August 2008) 
 
The aim of this project is to develop and evaluate an anaerobic membrane bio-reactor for the treatment of Fischer-
Tropsch Reaction Water originating in Sasol’s coal to fuel synthesis process. It was hypothesized that an anaerobic 
membrane bio-reactor fitted with submerged flat panel ultra filtration membranes to induce a 100% solids-liquid-
separation and biogas recycle for membrane scour will be able to treat Fischer-Tropsch Reaction Water to a higher 
standard and more economically than currently available systems. A down-flow anaerobic packed bed reactor was also 
operated to benchmark the performance of the anaerobic membrane bio-reactor. 
 
During the anaerobic membrane bio-reactor evaluation period of 680 days, the two systems were operated at a steady 
state organic loading rate (OLR) of 15 kgCOD/m3Vr/d for a period of 60 days and their performance compared. The 
anaerobic membrane bioreactor yielded a total effluent COD of <100 mgCOD/L compared with the packed bed reactor 
1750 mgCOD/L, of which 770 mgCOD/L was particulate organics. The alkalinity requirement of the anaerobic 
membrane reactor (0.067 kgNaOH/kgCODremoved) was 25% lower than that of the packed bed reactor (0.11 
mgNaOH/kgCODremoved). The mixed liquor suspended solids concentration in the membrane system could be increased 
to >30gTSS/L resulting in organic loading rates double (30 kgCOD/m3Vr/d) the maximum viable limit of the packed bed 
system (OLR = 15 kgCOD/m3Vr/d). The sludge production of the membrane reactor (0.022 gTSS/gCODremoved) was 
significantly lower than that of the packed bed (0.031 gTSS/gCODremoved) resulting in low nutrient requirements. 
 
In the second part of the project, a steady state and dynamic simulation model were developed for the anaerobic 
conversion for Fischer-Tropsch Reaction Water. The two models were calibrated and validated on the data collected in 
the 680 day experimental phase of the project. From the experimental phase it was found that, if the anaerobic 
membrane bioreactor is implemented, savings in capital and main operating costs are; reactor volume (50%), alkalinity 
(25%), sludge incineration (30 %) and downstream processing (± 95%). From the modeling section it was concluded 
that pH, temperature, effluent short chain fatty acids and hydrogen partial pressure play pivotal roles in the stability of 
the anaerobic system treating Fischer-Tropsch Reaction Water, if one of these parameters deviates from the prescribed 
range the treatment capability of the system deteriorates dramatically. 
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The Fischer-Tropsch (FT) process converts coal and natural gas (mostly methane) to synthetic fuels 
and other value added polymers. Irrespective of the feedstock and catalysts used, the FT process 
produces three major effluent streams, namely Oily Sewer Water (known as API), Stripped Gas 
Liqour (SGL) and Fischer-Tropsch Reaction Water (FTRW). At Sasol’s Secunda plant situated in 
South Africa, the three streams have a combined flow and organic load of 128 ML/d and 677 
tonCOD/d respectively. The combined waste water stream is currently treated in an activated sludge 
plant, requiring 705 tonsO2/d (480 tonO2/d for sludge activation and 225 tonO2/d for electricity 
generation from coal) and producing in the order of 150 tonTSS/d of dry solids. FTRW contributes 
77% of the organic load and consists mostly of C2 to C6 Short Chain Fatty Acids (SCFA). The 
aerobic treatment of SCFA streams is problematic because of the tendency to produce biomass with 
poor settling properties, has high aeration demand, high sludge production as well as poor effluent 
quality and high solid liquid separation costs.  
 
As early as 1986 research on the Anaerobic Digestion of Fischer-Tropsch Reaction Water (AD-
FTRW) was investigated and it was shown that this high organic strength (18 000 mgCOD/L), low 
pH (3.77), industrial waste water is in fact amenable to anaerobic digestion. Anaerobic digestion can 
be defined as the stepwise decomposition of a biodegradable substrate mediated by micro-organisms 
that proliferate under oxygen deficient (anaerobic) conditions. The biodegradable substrate 
undergoes a stepwise decomposition process with the final products being carbon dioxide, methane 
and biomass. However, some major issues hampered the full scale application of the AD-FTRW 
process, viz. (i) poor sludge settleability and solids-liquid-separation and (ii) the alkalinity 
requirements to raise the influent pH to within the range of optimal anaerobic digestion (±7). 
Nevertheless, the significance of energy recovery from biogas produced in the AD-FTRW was 
identified early on and sustainabl  long term evaluation of fixed-bed anaerobic technologies were 
initiated by Sasol in 1987.  
 
From the pilot-scale work, alkalinity requirements were identified as the main constraints in the 
applicability of the AD-FTRW. Other concerns were the high TSS and total SCFA concentration 
(~500 mgAc/L) in the effluent. The result was that an aerobic polishing step would be enquired to 
decrease the effluent COD and solids to levels that is acceptable for reverse osmosis and recycling 
for water re-use. 
 
From literature it was concluded that a possible solution to the high effluent TSS and SCFA and 
possibly also to the high alkalinity requirements, was a combination of anaerobic digestion and 
membrane technologies. Membranes provide a 100% solids-liquid separation, producing effluents 
completely free of TSS. Secondly, membranes also un-couple the hydraulic and solids retention 
times so that high reactor solids concentrations can be achieved, resulting in a lowering in effluent 
biodegradable COD (and SCFA). The lower the effluent SCFA (and resultant acidity), the lower the 
alkalinity requirements to maintain pH neutrality.  
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Apart from the expected gains in effluent quality and lowered alkalinity consumption with an 
Anaerobic Membrane Bioreactor (AnMBR) specifically designed for AD-FTRW, a few other 
advantages were identified. These include: 
• Anaerobic systems relying on granulation like the Up-flow Anaerobic Sludge Bed Reactor 
(USAB), Extended Granular Sludge Bed Reactor (EGSB) and Internal Circulation (IC) 
reactors show poor process performance in the long term treatment of SCFA streams. This 
problem is overcome by the 100% solids-liquid separation imposed by the membranes in the 
AnMBR. 
• The capital cost around membrane acquisition and installation has traditionally been one of 
the main factors hampering the full-scale implementation of MBRs. However, from the early 
90’s membrane costs have shown a >95% decrease. The same has also been observed for the 
operating cost of MBR plants. If these trends continue membrane technologies will become 
the preferred waste water treatment option and its use will increase dramatically in the next 
five years. 
• In the early 90’s there was a dramatic increase in the research outputs generated by research 
facilities investigating aerobic MBRs. In response to these research outputs and skills 
developments, full-scale aerobic MBR plants rapidly increased in number in the past decade. 
For the AnMBR, a 10 fold increase in publications has been observed over the past 4 years. It 
is thus expected that the AnMBR will follow the same path to full-scale application as the 
Aerobic MBR. 
 
Currently, non-woven polymer ultra-filtration ( 0.5 µm – 2 nm) membranes are the most popular 
membrane pore size in waste water treatment because these operate under more economical Trans 
Membrane Pressures (TMPs), and retains bacteria and viruses while allowing soluble constituents to 
pass through. AnMBR research is currently dominated by two reactor configurations; (i) the cross-
flow system, in which an external membrane module is mounted on a completely mixed anaerobic 
reactor and (ii) the submerged configuration in which flat panel membranes are submerged in the 
mixed liquor and recycles biogas for membrane scour. The submerged configuration has gained 
significant popularity in research in the past few 3 years. 
 
The aim of this study is to investigate the Anaerobic Digestion of Fischer-Tropsch Reaction Water 
(AD-FTRW). The investigation consists of four major parts: 
 
1. The design, commission, start-up and operate a laboratory-scale Submerged Anaerobic 
Membrane Reactor (AnMBR) using A4-size flat panel Kubota® membranes for the treatment 
of FTRW. 
 
2. The design, commission, start-up and operate a laboratory-scale Anaerobic Packed Bed 
Reactor (AnPBR) to serve as benchmark for the AnMBR’s performance. The AnPBR design 
is a scale-down of a pilot plant AnPBR currently also under evaluation by Sasol for the AD-
FTRW. 
 
3. Develop a steady state design model for the AD-FTRW, calibrated on the data obtained in (1) 
and (2) predicting design parameters like; (i) reactor volume, (ii) operational MLSS, (iii) 
biogas production and (iv) feedstock consumption (alkalinity and nutrients) for a given 
organic load of FTRW. 
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4. Develop of a dynamic simulation model for the AD-FTRW, again calibrated on the steady 
sate model and data obtained in (1) and (2). Once the reactor volumes and feedstock 
requirements for a given organic load has been identified by the steady state model, the 
dynamic model can be used to predict the designed reactor’s (i) response to dynamic flow 
and load variations, (ii) the effluent quality that can be expected for a given reactor volume 
and sludge age and (iii) the effect of inhibitory substances on the microbial performance. 
 
 
The 23 L laboratory-scale AnMBR includes 3 200x300 mm (A4-size) submerged flat panel ultra 
filtration membranes to induce a 100% solids-liquid-separation. Membrane scour to minimize 
membrane fouling is provided by a biogas recirculation system (750 L/m2/h). Biogas is extracted 
from biogas headspace above the mixed liquor and reintroduced through a coarse bubble diffuser 
below the membranes. Advantages of anaerobic membrane FTRW treatment are that (i) zero 
suspended solids effluent for reuse, (ii) very low (< 0.03 gCOD/gCOD) sludge production, (iii) zero 
oxygen demand and (iv) recovery of 2/3 of the carbon and > 98% of the COD and energy in methane 
for beneficial use – recycling for membrane scour and energy generation. The AnMBR is fed a 
synthetic FTRW conditioned with nutrients and some alkalinity (~800 mgCaCO3/L) to raise the pH 
to that of actual FTRW (3.77). 
.  
Start-up from an un-adapted municipal anaerobic biomass from an OLR of 2 kgCOD/m3Vr/d to the 
desired steady state value of 15 kgCOD/m3Vr/d was achieved in less than 4 months. From the 
nutrient optimization after start-up it was shown that N, P, S and Fe are of primary importance in the 
AD-FTRW system and should be dosed as macro nutrients (~ 50, 10, 4, 1 mg/Lfeed respectively). 
 
In the membrane performance evaluation of the AnMBR it was found that inorganic foulants can be 
removed by rinsing and back-flushing the membranes. However, for biological foulants, a chemical 
clean is required. Membrane life span was estimated at upwards of 7 years, but conclusive results 
will require an investigation period significantly longer than 680 days. A critical flux of 4.3 L/m2/h 
was identified. At fluxes higher than this critical value, biological cake layer formation could not be 
controlled by biogas scour resulting in excessively high TMPs (>1000 mmH2O) to maintain flux. 
The low critical flux observed in the AnMBR is probably due to the accumulation of extra cellular 
polymers and/or endogenous biomass in the MLSS due to the very long sludge age. Research done 
by Hu & Stuckey (2007) has shown that the addition of powdered activated carbon can increase the 
critical flux to > 20 L/m2/h in a submerged AnMBR. 
 
Apart from membranes, another means of achieving a high degree of solid-liquid-separation in the 
AD-FTRW environment has been identified as fixed film anaerobic technologies. For a direct 
comparison between the performance of the membrane and packed bed technologies for AD-FTRW, 
a laboratory-scale replica of the AnPBR pilot plant was designed and constructed to serve as control 
reactor for the performance evaluation of the AnMBR. The constructed lab-scale AnPBR system 
was operated at the exact same laboratory conditions as the AnMBR and fed the same feed and 
nutrient mix as the AnMBR. The final design of the scaled down AnPBR was a 23 L, the down flow 
velocity in the lab-scale unit was kept the same as the pilot plant at 0.884 m/h requiring a recycle 
flow of 20.05 L/h. The same pilot-plant packing material (Flocor Rings) as was used in the pilot 
plant was used in the lab scale unit. Since the diameter of the lab-scale system was selected so that 
the down flow velocity and the packing densities are the same as in the pilot plant, the 
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hydrodynamics experienced by the micro-organisms inside the lab scale unit should be similar to 
that of the pilot plant.  
 
The AnMBR effluent is free of particulates and TSS compared with the AnPBR where 57 % of the 
effluent COD (1750 mgCOD/L) is in particulate form. Furthermore the total COD of the AnMBR is 
only 2% (35 mgCOD/L) of the total effluent COD of the AnPBR at an OLR of 15 kgCOD/m3/d. The 
result would be a significantly reduced operating and capital cost for the downstream processing 
system. Due to the retention of biomass in the AnMBR and its long sludge age, the dead biomass in 
the reactor gets hydrolyzed and is reintroduced as substrate to be utilized by the anaerobic biomass. 
This re-utilization of biomass results in a 30% lower sludge production (0.022 gTSS/gCODremoved vs. 
0.031 gTSS/gCODremoved) and nutrient dosage - and hence sludge disposal cost - compared with the 
AnPBR. 
 
The main operating cost in anaerobic systems treating acidic waste water is the alkalinity dosing 
cost. Because of the high effluent SCFA and slightly higher reactor pH of the AnPBR, the alkalinity 
consumption of this system was 25% higher (0.11 gNaOH/gCODremoved vs. 0.067 
gNaOH/gCODremoved) than that of the AnMBR under the same operating conditions. However, the 
AnPBR can handle far larger (3 times) shock loads than the AnMBR and still show a 30% shorter 
recovery period (8 days).  
 
Provided the membranes can be maintained below the critical flux, the AnMBR was operated at a 
maximum OLR of 30 kgCOD/m3Vr/d, compared with 8 kgCOD/m3Vr/d for the AnPBR. This implies 
a 3 times smaller reactor volume than required with the AnPBR for the same organic loading. This 
and the significant savings in fixed capital and main operating costs namely; reactor volume (60%) 
alkalinity (25%), sludge incineration (30 %) and downstream processing (± 95%) indicates that the 
AnMBR might be a financially competitive treatment option for FTRW, despite the high ultra 
filtration membrane costs and more complex control strategies. 
 
A steady state model was developed for the anaerobic conversion FTRW with Urea and hydroxide 
dosing, to their metabolic products; (i) biomass, (ii) carbon dioxide, (iii) methane, (iv) alkalinity and 
(v) ammonia. The primary use of this model is reactor design, i.e. the calculation of (i) mixed liquor 
concentration (MLSS), (ii) reactor volume, (iii) reactor operational pH, (iv) alkalinity, (v) nutrient 
requirements and (vi) biogas production and composition.   
 
This model comprises three parts (i) a COD mass balance based kinetic part from which the methane 
gas and biomass COD production are determined for a given sludge age, (ii) a C, H, O, N, charge 
and COD mass balance based stoichiometry part from which the gas composition (or partial pressure 
of CO2) and alkalinity generated are calculated from the COD concentration utilized and its x, y and 
z and a composition in CxHyOz of the biodegradable organics, the urea dosed for nitrogen and the 
alkalinity requirements and (iii) a carbonate weak/acid base chemistry part from which the pH of the 
digester is obtained from the partial pressure of CO2 and alkalinity generated.  The model takes into 
account dissociation of the SCFA substrate, hydrolysis of urea (for N requirements) and alkalinity 
dosing to maintain a reactor pH at 7.0, since it was found that these processes have a significant 
effect reactor pH. Because the FTRW are all readily biodegradable, it could be assumed that the 
biodegradable substrate is utilized to completion (Sbe = 0). The model was calibrated on steady state 
experimental data recorded on the AnMBR. The model was validated against datasets of 200 days 
each from the AnMBR and the AnBPR operated under the same laboratory conditions. 
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Biogas and pH are predicted to well within 10% of the actual measured values. The mixed liquor 
concentration predictions can vary as much as 30%, but yields results typically within 15% of the 
measured results under normal operating conditions.  The steady state model was found to be 
sufficiently accurate to judge the health of the system. If parameters – including biogas production 
and pH – deviate from the predicted values, it is usually an early sign of system instability. Steady 
state models are (i) practical for design, because they allow reactor sizes to be simply calculated in a 
spreadsheet and (ii) provide a basis for crosschecking for simulation model outputs and (iii) can 
predict initial values for dynamic simulation models, like biomass concentrations and reactor 
volumes. However, steady state models cannot predict effluent biodegradable COD concentration 
(Sbe), bioprocess inhibition, response to organic over-loading or digester failure conditions. For this, 
the time dependant metabolic intermediate production by the individual organism groups is required.  
 
The dynamic simulation AD-FTRW model was developed to overcome the restrictions of the steady 
state model. The dynamic AD-FTRW model was developed from balanced stoichiometric reactions 
describing the anaerobic metabolism of each biodegradable organic type of the feed by its 
corresponding Functional Organism Group (FOG). The yield values of the individual FOGs were 
calibrated against the steady state model with an automated parameter optimization using the water 
treatment simulation package West®. Similarly, the half saturation constants for the individual FOGs 
were calibrated with West® against batch test experimental data on sludge harvested from the 
AnMBR on which individual SCFA concentrations profiles wer  measured.  
 
After calibration, the dynamic AD-FTRW was validated against dynamic flow and load 
experimental data. The model shows less variability in the predicted outputs than the experimental 
data. The model only calculates daily averages, whereas the experimental data are grab samples 
obtained from the experimental system. Nevertheless parameters (i) alkalinity, (ii) pH, (iii) biogas 
production and (iv) composition and (v) MLSS are predicted within the ± 10 % error margin. The 
experimental vs. predicted outputs for Sbe and effluent SCFA are 190S vs. 224S mgCOD/L (P90 = 
65%) and 134S vs. 112S mgAc/L (P90 = 75%) respectively. Although the dynamic AD-FTRW model 
slightly over predicts the effluent COD (18%) and SCFA (20%), the effluent COD is less than 1% of 
the influent COD and a 20% error in effluent COD is < 0.2% of the influent COD. This slight over 
prediction is advantageous, since it will result in a more conservative design of downstream 
processes. 
 
A literature survey was conducted to find the required inhibition functions for mesophillic anaerobic 
digestion. Inhibitory parameters include pH, temperature, high Short Chain Fatty Acid (SCFA) 
concentrations and dissolved hydrogen gas (H2(aq)) inhibition. It was found that a temperature and pH 
variation of ± 4 oC and ± 0.3 pH units respectively can lead to catastrophic system failure. Also a 
rapid (1 day) OLR increase of 17% also leads to a catastrophic failure. These findings correspond 
well with observations on the experimental system. The inhibition functions were obtained from 
literature and applied ‘as is’ and should be validated experimentally if this research is continued. 
 
Irrespective of the inhibition type (pH, T, SCFA or OLR increase) the dissolved hydrogen gas 
pressure (H2(aq)) always shows a fluctuation before the system fails catastrophically. It can also be 
noted that, if the H2(aq) recovers, the system also recovers from the inhibition of shock load. Secondly 
the H2(aq) also recovers far quicker than other parameters like effluent SCFA or Sbe. Thus the H2(aq) 
concentration appears to the ideal pre-emptive parameter for predicting (i) inhibitions, (ii) imminent 
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reactor failure and also (iii) reactor recovery. Traditionally, the H2(aq) and the gas phase hydrogen 
partial pressure could not be measured economically due to its low concentrations. However, due to 
recent advances in hydrogen fuel cell technology inexpensive H2(aq)-probes that can measure H2(aq) 
concentrations as low as 90 nano-mols are currently available. It has also been proven that these 
probes can survive long term use in anaerobic digestion mixed liquor.  
 
It is estimated that if the AnMBR technology is implemented at full scale and the entire FTRW 
stream is treated anaerobically, a 77% reduction in oxygen demand and a 63% reduction on sludge 
production is expected on the entire water (AnMBR and Activated Sludge) treatment system. Since 
energy can be recovered from the anaerobically produced methane, the electricity requirements of 
the aerobically treated API and SGL wastewater streams will be met with a surplus of roughly 400 
MWh will be produced. 
 
Since sludge incineration and energy requirements for aeration are the major contributors to the 
overall operating cost of the activated sludge plant, it is estimated that a saving of 60 million 
Rand/year can be made with the anaerobic digestion of FTRW. Furthermore, it the methane in the 
biogas is converted to electricity it will produce approximately 571 MWh/d or 23 MW (at 33% 
thermal efficiency), enough to power 17000 average South African house holds. The carbon 
footprint of the AS-AnMBR plant will also be 48% less than that of the current waste water 
treatment system. Alternatively, the biogas can be blended into the natural gas line before auto-
thermal reforming which will then be converted to synthesis gas and polymerized via the FTRW 
process. It is estimated that if the 127.8 ton/d of methane is converted to diesel, 52 000 L/d can be 
produced extra, resulting in a further capital gain of ~ 65 R million per year. 
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1. Introduction 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
The Fischer-Tropsch (FT) process has been under development over the past six decades at Sasol. 
The FT process is the catalytic conversion of coal and natural gas to synthetic fuels and other value-
added polymers (Chapter 2, Figure 2.1). In this process the feedstock (coal/natural gas) undergoes 
gasification/reforming to produce synthesis gas (CO and H2) and a wastewater called Stripped Gas 
Liquor (SGL). The purified synthesis gas enters the FT reactors and is catalytically polymerized to 
form long chain hydrocarbons, methane and water (Eq 1.1). 
 
nCO + 2nH2 → CnH2n + nH2O + CH4                                             (1.1) 
 
From Eq 1.1 it can be noted that on a molar basis, the FT reaction produces more water than actual 
product (CnH2n). In the next step of the Sasol process called Product Recovery, the methane, the 
water produced in the FT reaction and the actual product are separated. The methane is separated 
and recycled back to the gasification/reforming step for re-polymerization. The polymerized 
products (CnH2n, Eq 1.1) are then further upgraded to petrol, diesel, jet fuel and a range of other 
products.  
 
The water produced in the FT reaction contains significant amounts of Short Chain Fatty Acids 
(SCFAs). These cannot be separated from the water economically. This wastewater stream is known 
as Fischer-Tropsch Reaction Water (FTRW). FTRW, SGL and a third major organic stream namely 
American Petroleum Industries (API) - which is an oily sewer water from the petrochemical plant - 
is combined and treated in the second largest activated sludge (AS) plant in the world, situated at 
Secunda (South Africa). The combined flow of the FTRW (29 ML/d), SGL (62 ML/d) and the API 
(37 ML/d) is 128 ML/d with an organic load of 677 tonCOD/d. This amounts to a 7 million person 
equivalent organic load treated in a single fully aerobic activated sludge plant. 
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The FTRW stream comprises 23 % of the total flow and 77 % of the total organic load entering the 
Secunda activated sludge plant. The FTRW stream is unique, in that it is chemically produced water 
with virtually no dissolved salts or particulates, comprising mostly of readily biodegradable SCFAs. 
Early studies conducted by Britz & Nel (1986), indicated that FTRW can be treated anaerobically 
provided sufficient alkalinity is dosed to neutralize this streams acidity. 
 
If the FTRW stream is kept separate from the SGL and API streams and treated anaerobically, 
currently experienced problems with aerobic activated sludge treatment such as aeration costs and 
sludge production costs will be significantly reduced. Furthermore it is estimated that anaerobic 
digestion of the SCFAs in FTRW will take place rapidly, resulting in low Hydraulic Retention Times 
(HTRs) of < 24 hours for a production scale anaerobic reactor. 
 
However, one major problem hampers the implementation of anaerobic systems on FTRW, namely 
the poor settling characteristics due to the dispersed nature of the biomass produced on the SCFAs in 
this stream. A state-of-the-art technology namely the polymeric ultra filtration membrane might 
provide a means of separating the hydraulic and solids retention times in a high rate anaerobic 
reactor. Membranes provide a positive barrier – completely independent of sludge settleability – 
which retains particulates and biomass in the reactor while allowing treated effluent to exit it. 
 
It is hypothesized that Fischer-Tropsch Reaction Water can be treated in a laboratory-scale 
Anaerobic Membrane Bio-Reactor (AnMBR) specifically designed for this purpose. The laboratory-
scale AnMBR will use 200x300 mm flat panel ultra filtration membranes to induce a 100% solids-
liquid-separation. The membranes will be submerged in the AnMBR mixed liquor. Membrane scour 
to minimize membrane fouling is provided by a biogas recirculation system - biogas is extracted 
from a biogas headspace situated above the mixed liquor, recycled and reintroduced through a coarse 
bubble diffuser below the membranes. It is expected that the AnMBR will operate at HRTs < 1 day 
and produce an effluent quality superior to other technologies currently under evaluation for FTRW 
treatment. The advantages of anaerobic membrane FTRW treatment are that (i) zero suspended 
solids effluent for reuse; (ii) very low (< 3% gCOD/gCOD) sludge production, (iii) zero oxygen 
demand and (iv) recovery of 2/3 of the carbon to methane for beneficial use – recycling for 
membrane scour and energy generation. 
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If the first part of the hypothesis is met, the AnMBR performance will be evaluated against a 
laboratory-scale Anaerobic Packed Bed Reactor (AnPBR) also under evaluation for the treatment of 
FTRW. The two reactors will be compared on parameters like; (i) maximum attainable organic 
loading rate, (ii) alkalinity and nutrient requirements, (iii) effluent quality, (iv) start-up time, (v) 
membrane/packing performance and (vi) response to overloading conditions.  
 
The experimental data collected in the performance evaluation period will used to construct a steady 
state design model for the anaerobic treatment of FTRW. The primary use of this model will be the 
prediction of design parameters like (i) reactor volume for a given operational MLSS (a requirement 
for effective membrane scour), (ii) alkalinity and nutrient requirements, and (iii) biogas production. 
The experimental data will further be used to construct a dynamic simulatio  model to predict; (i) 
the AnMBR’s response to influent flow and load variations, (ii) effluent quality and (iii) the effects 
of substances that might have an inhibitory effect on the microbial activity in the reactor. 
 
The final project outcome is anticipated to be a laboratory-scale AnMBR prototype capable of 
treating FTRW at short HRTs with a Reverse Osmosis (R/O) ready effluent (i.e. no effluent 
polishing required between the AnMBR and the R/O plant). The second part of the project outcome 
will be a computer design package for the reactor size, feedstock requirements, simulation of system 
performance and prediction of effluent quality for an AnMBR treating FTRW at any given flow and 
organic loading rate. It is estimated that if the entire FTRW stream is treated anaerobically in a 
production scale AnMBR, a 77% reduction in oxygen demand and a 63% reduction on sludge 
production is expected on the entire water treatment system (Table 1.1).  
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Table 1.1, Current AS Compared with Proposed AS-AnMBR Reagent & Product 
Requirements 
Total Production Current  Proposed 
Reduction 
[%] 
Coal                 [ton/d] -170 0 100 
Oxygen            [ton/d] -705 -110 84 
Energy             [MWh/d] -320 +571 - 
TSS                 [ton/d] +150 +55.3 63 
Carbon Dioxide [ton/d] +970 +503 48 
 
Figure 1.1, represents the in- and outputs of the purposed AS-AnMBR plant (compare to Chapter 2 
Figure 2.2 representing the in- and outputs of the current AS plant).  
 
Figure 1.1, Combined Activated Sludge & AnMBR Treatment System 
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Since sludge incineration and energy requirements for aeration are the major contributors to the 
overall operating cost of the activated sludge plant, it is estimated that a saving of 60 million 
Rand/year can be made with the anaerobic digestion of FTRW. Furthermore, if the methane in the 
biogas is converted to electricity it will exceed the wastewater treatment plant’s electricity 
requirements by approximately 571 MWh/d or 23 MW (at 33% thermal efficiency), enough to 
power 17 000 average South African house holds (33 kWh/household/d). The carbon footprint of the 
AS-AnMBR plant will also be 48% less than that of the current waste water treatment system 
(Appendix 1.1). 
 
Alternatively, the biogas can be blended into the natural gas line before auto-thermal reforming 
which will then be converted to synthesis gas and polymerized via the FTRW process. It is estimated 
that if the 127.8 ton/d of methane is converted to diesel, 52 000 L/d can be produced extra, resulting 
in a further capital gain of ± 65 R million per year (Appendix 1.2). 
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2. Literature Review 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
The aim of Chapter 2 is to review the three major topics that form the foundation of this research 
project, namely; (i) Sasol’s Fischer-Tropsch (FT) synthetic fuel synthesis process, (ii) anaerobic 
digestion and (iii) membrane solid-liquid separation and the Anaerobic Membrane Bio-Reactors 
(AnMBR). 
 
In the FT process either coal or natural gas is converted to synthetic fuels and other value added 
polymers. A brief discussion on the basic FT process and on the wastewaters it generates is given. 
The current methods of FT wastewater treatment will be evaluated and it will be shown that one of 
the streams, namely Fischer-Tropsch Reaction Water (FTRW) might be amenable to anaerobic 
digestion. If this is the case, significant savings in oxygen requirements and sludge disposal costs 
can be expected, as was discussed in Chapter 1. Secondly, if the methane produced in the anaerobic 
processes can be recycled and blended with the natural gas, it can be used as a feedstock for the FT 
process and recycle as much as 50% of the carbon in FTRW (62 tonC/d), rather than release it to the 
atmosphere as CO2. 
 
Anaerobic digestion forms the second major topic of discussion in this chapter. It will be shown that 
the stepwise decomposition of organics like the Short Chain Fatty Acids (SCFAs) in FTRW is 
mediated by 4 major anaerobic trophic micro-organism groups. The focus will then move towards 
the environmental conditions required for optimal micro-organism growth and organic removal 
rates. This will then lead to a discussion on the development of the anaerobic bio-reactor and the 
continual drive in wastewater treatment to improve solids-liquid separation to increase Organic 
Removal Rates (OLRs), leading to smaller volume high rate reactors. A discussion of the first 3 
generations of anaerobic reactors will be given, highlighting the strengths and weaknesses of each. It 
will then be shown that due to the unique characteristics of FTRW, the anaerobic reactors capable of 
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treating it, is expected to yield poor effluent quality, high alkalinity requirements and large reactor 
volumes.  
 
The third part of this chapter entails a discussion on the fourth generation Anaerobic Membrane Bio-
Reactor (AnMBR). The various types of membranes and reactor configurations currently available 
will be discussed. Furthermore it will be shown that even though AnMBR technology is still in its 
infancy, a significant amount of development has taken place in the water research community in the 
last 3 years, driven by major benefits expected from application of the AnMBR. The AnMBR might 
be an elegant solution to solids retention and effluent quality issues around the anaerobic treatment 
of FTRW, even in the midst of high membrane prices, more complicated reactor designs and process 
control systems. 
2.1 Sasol’s Coal to Synthetic Polymer Processes 
Sasol leads the world in the conversion of low grade coal to motor fuels and synthetic polymers. In 
addition to producing more than 40% of South Africa’s liquid fuels and more than 200 other value 
added polymers, the group directly contributes more than 4% of South Africa’s gross domestic 
product. This conversion of coal (and natural gas) into synthetic fuels products is achieved through 
propriety Fischer-Tropsch (FT) technologies unique to Sasol.  
 
In the first part of the process, 46 Mton/y of coal is converted to synthesis (or producer) gas, a 
combination of carbon monoxide and hydrogen. This is known as Gasification (Figure 2.1). In the 
gasifier, the coal is pressurized with steam and oxygen and is converted to crude synthesis feed. The 
gasification condensates once cooled, yields tars, pitches, oils and most importantly purified 
synthesis feed gas. Gasification is the first part of the Coal to Liquid (CTL) process.  Coal is the 
most important feedstock. However, to reduce carbon emissions, a second feedstock used is natural 
gas. In this case, the gas is reformed via a process called auto-thermal reforming to produce a 
comparatively pure synthesis gas, this is known as the Gas to Liquids (GTL) process. 
 
Even though 70 % of the currently used feedstock is coal, it is this Gas to Liquid (GTL) approach 
that holds the most future promise for the application of FT technology. The main component of 
natural gas is methane. The conversion of natural gas to synthesis gas is called methane reforming. 
For methane reforming, as with gasification, the feedstock usually reacts with steam and oxygen to 
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produce hydrogen and carbon monoxide. The cleaner nature of the methane feed (compared to coal) 
is conducive to the use of high-activity catalysts to enhance the conversion process. The purified 
synthesis feed gas is then available for conversion either through the high temperature Sasol 
Advanced Synthol (SAS) or the lower temperature Slurry Phase Distillate (SPD) process. 
 
Figure 2.1, Simplified Block Flow Diagram of the Sasol Process 
 
In the SAS process the synthesis gas reacts under pressure, in a fluidized iron based catalyst bed to 
yield C1 to C20 hydrocarbons. The product stream is cooled successively to yield liquefied products 
like petrol, diesel and jet fuel and a methane rich gas that is recycled to the reformer to be again 
converted to synthesis gas. In the lower temperature Slurry Phase Distillate (SPD) process, the 
synthesis feed is converted to linear chained hydrocarbons, waxes, paraffin and high quality diesel 
(Sasol Facts, 2005). Irrespective of the reactor configurations, catalyst and hydrocarbon feedstock, 
the basic Fischer-Tropsch reaction can be described as follows: 
 
          nCO + 2nH2 → CnH2n + nH2O  +CH4                          (2.1) 
 
The Fischer-Tropsch process produces more water (on a molar basis) than it does actual product (Eq 
2.1). The water produced in this reaction, is known as Fischer-Tropsch Reaction Water (FTRW). 
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FTRW comprises of C1 to C6 Short Chain Fatty Acids (SCFA). The average COD of this stream is in 
the order of 18 000mg/L (~20 times the concentration of raw sewage) and at Secunda 29 ML/d is 
produced (Phillips & Du Toit, 2002). 
 
Currently, the FTRW is treated in an activated sludge plant along with two other wastewater 
streams, namely API (American Petroleum Industries) which is oily sewer water from the plant and 
Stripped Gas Liquor (SGL) (Figure 2.2). The former originates from plant drainage and the latter is 
from the Gasification condensate which has undergone physical processing to recover by products. 
Figure 2.2 gives a graphical presentation of the flows and loads on Sasol’s activated sludge treatment 
system. 
 
Figure 2.2, Current Organic Effluent Treatment System Used at Sasol 
 
The Secunda fully aerobic activated sludge plant treats 128 ML/d of wastewater with a COD load of 
677 ton per day, a 7 million person equivalent organic load. At this organic load, 150 ton (TSS) of 
sludge is produced and 480 tonO2/d is required for aeration. A further 225 tonO2/d and 170 ton/d of 
coal is required for energy production to supply the 320 MWh of electricity required to run the plant. 
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77% of the 677 tCOD/d organic load originates from the FT process (Appendix 1.1). The FTRW 
consists mostly of C2 to C6 short chain fatty acids (SCFAs), has a low pH (3.77) and TDS (35 mg/L) 
and little other contaminants.  
 
Aside from the high oxygen, electricity and sludge treatment costs, aerobic treatment of SCFA 
streams are problematic because of their tendency to produce biomass that flocculates and settles 
poorly, thus leading to high solids liquid separation costs and an effluent with a high suspended 
solids after secondary settling (Ekama, 2004). SCFA streams are readily treatable anaerobically, 
which would lead to much lower sludge production (0.04 gTSS/gCOD), zero oxygen demand and a 
methane rich biogas stream (Kalyuznhyi & Davlaytshina, 1997a; Sam-Soon et al., 1989). Since the 
biomass yields of anaerobic micro-organisms is extremely low, most (>95%) of the 522 tonCOD/d 
of the FTRW will be converted to methane – which can be recycled and reformed and used as 
synthesis feed (Table 1.1 and Appendix 1.1). Much lower electricity and sludge treatment costs as 
well as a significantly reduced carbon footprint are therefore expected with the anaerobic treatment 
of FTRW. 
2.2 Introduction to Anaerobic Digestion  
In the absence of terminal electron acceptors like O2 or SO42-, anaerobic conditions prevail. Under 
these conditions anaerobic micro-organisms proliferate, using biodegradable organics as electron 
donor (carbon source) and CO2 as terminal electron acceptor producing methane for growth and 
energy. Since methane still contains a significant proportion of the energy and electrons of the 
original organics, very little energy (few electrons) is actually made available to the AD micro-
organisms.  This result in very slow growth rates compared to aerobic heterotrophic micro-
organisms. However, advantages of the slow growth includes: (i) low sludge production and (ii) the 
energy captured in the methane can be utilized for heating or electricity or fuel production.  
 
Figure 2.3 depicts the “typical’ anaerobic digestion process. The complex organics entering the 
system (or reactor volume), are hydrolysed by extra cellular enzymes secreted by the acid producing 
(acidogenic) bacteria (Step 1). The products of hydrolysis are typically simple sugars which 
undergoes acidogenesis (Step 2). The digested products of this group of organisms are mostly acetic 
acid under low dissolved hydrogen gas (H2(aq)) concentration and mostly propionic acid under high 
dissolved hydrogen gas (H2(aq)) concentration, and carbon dioxide and trace amounts of hydrogen. 
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Acetogenic bacteria utilise the propionate to produce acetic acid (Step 3). However, propionate 
utilization can only happen under low H2(aq). The acetoclastic methanogens degrade the acetic acid to 
carbon dioxide and methane (Step 4). Finally, the hydrogen produced by the higher trophic groups is 
utilised by the hydrogenotrophic methanogens (Step 5) to produce more methane (Sam-Soon et al., 
1989). 
 
Figure 2.3, Typical Anaerobic Digestion Flow Scheme 
 
Note: The actual values of high and low hydrogen partial pressure (PH2) and dissolved hydrogen gas 
concentration (H2(aq)) will be discussed in Chapter 6. 
If one looks at the composition of the FTRW stream, it can be noted that the stream consists largely 
of short chain fatty acids, most of which is acetic acid (55.4 %) (Appendix 3.5, Table A3.7). To 
anaerobically convert FTRW to biogas, only the second, third and fourth functional trophic groups 
of the anaerobic digestion process will be required. Figure 2.4 gives a graphical representation for 
how this digestion process will progress. 
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Figure 2.4, FTRW degrading anaerobic consortium 
 
The acidogenic group will also be present, but in a significantly reduced concentration. The only 
function of this group will be to hydrolyze dead biomass. The most prominent species in the reactor 
will be the acetoclastic methanogens and acetogenic organisms. These organisms together with the 
hydrogenotrophic methanogens are also the most pH sensitive and complex to control. A study done 
by Britz and Nel (1986) on the anaerobic treatment of FTRW found that with the addition of a 
cocktail of different alkalinities an organic loading rate of 10.4 kgCOD/m3Vr/day could be achieved 
in a CSTR-type anaerobic reactor.  
2.2.1 Trophic Group Functionality and Characteristics 
The anaerobic biodegradation of complex biodegradable organic compounds including 
carbohydrates, proteins and lipids to methane gas takes place in 5 stages, involving 4 trophic 
organisms groups: (i) Hydrolysis and acidogenesis, (ii) acetogenesis, (iii) acetoclastic 
methanogenesis and finally (iv) hydrogenotrophic methanogenesis. From Figures 2.3 and 2.4 it can 
be noted that the order of the processes and the relative quantity of the organism groups are 
somewhat reversed for the anaerobic digestion of FTRW, as will be shown below;  
• Acetogenesis 
Short chain fatty acids with a carbon chain longer than 2 cannot be utilized directly by 
methanogenic organisms to produce methane. Thus acetogenesis plays a pivotal role in the 
conversion of fatty acids like Hexanoic (Ha), Valeric (Va), butyric (Bu) and propionic (Pr) 
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acids that contributes 45 % of the FTRW organic load. The reactions involved in the 
conversion of these SCFAs can be seen in Appendix 5.1. 
 
The more hydrogen that is produced in the conversion process the more sensitive the process 
to an increase in hydrogen partial pressure. Under dissolved hydrogen concentrations (H2(aq)) 
in excess of 150 µmol (PH2=10-2.7 atm), the forward reaction for both propionic and the 
longer chain SCFAs breakdown (acetogenesis) is thermodynamically unfavorable so that the 
propionic and butyric acids remain unaltered in the system. Accumulation of these 
compounds increases the SCFA concentration which, in turn can lead to inhibitions of other 
processes like acetoclastic and hydrogenotrophic methanogenesis (Batstone et al., 2002). 
• Acetoclastic Methanogenesis 
Since 55 % of FTRW is acetic acid, acetoclastic methanogens will be the predominant active 
mass in the anaerobic reactor treating this wastewater, compared to acetogenic biomass, the 
acetoclastic methanogens are robust and insensitive to hydrogen partial pressure; however 
they are sensitive to pH fluctuations. This organism group converts acetic acid to methane in 
the following reaction (Eq 2.2): 
 
CH3COOH → CH4 + CO2 + Biomass                                 (2.2) 
 
Two genera of acetoclastic methanogens utilize acetic acid to produce methane; (i) 
Methanosarcina dominates above 60 mgAc/L while (ii) Methanosaeta dominates below this 
level. The latter is (i) more pH sensitive and (ii) has slower growth rates, but (iii) can operate 
at very low acetic acid concentrations (Batstone et al., 2002) 
• Hydrogenotrophic Methanogenesis 
Degradation of higher organic acids to acetate is an oxidation step, with no internal electron 
acceptor. Therefore the organisms oxidizing the organic acids are required to utilize an 
additional electron acceptor such as hydrogen ions to produce hydrogen gas. This metabolic 
product (H2(aq)) must be maintained at a low concentration for the H2(aq)-oxidation (via 
hydrogenotrophic methanogenesis) reaction to be thermodynamically possible. The reaction 
can be described as follows (Eq 2.3): 
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4H2 + CO2 → CH4 + 2H2O + Biomass                           (2.3) 
 
• Hydrolysis 
Parallel to the biomass growth processes, organism death also occurs on a continuous basis in 
the anaerobic environment. Acidogenic biomass secretes enzymes to degrade the dead cell 
complex organics extra-cellularly to organic product groups like called soluble biodegradable 
fermentable organics (Sbsf) which is assumed to be glucose, unbiodegradable solubles (Sus) 
and unbiodegradable particulates (Sup) in the following reaction: 
  
Dead Active Mass → Sbsf + Sus + Sup                                       (2.4) 
 
Unlike Acidogenesis, hydrolysis does not appear to be affected by high hydrogen partial 
pressures. 
• Acidogenesis 
Similar to acetogenesis, acidogenesis is generally defined as an anaerobic acid-producing 
microbial process with H2(aq) as electron acceptor. Because free energy yields are normally 
higher, the reactions can occur at high hydrogen partial pressures and at high biomass yields 
(Batstone et al., 2002). Biodegradables (Sbsf) from the hydrolysis process are ingested by 
acidogenic organisms and fermented intracellularly to short chain fatty acids (SCFA) like 
acetic and propionic acid, carbon dioxide and hydrogen gas. The biochemical pathways by 
which the substrate is fermented and the type of SCFA in the end product is dictated by the 
hydrogen partial pressure and the type of substrate fermented (Batstone et al., 2002). The 
most important products and their stoichiometric reaction from Sbsf (assumed to be glucose) 
are given in Appendix 5.1. Compared with the organic load from FTRW, the Sbsf produced 
by hydrolysis is extremely small and will have only a negligible effect on biogas production 
pH and alkalinity. However, the degradation of dead biomass does have a significant effect 
on the reactor solids concentration (MLSS) and thus needs to be taken into consideration for 
the AD-FTRW process. 
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2.2.2 pH and Alkalinity 
In the anaerobic digestion of FTRW, the dominating pH buffering system is the carbonate weak 
acid/base system. The H2CO3*Alkalinity defines the amount of carbonate alkalinity and is commonly 
used to quantify the amount of buffer capacity present in anaerobic digesters. The minimum 
concentration of H2CO3*Alkalinity required to maintain the pH within the optimal for anaerobic 
digestion (6.8 – 7.5) depends on the type of wastewater treated under specified stable conditions. 
 
The type of wastewater will dictate the maximum expected SCFA concentrations in the reactor, 
which in turn, dictates the reactor pH for a given H2CO3*Alkalinity. The amount of buffer required 
for operation at a given pH should be determined experimentally (Moosbrugger et al., 1991). 
However, the Ripley Ratio is a tried and tested means of predicting H2CO3*Alkalinity [mgCaCO3/L] 
requirements; the system alkalinity should be at least 3 times the maximum expected SCFA 
concentration in the reactor (Ripley et al., 1986). 
 
Assuming steady state conditions in an anaerobic system treating a particular substrate, one would 
expect a stable low level of SCFA (< 20% daily fluctuation), a stable pH between 6.8 and 7.5 and a 
stable methane to CO2 ratio (< 5% daily fluctuation). With deviant behavior, a rise in SCFA, 
reduction in methane to CO2 ratio and a decrease in pH would occur. Changes in (i) pH, (ii) 
H2CO3*Alkalinity to SCFA ratio and (iii) methane to CO2 ratio are currently the three major 
parameters used for assessing the ‘health’ of an anaerobic system (Moosbrugger et al., 1991). Many 
components in wastewater that can have an effect on the anaerobic digester pH like the FSA and 
Sulfate system, however since FTRW is a chemically created water, the only two components that 
are of sufficiently high concentration to have an effect on pH is the carbonate and SCFA systems.  A 
detail discussion of the parameters affecting pH in the anaerobic digestion of FTRW is presented in 
Chapter 5. 
2.2.3 Inhibitors and Toxicity 
Molecular hydrogen (dissolved hydrogen gas – H2(aq)) is the single most inhibitory metabolic product 
produced by the anaerobic bio-processes. It has been widely demonstrated the anaerobic systems 
subject to inhibition and overloading showed an increase in the liquid phase concentration (H2(aq)) 
and resultant gas phase hydrogen partial pressure (Whitmore & Loyd, 1986; Archer et al., 1986; 
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Pauss & Guiot, 1993). It would appear that the more hydrogen is produced per mol of substrate 
utilized – by any anaerobic pathway – the more prone to hydrogen inhibition the reaction will be. 
The reaction most affected is the conversion (acetogenesis) of propionic acid (3 molH2/molPr) to 
acetic acid, secondly the acidogenesis of glucose (2 molH2/molSbsf) and thirdly acetogenesis  of 
butyric acid (2 molH2/molBu) (Appendix 5.1). Because of this, propionate in the effluent is regarded 
as a ‘tell-tale sign’ of reactor instability. 
 
Since most parameters typically measured on anaerobic reactors like pH, Ripley (SCFA /Alkalinity) 
ratio, CO2 to CH4 ratio of the biogas, are responses to the inhibitory effect of hydrogen, it has been 
widely stated that the liquid phase hydrogen concentration (H2(aq)) or gas phase partial pressure 
(PH2), it the ideal process control parameter to measure on any anaerobic system (Hickey & 
Switzerbaum, 1991). However, hydrogen is inhibitory at concentrations as low as 12 µmol/L and 
only expensive and labor intensive methods were traditionally available to detect it accurately. 
Fortunately, recent advantages in hydrogen fuel cell technology have also fueled research into more 
sensitive and cost effective hydrogen measurement systems. On-line measurement of dissolved 
hydrogen in anaerobic mixed liquor has been used for process control of UASB reactors with a large 
amount of success (Pauss & Guiot, 1993). The process of hydrogen inhibition is fairly complex and 
this section is only an introduction to the topic,  a detail discussion on this is presented in Chapter 6. 
 
Free SCFA concentrations in the anaerobic mixed liquor can also have an inhibitory effect on the 
anaerobic bioprocesses. It would appear that the groups mostly affected are the hydrogenotrophic 
methanogens and acetogenic organisms. This, in turn, leads to an increase in hydrogen in the liquid 
phase (H2(aq)) and a further inhibition of the system. Free (or un-dissociated) SCFA concentration – 
and its inhibitory effects – is inversely proportional to pH and directly proportional to the total SCFA 
concentration in the system. An interrelationship exists between pH and SCFA inhibition, this topic 
is expanded in Chapter 6. 
2.4 Development of Anaerobic Bio-Reactors 
Assyrian references to using anaerobically generated biogas for water heating dates back as far as 
1000 BC. However it was not until 1776 that the relationship between the amount of decaying 
organic matter and the amount of flammable biogas produced was established. The first anaerobic 
digestion plant was constructed by a leper colony near Bombay around 1859. The primary goal was 
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not waste stabilization, but energy recovery from digester gas in the form of heat. The benefits 
involved in ‘fuel from waste’ were soon realized and as early as 1895, biogas was already used in 
Brittan to power street lamps. 
 
The continuous digestion process known as the anaerobic digester was developed by Imolff around 
1900, and became the generally accepted treatment method for the stabilization of municipal sewage 
sludge (Jones, 2006). The focus of this section is to review briefly the development of the anaerobic 
reactor, from the unmixed or completely mixed dispersed systems developed more than a century 
ago, to the current state-of-the-art high rate anaerobic reactors. 
2.4.1 Dispersed Biomass Reactors 
The conventional flow through anaerobic digester is used mostly for the treatment of municipal 
sewage sludge and also some other concentrated wastewaters. The influent enters the reactor volume 
where it comes into contact with the anaerobic biomass. The biodegradable organics get converted 
via the anaerobic processes mentioned above to methane and CO2, which escapes the liquid phase in 
the form of biogas, and a small fraction of the organic matter is converted to anaerobic biomass. This 
conversion of biodegradable organics to methane reduces the influent organics (COD) concentration 
and stabilizes the wastewater by leaving very low residual biodegradable organics in the effluent. 
Early designs did not incorporate mixing or heating, however it was discovered early on that 
mechanical agitation and digester heating significantly increases the organic removal rate of the 
anaerobic digester (Figure 2.5). The remaining unbiodegradable solids and anaerobic biomass are 
not removed from the effluent and recycled to the digester, with the result that the sludge age and 
hydraulic retention time are the same. Because sludge ages need to be long, hydraulic retention times 
also are long, resulting in large reactor volumes. High organic loading rates (OLR) could only be 
achieved by feeding concentrated organic influents. 
 
Figure 2.5, Simple Anaerobic Digester 
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The advantage of this process is its simplicity in design and operation. One of the disadvantages is 
that long hydraulic retention time is required for high organic removal efficiency and reliability. 
Secondly, since the hydraulic and solids retention times are the same, a high concentration of 
suspended solids exits the system in the effluent unless some means of solid-liquid-separation or 
post treatment is provided (Ross et al., 1992). 
 
The anaerobic contact process was developed to overcome the disadvantages experienced with the 
conventional flow through anaerobic digester (Figure 2.6A). The effluent from the anaerobic reactor 
passes through a secondary settling tank where the suspended solids – including the active biomass – 
are separated and returned to the reactor. This results in a partial uncoupling of the hydraulic and 
solids retention times, allowing a longer retention of active biomass (sludge age) in the reactor than 
the hydraulic retention time. This modification permits a significant (~5 times) increase in OLR and 
also a reduced pollution load in the effluent. 
            [A]           [B] 
 
Figure 2.6, Anaerobic Contact Process [A] and Clarigester [B] 
 
However, because of the dispersed nature and poor settleability of anaerobic biomass, a large surface 
area secondary settling tank (SST) is required for sufficient settling to take place. This large footprint 
requirement – and resultant large capital cost – forms the main disadvantage of the anaerobic contact 
process (McCarty, 1974; Metcalf & Eddy, 1991). A modification on the standard anaerobic contact 
process design is the clarigester. In the clarigester design, the secondary settling tank (SST) is 
mounted on top of the anaerobic digester (Figure 2.6B). The mixing induced by the influent flow 
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regime produces enough agitation so that no mechanical mixing is required. Since the clarigester is 
still regarded as a “dispersed biomass” reactor and solid-liquid separation not very efficient, total 
suspended solids (TSS) in the effluent is still a major problem. The clarigester is the first of the “tall 
cylinder” type configurations typically associated with high rate anaerobic reactors. 
2.4.2 High Rate Immobilized Biomass Reactors 
Apart from energy production from wastewater, the second most economically advantageous 
attribute of anaerobic biomass is its ability to immobilize - to form fixed biomass on packing media 
or fast settling biomass pellets - under certain conditions. This immobilization meant that biomass 
retention inside the reactor (sludge age - Rs) is significantly longer than that of the wastewater to be 
treated (hydraulic retention time - HRT) resulting in small reactor volumes and high OLRs. 
 
The immobilized anaerobic biomass reactors was developed in response to the difficulties 
experienced with the treatment of soluble or relatively dilute organic industrial wastes. Maintenance 
of high treatment rates over extended periods with such wastes using dispersed biomass systems 
proved problematic. It was found however that when biomass immobilization could be induced, high 
organic removal rates (> 5 kgCOD/m3Vr/d) could be maintained continuously (McCarty, 1974).  
 
Major process configurations developed for high rate anaerobic reactors over the last 5 decades 
include the fixed film systems such as the Anaerobic Packed Bed Reactor (AnPBR) and the 
Anaerobic Fluidized Bed Reactor (AnFBR). A third generation of reactors that have become popular 
in the past 3 decades are the granulating anaerobic bioreactors such as the Up-flow Anaerobic 
Sludge Bed Reactor (UASB), the Extended Granular Sludge Bed Reactor (EGSB) and the Internal 
Circulation (IC) ultra high rate reactors. The design philosophy of these systems is biomass retention 
to increase OLR and reduce reactor volume. The biomass retention is accomplished by immobilizing 
the anaerobic biomass as a biofilm on support media surfaces as in the AnPBR and AnFBR or by 
granulation, which is the spontaneous aggregation of bacteria to form granular sludge. This granular 
sludge usually shows a high level of activity and good settling properties as is observed in the 
UASB, EGSB and IC systems. 
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Fixed Film Anaerobic Bio-Reactors 
Fixed film anaerobic bio-reactors are systems in which biomass is immobilized on a solid material 
and retained in the reactor volume. They offer distinct advantages such as (i) simplicity of 
construction, (ii) elimination of mechanical mixing, (iii) elimination of external solid-liquid-
separation systems such as SSTs, (iv) better stability at higher loading rates and they are (iii) 
generally less sensitive to organic shock loads (Kansal et al., 1998) 
 
In the AnPBR – also known as the Anaerobic Filter - biomass immobilizes on some sort of packing 
media to form a thick biofilm. This biofilm contains the predominant active mass fraction in the 
reactor (Show & Tay, 1999). The packing is typically a large sized solid support optimized for cell 
immobilization. In the case of the AnPBR, the packing is situated in a fixed bed, submerged in the 
reactor liquid volume through which the wastewater passes. Mixing in the AnPBR can be enhanced 
by including an effluent recycle in the system. This recycle has advantages in situations where (i) 
alkalinity needs to be recycled to avoid low pH conditions at the entrance of the reactor (McCarty, 
1974, Moosbrugger et al., 1991) and (ii) to maintain settlable solids in suspension in the reactor 
volume (Kansal et al., 1998). 
 
During the initial research conducted on the AnPBR, it was suggested that a staged process, in which 
the acidogenic (acidification) and methanogenic steps are separated, will enhance the reactor 
performance (Alves et al., 2000). However, in studies comparing multi-staged to non-staged 
AnPBRs under laboratory conditions, no conclusive evidence for enhanced performance of the 
multi-staged system could be found (Kansal et al., 1998). 
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Figure 2.7, Anaerobic Packed Bed Reactor (Anaerobic Filter) 
 
Various configurations of AnPBR systems exist including up and down flow with and without 
recycle (Figure 2.7). It has been proven extensively that a recycle significantly increases the mixing 
in the AnPBR and decreases the negative effect of channeling and dead zones in the packed bed. The 
recycle can also act as a method of backwashing to remove inactive biomass after long periods of 
operation. 
 
From most studies conducted on AnPBR systems, the ability of the packing media to retain high 
concentrations of immobilized biomass, dictates the reactor performance. It has been found that the 
surface properties of the packing material have a significant effect on the rate of biomass 
immobilization, especially during the start-up stages. However, under steady state operating 
conditions, media surface area appears to only have only a minor effect on performance. A less than 
5% improvement in COD removal performance has been documented with a twofold increase in 
media surface (Show & Tay, 1998). 
 
In comparative studies involving the anaerobic contact process and the AnPBR under identical 
conditions, it was found that steady state was reached quicker in the contact process than in the 
AnPBR. However, the AnPBR proved more stable and the daily methane production and 
corresponding COD removal was higher. TSS and SCFAs in the effluent also were far lower in the 
AnPBR (Hamdi & Garcia, 1991). 
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Effluents treated at full scale with the AnPBR include; pharmaceutical, olive mill (Hamdi & Garcia, 
1991), industrial (Perez et al., 1998), potato waste (Parawira et al., 2005) and sewage (Reyes et al., 
1999). It has been proven extensively that start-up after a period of starvation is comparatively quick 
(Kansal et al., 1998). This makes the AnPBR ideal for the treatment of intermittent charges and 
seasonal operations – such as experienced in the fruit canning industry – where rapid secondary 
start-ups are required (Van Zyl et al., 2002; Reyes et al., 1999). In addition AnPBRs can tolerate 
sudden organic shock loads and recover to normal performance within a few days if the alkalinity is 
sufficient and the pH is maintained above 6.2 (Kansal et al., 1998). 
 
Accumulation of high concentrations of active solids permits the treatment of dilute wastewaters at 
low temperatures (<35 oC) with little sludge production and an effluent substantially free of TSS 
compared to the anaerobic contact process. Removal efficiencies of 90% at 4 kgCOD/m3/d and 75% 
at 16 kgCOD/m3/d are typically observed. It was found that about 55% of the COD removal and 
resultant methane production was done by the suspended biomass in the AnPBR. Hence system 
failure at OLRs higher than the maximum (~16 kgCOD/m3/d) was attributed to un-immobilized 
(planktonic) micro-organism washout, rather than short circuiting and dead zones (Show & Tay, 
1998). 
 
It was shown with tracer tests that mixing can be problematic in the AnPBR. This was verified in 
comparative studies done on the mixing regimes in the AnPBR and the Anaerobic Fluidized Bed 
Reactor (AnFBR). The steady state OLR of the AnPBR was only 60% of that of the AnFBR. 
Insufficient mixing – even with a large recycle – and dead space in the reactor volume due to the 
accumulation of biomass clogging media porosity are the two major disadvantages of the AnPBR 
(Show & Tay, 1998). 
 
In response to the performance limiting problems generally experienced with the AnPBR, the 
AnFBR was developed (Figure 2.8). In this reactor, the water to be treated is pumped through an 
expanded aggregate of the appropriate medium (typically coal, sand or PVC) on which an anaerobic 
biofilm has developed. Effluent is recycled to dilute the incoming waste and to provide adequate 
flow to maintain the bed in the expanded condition.  
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Figure 2.8, Anaerobic Fluidized Bed Reactor 
 
To maintain the sludge bed fluidized in the AnFBR, an up-flow velocity ~ 5 times higher than the 
AnPBR (~1m/h) is required. Because of the good settling properties of the biomass and media, 
biomass concentrations in the order of 15 to 40 gTSS/L can be maintained and because of the high 
organic loading capabilities (8 – 15 kgCOD/m3/d), the AnFBR can treat municipal sewage – in 
conjunction with chemical nutrient precipitation – at very short HRTs (Metcalf & Eddy, 1991). Even 
though the AnFBR addresses the issues around mixing experienced in the AnPBR, the packing 
material that is used takes up a significant fraction of the reactor volume (up to 40%). This large 
fraction of ‘dead’ space in the reactor volume is the primary disadvantage of the AnFBR. 
Granulating Anaerobic Bio-Reactors 
The development of the third generation, self granulating anaerobic bio-reactors was a direct 
response to the mixing and dead volume issues that were experienced in the fixed media reactors. 
The exact start of research into this field is not clear, but it would appear that the UASB concept was 
developed from the combination of two up-flow systems namely; (i) the reverse flow clarigester and 
(ii) the up-flow anaerobic filter. 
 
The reverse flow clarigester was developed by Hemes and others in South Africa in the 1960’s. The 
feed point was moved from the normal middle inlet of the clarigester to the bottom of the reactor, 
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creating an enhanced mixing due to the up-flow regime in the reactor. It was found that the reverse 
flow clarigester could treat influent strengths of 10 gCOD/L at an organic loading rate of 3 
kgCOD/m3Vr/d. Unknowingly the system was designed to select biomass prone to aggregation and 
granule formation. Over time the system developed a good settling sludge and granular sludge 
developed at the bottom of the reactor. No significance was attached to this phenomenon at the time 
(Ross, 1984) 
 
McCarthy (1974) in the USA investigated various means of separating the solid and liquid retention 
times in anaerobic digestion so that low strength wastewaters could be treated anaerobically without 
requiring long HRTs and excessively large reactor volumes or sludge recycling (anaerobic contact 
process). So the up-flow anaerobic filter (AnPBR) was born. It was found that low strength wastes 
(1500 – 6000 mg/L) could be treated without solids recycling at OLRs of up to 4 kgCOD/m3/d. A 
secondary observation was that flocculated solids were suspended in the voids between the packing 
along with granules of ±3 mm in diameter. The formation of these granules was attributed to the 
rolling action induced by rising biogas bubbles (McCarthy, 1967). 
 
The water research group at the University of Wageningen in the Netherlands lead by Lettinga, took 
cognizance of the experience on the reverse fl w clarigester and the up-flow anaerobic filter and 
developed the Up-flow Anaerobic Sludge Bed Reactor (UASB) as a combination of the two. The 
UASB consists of a tall cylindrical reactor with the influent entering the reactor at the bottom, where 
it comes into contact with the granulated anaerobic sludge (Figure 2.9, without recycle). A 3 phase 
separator at the top of the UASB separates the produced biogas, granulated biomass and the treated 
effluent. 
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Figure 2.9, Up-flow Anaerobic Sludge Blanket (UASB) and Extended Granular Sludge Bed 
Reactor (EGSB) (Lim, 2007) 
 
The UASB typically operates at an up-flow liquid velocity of ± 1 m/h and OLRs in the order of 10 
kgCOD/m3/d can be maintained. A further modification to the UASB is the Extended Granular 
Sludge Bed Reactor (EGSB). In the EGSB an external effluent recycle increases the up-flow 
velocity of the sludge bed to ~6 m/h, thus significantly increasing the mixing in the reactor. Design 
loading rates in the order of 20 kgCOD/m3/d are typical for the EGSB configuration. Such high 
OLRs are possible due to the very fa t settling rate of the anaerobic granules (2-4 mm diameter) 
(Versprille, 2001). 
 
Apart from effluent recycle, increased up-flow velocities and mixing in granular sludge beds can 
also be attained with a biogas recycle. This is the case with the Internal Circulation (IC) reactor. 
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Figure 2.10, Internal Circulation (IC) Reactor (Driesen et al., 2000) 
 
The IC reactor is also tall cylindrical reactor such as the UASB and EGSB systems. The internal 
biogas recirculation ensures rapid dispersion of the raw wastewater and also ensures optimal mixing 
conditions for the anaerobic granules and wastewater (Figure 2.10). Optimal biomass retention is 
provided by a two stage of solid liquid separator. The first stage separates the majority of the biogas 
from the liquid so that the second stage mainly separates the biomass from the effluent (Driesen et 
al., 1999).  
 
Currently more than 70% of the world’s full scale anaerobic bioreactors are self granulating systems. 
These reactors are especially suitable for the treatment of sugar, carbohydrate and protein rich 
wastewaters, provided there is a high level of solubility and biodegradability. However, the 
granulation process on SCFA streams appears to be slower and more unreliable than if compared to 
granules cultivated on more complex soluble substrates. It was found that the granules that were 
cultivated, were weak and filamentous and tended to break apart easily (De Zeew & Lettinga, 1980; 
Hulshof Pol et al., 1982). This lead to poor settling properties, biomass washout and the eventual 
failure of UASB-type systems treating pure SCFA streams (Sam-Soon et al., 1989). For FTRW it 
has been extensively proven (1986 to present)  that the start-up of granulating bioreactors on 
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domestic sludge and FTRW is not economically viable and if these systems are seeded with granules 
from other UASB-type systems, stable operation cannot be maintained for extended periods of time. 
(Rossouw & Van Zyl., 2008). 
 
Although a major development over the first and second generation digesters, the UASB-type 
reactors still have two major disadvantages; (i) granulation papers to be problematic on high SCFA 
wastewater streams (especially for FTRW) (ii) the total COD particulate concentration in the 
effluent is typically in the order of 500 mgCOD/L and 200 mgTSS/L respectively, which implies 
that aerobic post treatment (effluent polishing) is still required. These are the two major issues which 
led to the development of the fourth generation anaerobic treatment systems; the Anaerobic 
Membrane Bio-Reactor (AnMBR). 
2.5 Anaerobic Membrane Bioreactors 
Un-coupling the solids (Rs) and hydraulic retention time (HRT) are key features of virtually all 
modern wastewater treatment systems, the goal being to retain the biomass in the reactor for much 
longer times than the wastewater, which increases the organic loading rate (OLR) and reactor 
biomass concentration. A high biomass concentration is commonly attained by biofilm formation or 
post reactor separation and recirculation. In anaerobic bioreactors – where biomass growth rates are 
slow – biomass retention is of utmost importance, since it makes the biomass concentration in the 
reactor independent of the wastewater throughput. The higher the biomass concentration, the higher 
the organic removal rate will be which in turn, leads to smaller reactors. Biofilm formation, such as 
fixed bed and granulating systems, are the most common strategy currently for biomass retention in 
high rate anaerobic reactors (Jeison & Van Lier, 2007a).  
 
A recent advance in solid liquid separation in biological systems is the use of membranes and during 
the last two decades the use of membrane separation for biomass retention has received an ever 
increasing interest. The membrane acts as a positive barrier to rejected components like suspended 
solids, but still allowing water and aqueous solutes to pass through (Cheryan & Rajagopalan, 1998). 
Membrane bioreactors have the advantage of total biomass retention. No selection based on settling, 
flocculation, attachment or granulation exists anymore, enabling the retention of all anaerobic micro-
organisms (Jenson & Van Lier, 2007a). Because of the complete retention of biomass, very high 
mixed liquor concentrations can be achieved (up to 70 gTSS/L) leading to high organic removal 
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rates as well as an effluent free of settlable solids and pathogens (Hu & Stuckey, 2006). Membranes 
are regarded as a breakthrough technology in water treatment and that it is no longer new, but vital 
for the achievement of currently required effluent standards (Lesjean & Rosenberger, 2004). Factors 
such as; (i) the retention of slow growing or dispersed biomass, (ii) particulate retention and (iii) 
superior effluent quality, opens a large number of new possibilities for the combination of high rate 
anaerobic treatment and membrane technology that could previously not be explored due to the 
failure of biofilm and/or granulating systems. 
 
Over the next few sections a brief overview will be given on the membrane technology currently 
available for wastewater treatment. The primary focus will be on anaerobic membrane reactor 
systems, their characteristics, advantages and also their shortcomings. This will include the types of 
membranes available, membrane fouling, current anaerobic membrane reactor applications, and a 
comparison between the two configurations currently dominating the market. The discussion will be 
closed with an economic evaluation and the expected future prospects of the anaerobic membrane 
reactor. 
2.5.1 Membrane Separation 
Membranes used in water treatment can be classified into four different categories depending on the 
pore size. Micro-filtration membranes have the largest pore size and are typically used for settlable 
solids removal and/or pretreatment of wastewater for finer membrane systems (Table 2.1)  
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Table 2.1, Membrane Classification (Li et al., 2004) 
Process Pore Size Typical TMP 
Particle Size 
Cutoff 
Typical 
Materials 
Retained 
Applications 
Micro 
Filtration 
10 - 0.5 um 30 - 300 kPa 0.1 - 10 um 
SS, Most 
Bacteria, Some 
Viruses 
Clarification, 
pretreatment 
Ultra Filtration 0.5 um - 2 nm 10-1000 kPa  
1000 - 
500000 Da 
Bacteria, 
Viruses, 
Particulates 
Concentration, 
clarification, 
pretreatment 
Nano 
Filtration 
± 2 nm 
1000 - 1500 
kPa 
200 - 300 
MW 
Divalent Ions, 
Sugars, 
Calcium 
Softening, 
Color removal 
Reverse 
Osmosis 
< 2 nm 
3500 - 10000 
kPa 
Most > 25 
MW 
Low MW 
Organics, Salts, 
Calcium 
Desalination 
 
The finest membranes, namely Nano-filtration and Reverse Osmosis membranes are generally used 
for softening and desalination of potable water by municipalities. These membrane systems are 
energy intensive because of the high Trans Membrane Pressure (TMP) requirements. The membrane 
size most suitable to biological wastewater treatment has proven to be the Ultra-filtration membrane.  
 
Ultra-filtration membranes have a low molecular cutoff ( 1000 – 500000 Da, Table 2.1) and thus 
retain particulates, settlable solids, bacteria and most viruses. Energy requirements are considerably 
lower than for finer membranes, because of the significantly lower TMP requirements. Two major 
categories of ultra filtration membranes currently dominate the wastewater treatment market. These 
are the external and submerged polymeric membranes. In the external configuration, a large external 
recycle passes the pressurized mixed liquor over the membrane. The cross flow velocity of the 
mixed liquor over the membranes combats membrane fouling. 
 
In the submerged configuration, the membranes are submerged in the reactor volume and effluent is 
typically extracted under negative pressure out the reactor. To avoid membrane fouling the same 
aeration that is typically used to aerate the biomass in activated sludge systems, is also used to scour 
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the hydrophobic membrane surface area. Table 2.2 gives a summary of the most popular ultra-
filtration membrane systems. 
 
Table 2.2, Ultra-filtration membrane types and characteristics (Fane & Chang, 2002; 
Churchouse, 1997; Jenson & Van Lier, 2007a) 
External Submerged Ultra-filtration 
Membrane 
Characteristics 
Flat Plate 
Spiral 
Wound 
Tubular 
Hollow 
Fiber 
Flat Panel 
Hollow 
Fiber 
Packing Density Mod. High Low High Mod. High 
Energy High High High High Low Low 
Solids Handling Mod. Poor Good Good Good Mod. 
Cleaning Mod. Difficult Good Good Excellent Good 
Replacement Cartridge Element Tubes Element Panel Bundle 
Flux [L/m2/h] 70 - 100 70 - 100 70 - 100 70 - 100 15 - 25 20 - 30 
MLSS [gTSS/L] 15 - 100 15 - 100 15 - 100 15 - 100 12 - 18 10 - 15 
Energy [kWh/m3] 2 - 10 2 - 10 2 - 10 2 - 10 0.3 - 0.6 0.3 - 0.6 
 
If the external configurations are compared to the submerged, it can be noted that the fluxes and 
mixed liquor concentrations attainable with the external systems is significantly higher than for the 
submerged membrane reactors. This implies that reactor volumes can be smaller, organic loading 
rates higher. However, because of the high TMP and pumping requirements, the energy demand for 
the external systems is typically higher than that of the submerged membrane bioreactors. 
2.5.2 Membrane Fouling 
Polymeric membranes suffer form fouling and degradation during use (Cheryan & Rajagopalan, 
1998). Membrane fouling can be classified into four different categories (Li et al., 2004), namely: 
• Inorganic fouling (Mineral Precipitation) 
• Colloidal fouling (Extra Cellular Polymer Deposition) 
• Cake layer formation ( Organic & Biological Deposition) 
• Gel Polarization (Size Excluded Soluble Organics (Hu & Stuckey, 2006)) 
 
For biological reactors, it has been shown that the major contributor to filtration resistance in Ultra-
filtration membranes is cake layer formation and not internal pore (inorganic) fouling (Elmaleh & 
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Abdelmoumni, 1997). However, organic matter and EPS also has an effect on the membrane 
performance and a linear relationship between EPS and TMP is typically observed (Lesjean et al., 
2004). Other authors claim that virtually anything that affects the reology of the sludge, in the vein 
of a decrease in floc size or an increase in long chain hydrocarbons can affect membrane 
performance adversely (Jeison & Van Lier, 2007c).  
 
Deposition of biological constituents on the membrane surface occurs when the convective transport 
of particulates to the membrane exceeds the back transport into the mixed liquor due to membrane 
scour (liquid or gas). It was found that the back transport phenomena is positively related to particle 
size, thus the reduction of floc size due to mechanical shear has a significant effect on membrane 
performance (Jeison & Van Lier, 2007b). A direct proportionality between fouling and membrane 
flux and an inverse proportionality between fouling and scouring is typically observed (Soares et al., 
2007). This implies that an optimum exists between MLSS, TMP, flux and membrane cleaning 
costs.  
 
For ceramic (inorganic) membranes, struvite (MgNH4PO4.6H2O) accumulates inside the pore and 
plays a key role in flux decline. No cake layer formation is observed for these membranes, but rather 
a gradual fouling over time (Kang et al., 2002). Ceramic membranes can maintain high fluxes with 
almost no fouling as manifested by an increase in TMP. However, they are currently around an order 
of magnitude more expensive than polymeric membranes (Judd, 2006). 
2.5.3 Membrane Cleaning 
Several approaches to enhance the back transport of fouling from the membrane surface to the bulk 
liquid have been proposed. These include (Cheryan et al., 1998; Li et al., 2004): 
• Centrifugal Membrane Devices 
• Vibratory Shear Systems (VSEP) 
• Increased Membrane Surface Hydrophobicity 
• Ultra Sonic Vibrations  
• Hydraulic Cleaning  
• Mechanical Cleaning  
• Chemical Cleaning  
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• Enhanced Shear at membrane Surface (Gas or Liquid)  
 
In centrifugal and vibratory shear systems, the membranes are rotated or vibrated in the bulk liquid, 
thus inducing a form of liquid shear over the surface. Increasing the membrane surface 
hydrophobicity has proven to be very effective against cake layer formation. Ultrasonic fields use 
cavitating air bubbles and sonic vibrations near membrane surface to generate micro-jets at high 
velocities that increase the back transport of fouling from the membrane surface. Hydraulic cleaning 
includes back flushing, back shock treatment, alternate pressurizing and depressurizing by reversing 
flow direction. Mechanical cleaning includes; sponge ball cleaning of tubular membranes and 
physical scouring of membranes with a brush or scouring pad.  
 
Of the various membrane cleaning methods, the only membrane cleaning techniques that have seen 
commercial application are gas and liquid scour and chemical cleaning. In both gas and liquid scour 
a convective cross-flow is induced to aid the back-transport of concentrated surface solids (fouling) 
to the bulk liquid. It has been shown that both gas and liquid scour plays an important factor in the 
control of reversible and irreversible fouling rates that consequently affects TMP, operational flux 
and chemical cleaning frequencies (Fane & Chang, 2002; Soares et al., 2007). 
2.5.4 Membranes and Anaerobic Technology 
Various anaerobic processes have been developed with the objective of maintaining biomass inside 
the reactor while allowing the largest possible wastewater flow to pass through the reactor. Typical 
examples include the UASB and the up/down flow fixed film systems. However, following the 
development of ‘new generation’ less expensive filtration membranes in the 1980’s, a new system 
has emerged in water treatment technology; the Anaerobic Membrane Bioreactor (AnMBR) 
(Beaubien et al., 1995). Membrane enhanced retention is likely to be of interest under those 
conditions where granular formation may not proceed well, such as under extreme operating 
conditions (Jeison & Van Lier, 2007c), long expected start-up’s due to a lack of granular seed sludge 
and situations where the organics in the wastewater are not conducive to granular formation (Sam-
Soon et al., 1989). It has already been proven that UASB-type systems shows no or impaired 
granulation which typically leads to poor long term performance on certain wastewaters. Substrates 
that appear to inhibit granulation include; fat and oil emulsions, Oleate, benzoic acid, therepthalic 
acid, SCFA rich wastewaters. (Jeison & Van Lier, 2007c). 
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AnMBRs have the potential to overcome some of the short-comings of the fixed media and 
granulating systems. Also long sludge ages can compensate for low temperatures. On the other hand 
it has also been proven that membrane resistance is significantly lower in thermophillic systems 
which open the door also to high temperature applications (Beaubien et al., 1995). Further 
advantages identified from lab-scale studies done on AnMBRs include: 
• Low sludge production due to long sludge ages (Elmalesh et al., 2005) 
• High effluent quality suitable for reverse osmosis treatment (Soares et al., 2007) 
• Significant reduction in Soluble Microbial Product toxicity in effluent 
• High energy recovery from methane (Hu & Stuckey, 2007) 
• Heavy metal accumulation in biomass  
• Can treat dilute wastewater streams (short HRTs) 
• Small reactor volumes due to high mixed liquor concentrations (Oh et al, 2004) 
 
Current AnMBR applications under evaluation include; herbicide degradation (Yuzir et al, 2007), 
hydrogen production at short HRTs (Oh et al., 2004), aerobic nitrification/de-nitrification combined 
with methanogenesis (Zhang et al., 2005) and phosphate recovery (Subramanim et al., 1992). 
AnMBRs are also combined with R/O systems for energy and nutrient recovery from municipal 
wastewater (Hellstrom et al., 2007) and have proven to be especially effective in treating high 
strength biodegradable particulate streams (Jeison & Van Lier, 2006).  
2.5.5 Anaerobic Membrane Bio-reactor Designs 
As stated earlier, many AnMBR designs are currently under evaluation at laboratory scale (Section 
2.5.3). However, only two systems appear to be economically viable for scale-up at this stage. These 
are the submerged panel membrane system with biogas scour and the external cross flow type 
systems. 
• Cross-flow membrane System 
In the cross-flow (or external loop) design, the mixed liquor is circulated from the bio-reactor 
to the membrane module and back (Figure 2.11). The recycle pump induces a TMP over the 
membrane module and permeate passes through the membranes. Two pumps are required for 
the design to function properly, the first is the pressure pump that induces TMP for permeate 
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extraction and the second is the cross-flow pump to maintain the desired hydrostatic shear 
over the membranes (Jeison & Van Lier, 2007c). 
 
Figure 2.11, Cross-flow AnMBR 
The cross-flow systems can produce much higher shear rates than other configurations; this 
implies that the membrane surface area in the cross-flow is significantly lower than in other 
configurations (Lesjean et al., 2004). However, this saving comes at a cost, (i) energy and 
equipment requirements are high for the cross flow and (ii) the high shear can lead to floc 
breakage and a decrease in performance of the anaerobic biomass (Jeison & Van Lier, 
2007c).  
• Submerged Membranes 
In 1989 the Japanese government charged many of its large corporations – including Kubota 
– to invest time and money in new water treatment technologies that had a small footprint 
and produced a high quality final effluent with reuse capabilities. The Kubota flat sheet 
submerged membrane arose from this initiative (Churchouse & Wildgoose, 1999). The 
Kubota flat sheet membrane was also the first membrane technology to see commercial 
application and the first commercial aerobic Kubota plant came into operation in 1991 
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(Churchouse, 1997). In immersed systems, gas is introduced through a coarse bubble diffuser 
situated below the membranes to (i) aerate - in activated sludge systems - and mix biomass 
and (ii) to reduce fouling and promote cleaning by scour of the submerged membranes 
(Howell, 2003) (Figure 2.12). 
 
 
Figure 2.12, Submerged AnMBR  
 
For biological reactors (both aerobic and anaerobic) with the submerged membrane 
configuration, the membranes are located in the mixed liquor tank. Gas scouring is applied to 
produce surface shear and keep the cake layer formation to a minimum. A coarse bubble 
diffuser is situated below the membranes. The gas bubbles (air – aerobic, biogas – anaerobic) 
force the sludge to rise up between the panels and causes recirculation of sludge within the 
reactor volume. Each membrane panel is connected to a permeate collection manifold and 
treated effluent is removed by low pressure suction or a hydrostatic head. The number of 
membranes required is dependant on the influent flow rate and achievable flux through the 
membranes. 
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The absence of primary/secondary settling stages allows the use of high biomass 
concentrations (10 - 20 gTSS/L) in low volume reactors and directly provides an excess 
sludge concentration of 2% in thickness (Churchouse, 1997). The application of submerged 
AnMBRs might overcome problems frequently observed with cross-flow systems such as 
(Jeison & Van Lier, 2007a): 
o Loss of activity due to floc breakage 
o High shear  
o High TMPs 
o High energy requirements due to pumping costs 
 
2.5.6 Critical Flux 
Two definitions of the critical flux exist. The first one refers to the ‘strong’ definition of the critical 
flux, which represents the flux below which the membrane resistance is the same as that observed in 
clear water. The second or ‘weak’ definition of the critical flux, this definition describes an area 
where TMP and flux is directly proportional and an area where further increase in TMP does not 
result in an increase in flux. The transition between the two is known as the critical flux (weak 
definition). Throughout this thesis the critical flux will refer to the ‘weak definition’ of the term. The 
critical flux is generally determined by the formation of cake layers on the membrane surface. Cake 
formation is one of the most important causes of flux decline in MBRs (Jeison & Van Lier, 2006b). 
 
Several studies performed on aerobic and anaerobic MBRs have pointed out the existence of a 
certain gas ( air – aerobic, biogas – anaerobic) scour flow rate over which no further improvement in 
fouling control can be achieved (Jeison & Van Lier, 2006b). When operating at a controlled flux it is 
possible, in principle, to operate without particle deposition on the membrane. The flux at which 
particle deposition begins is known as the critical flux (Fane & Chang, 2002).  
 
On short term basis, cake layer formation in AnMBRs is mostly reversible. However cake layer 
formation plays a major role in long term operation and proceeds fast once the critical flux has been 
exceeded. This restricts the operational flux to the range below the critical (Jeison & Van Lier, 
2007a).  
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Under mesophillic conditions, biomass concentration strongly affects the critical flux. Biogas 
recycling levels also exerts a significant influence (up to a point). An increase in the biomass 
concentration will increase the convective flow of solids towards the membrane surface. On the 
other hand, an increase in gas flow will increase the shear rate, increasing the back transport of 
solids from the membrane proximity. Therefore an increase in mixed liquor concentration and 
decrease in scouring rate will decrease the critical flux (Jeison & Van Lier, 2006a). However, an 
upper limit for TMP and scouring rate also exists above which no significant increase in filtration 
performance is observed (Jeison & Van Lier, 2007b). The effect of biomass concentration is three 
times greater than that of gas flow rate on critical flux. 
 
If the AnMBR is operated at sub critical flux conditions, cake layer formation can be minimized and 
the membrane fouling that does occur can mainly be attributed to membrane pore blocking (Jiang et 
al., 2005). Compared to cake layer formation, the rate of membrane pore blocking (irreversible 
fouling) has been stated as ‘strikingly low’ irrespective of reactor configuration, temperature or 
substrate composition. It was found that the relationship between TMP and flux gives an adequate 
representation of the membrane performance and that these two parameters can be used to quantify 
membrane fouling. Therefore, dynamic TMP and flux assessment is a prerequisite for stable 
AnMBR operation (Jeison & Van Lier, 2006b). 
2.5.7 Economic Considerations 
Notwithstanding the constraints imposed by fouling, the commercial applications of aerobic MBRs 
are extensive. The submerged configuration in particular has achieved a significant market 
penetration. It is evident therefore that the technical advances offered by MBRs more than 
compensate for the perceived higher costs and more rigorous process control demanded (Judd, 
2004). At present aerobic MBRs are broadly applied and there are more than 2000 full scale 
installations already in operation around the world (Soares et al., 2007). However aerobic MBRs are 
very energy intensive with a typical energy requirement of 1 kWh/m3 wastewater treated. This is 2 to 
3 times higher than other advanced treatment systems available, depending on the organic strength 
of the wastewater. Anaerobic MBRs provides a means to recover some of this energy cost though 
methane production (Jiang et al., 2005). 
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So far there was no direct need for the development of MBR technology for anaerobic digestion due 
to the market availability of high rate sludge bed systems. It is expected that investment and 
operational cost related to anaerobic MBR technology will be higher than granular sludge based 
reactors due to the higher energy costs and membrane acquisition and replacement. Considering the 
low growth rates of anaerobic micro-organisms, AnMBR technology is likely to be feasible if these 
systems can be operated at high biomass concentrations enabling high organic loading rates (Jeison 
& Van Lier, 2007c), in particular where the influent organics are not conducive to flocculation, 
settling, attachment or granulation. The economic viability of membranes are restricted by the 
achievable permeate flux, the cleaning frequency and the lifetime of the membrane modules. The 
benefit-cost performance of membranes depends on different factors including (Lesjean et al., 2004): 
• Membrane hydrophbicity 
• Robustness 
• Cost 
• Ease of fabrication 
 
In aerobic MBRs the selection between submerged and side stream configurations is somewhat 
settled. Most applications are based on the submerged configurations for various local and site 
specific reasons. However, since AnMBR technology is still in its infancy, and various factors 
including membrane life span in the anaerobic environment and serviceability of membrane modules 
has not yet been established. Because of this both submerged and cross-flow systems are still under 
evaluation for the AnMBR (Jeison & Van Lier, 2007b). 
 
Submerged membrane technologies involve lower energy costs than side stream configurations. 
However lower applied surface shear usually involves higher membrane surface requirements and in 
so doing increasing the capital cost of the submerged systems Furthermore cross-flow systems can 
also operate at higher MLSS, in so doing decreasing the required reactor volume and capital cost. 
The cost of hollow fiber submerged membranes are more competitive that flat sheet but more 
equipment is required to operate the former due to back flushing requirements (Lesjean et al., 2004). 
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Since the permeate from AnMBRs is free of organisms, settlable solids and all particulate 
biodegradables, water would require less post treatment steps, if re-use or recycle is of interest. 
Calculations for a full scale AnMBR-R/O plant – for energy and nutrient recovery from sewage – 
showed a total energy requirement of 2 kWh/m3, with the produced biogas corresponding to 1.3 
kWh/m3. If struvite is precipitated from the R/O brine it can be sold as fertilizer for approximately R 
500 / ton to further decrease the plant operating cost. Thus the net energy requirement of such a 
system – 0.7 kWh/m3 – corresponds quite well with that of other advanced treatment systems. It is 
expected that future applications of AnMBR-R/O systems will increase with a decrease in membrane 
production costs and an increase in water supply cost (Hellstrom et al., 2007). 
2.5.8 Future Prospects of AnMBRs 
Although macro and ultra filtration were only laboratory curiosities a few decades ago, they are now 
attractive techniques in practical industrial processes for solid liquid separation (Kang et al., 2002). 
From Figure 2.13, it can be noted that even though membrane prices have experienced a dramatic 
decrease during the past decade, it still represents a much more important economic factor than 
energy. Energy requirement for gas scouring makes up less than 10% (50 $US/m2membrane area vs. 5 
$US/m3treated effluent) of the overall treatment cost. 
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Figure 2.13, Membrane Cost & Overall Operating Cost of a 2000m3/d Municipal Treatment 
Plant (Jeison & Van Lier, 2007b) 
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 Membrane bioreactors will continue to penetrate the wastewater treatment market, with the primary 
drivers being a need for: 
• compact plants 
• existing wastewater treatment plant retrofitting (upgrading capacity on the same site) 
• high quality of effluent for reuse 
• value of recycling 
 
In a review done on the state of the art of the application and world wide research currently 
conducted in this field, Yang et al. (2006) found that after the middle 1990’s there was a linear 
increase in research outputs for aerobic MBRs (Figure 2.14A). This indicates that researchers trained 
in the early and mid 1990’s are now making MBR research part of their research program and 
focusing consistent attention to the area. It is expected that this will also result in wider acceptance 
of MBR technology as a mainstream alternative for water and wastewater treatment by both the 
scientific community and end users (Elmaleh et al., 1997). The same was done specifically for 
anaerobic MBRs (AnMBRs) and two scientific databases were chosen for the project namely 
Science Direct and Scholar Google. Figure 2.14B displays the chorological distribution of peer 
reviewed journal articles specifically on AnMBRs for the past two decades: 
Figure 
2.14, Chorological Distribution of Worldwide Peer Reviewed Journal Articles Involving 
Studies on [A] Aerobic MBRs and [B] AnMBRs  
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For the first 15 years of AnMBR research the number of peer reviewed papers was virtually constant 
each year. During this period only cross-flow type systems were evaluated. However in 2005 the 
first papers on submerged AnMBRs were published and in 2006 the first papers on flat panel 
submerged AnMBRs were presented. In 2007, more than 60% of the papers published were on flat 
panel submerged AnMBRs. This current trend in AnMBR research outputs corresponds quite well 
with the observations made by Yang et al. (2006) on aerobic MBRs. 
 
This 10 fold increase in AnMBR publications in only four years might also point towards a global 
recognition of AnMBRs as a possible solution to some of the most challenging wastewaters and 
effluent standards. It is further expected that energy recovery from produced methane and the ever 
tightening of effluent standards and water reuse will be the primary driving factors in the 
development of AnMBRs. 
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2.6 Closure 
Fischer-Tropsch technologies form the basis of the CTL and GTL processes of Sasol. In these 
processes, coal and natural gas (mostly methane) is converted to synthetic fuels and other value 
added polymers. Irrespective of the feedstock and catalysts used, the FT process produces three 
major effluent streams, namely API, SGL and FTRW. At the Secunda plant situated in South Africa, 
the three streams have a combined flow and organic load of 128 ML/d and 677 tonCOD/d 
respectively. The combined wastewater stream is currently treated in a fully aerobic activated sludge 
plant, requiring 600 tonsO2/d and producing in the order of 150 tonTSS/d of dry solids. FTRW 
contributes 77% of the organic load and consists mostly of C2 to C6 SCFAs. The aerobic treatment of 
SCFA streams are problematic because of the tendency to produce biomass with poor settling 
properties, leading to high aeration demands, high sludge production as well as poor effluent quality 
and high solid liquid separation costs.  
 
If the FTRW stream is kept separated and treated anaerobically, an estimated 77 % decrease in 
oxygen demand and 62 % decrease in sludge disposal costs will be achieved. Secondly, the SCFA in 
FTRW is highly biodegradable under anaerobic conditions, which implies high OLRs and compact, 
high rate anaerobic reactor designs. Apart from the compact reactors, there will be no oxygen 
requirements and low sludge production, >95% of the COD in FTRW will be converted to biogas 
(carbon dioxide and methane) which can be recycled to the beginning of the FT process and blended 
with natural gas and used as a feedstock for fuel and polymer production. This carbon recycling will 
make a significant reduction in the CO2 emissions from Sasol’s plants. 
 
Analogous to aerobic digestion, SCFAs also produce a dispersed un-flocculated anaerobic biomass 
with poor settling properties. This hampers the applicability of high rate anaerobic bio-reactors that 
uses bio-granulation for solids-liquid separation since granulation on high concentration SCFA 
streams (especially FTRW) cannot be guarenteed. This well documented phenomenon of impaired 
anaerobic granulation with SCFA rich wastewaters, leads to biomass washout and poor effluent 
quality. Fixed bed anaerobic technologies appear more feasible but require large reactor volumes due 
to lower design OLRs and effluent quality is such that a significant amount of post treatment is still 
required.  
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The fourth generation anaerobic bio-reactor - the AnMBR – appears to address issues around the 
application of anaerobic systems to the SCFA rich FTRW stream viz. (i) AnMBR performance is not 
dependant on biomass immobilization or granulation, (ii) membranes give a 100% solids-liquid 
separation resulting in superior effluent quality and (iii) high MLSS can be maintained leading to 
high OLRs and compact reactor design.  
 
Membranes provide a positive solid-liquid separation barrier, retaining biomass in the reactor while 
effluent can pass through. Currently, ultra-filtration membranes are the most popular membrane pore 
size in wastewater treatment since it operates under economic TMPs, and retains bacteria and viruses 
while allowing soluble constituents to pass through. AnMBR research is currently dominated by two 
reactor configurations; the first is the cross-flow system, in which an external membrane module is 
mounted on a completely mixed anaerobic reactor. In the second configuration, the membranes are 
submerged in the mixed liquor and uses recycled biogas for membrane scour. The submerged 
configuration has gained significant popularity in research in the past few years. The AnMBR 
technology is still in its infancy, however a 10 fold increase in research outputs has occurred in the 
past 3 years in this field, proving that major wastewater research groups around the world are 
considering the AnMBR as a viable treatment method for applying at full scale, despite currently 
high (but decreasing) membrane costs and the more complicated reactor designs and control 
schemes required to operate these systems. 
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3. Materials and Methods 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
Design, methods of data capture and operation of the anaerobic reactors developed to treat FTRW is 
the primary focus of Chapter 3. The first section entails a discussion on the design of the Submerged 
Anaerobic Membrane Bio-Reactor (AnMBR). This design is based on the following; (i) developing 
a environment suitable for anaerobic biomass to digest Fischer-Tropsch Reaction Water (FTRW) 
and (ii) to devise a state-of-the-art means of solid-liquid-separation by using flat panel membranes 
submerged in the mixed liquor. The second part of Chapter 3 discusses the design of the control 
reactor used as baseline for the evaluation of the AnMBR performance. 
 
The control reactor in this study was a laboratory-scale version of a pilot plant fixed media anaerobic 
reactor for treating FTRW. The main design approach for the lab-scale unit was to try and mimic as 
close as possible the liquid flow rates and conditions around the packing media in the pilot plant. 
Both the AnMBR and Anaerobic Packed Bed Reactor (AnPBR) systems were evaluated on various 
parameters including OLR, COD removal and alkalinity and nutrient requirements. 
 
Description of the experimental procedures applied to measure the abovementioned parameters is the 
third main part of Chapter 3. Apart from being the means of comparison between the two 
technologies, the data collected  is also required for mass balance checks for steady state and 
dynamic simulation models developed for the Anaerobic Digestion of Fischer-Tropsch Reaction 
Water (AD-FTRW) (Chapter 5 and 6). The final section will describe feedstock preparation and the 
daily operation of the two anaerobic reactors. 
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3.1 AnMBR: Design 
 
The AnMBR design is based on laboratory-scale aerobic submerged membrane activated sludge 
reactors by Aquator®. For both system types, flat panel Kubota® membranes, cased in a membrane 
rack, are submerged in the mixed liquor. Effluent flows through the membranes and out the reactor 
under hydrostatic pressure. In aerobic systems, compressed air enters the reactor through a coarse 
bubble diffuser situated below the membrane rack. In the activated sludge reactor, the function of the 
air is three fold; (i) to transfer oxygen to the aerobic biomass, (ii) to ensure that the reactor is 
completely mixed (CSTR) and (iii) to scour the membranes and in so doing significantly reduce 
membrane fouling. 
 
A gas flow is also required for mixing and membrane scour in the AnMBR. Because air cannot be 
used for this, biogas was re-circulated. The biogas produced by the anaerobic bio processes was 
extracted from the biogas headspace via a compressor and reintroduced through a coarse bubble 
diffuser situated below the membrane rack. Hence, the biogas recirculation fulfilled the functions of 
mixing and scour. 
3.1.1 Flat Panel Kubota Membranes 
The AnMBR was developed around 200x300 mm flat panel type Kubota® membranes specifically 
designed for laboratory-scale reactors (Figure 3.1). These membranes are constructed of a non-
woven hydrophobic polymer, with pore size in the 0.1 – 0.5 µm range and have a molecular mass cut 
off of ± 1000 to 500 000 Da, and hence most bacteria and viruses will be retained. However, unlike 
reverse osmosis (or nano-filtration) constituents that can pass through the membrane include; ions, 
soluble organics, alkalinity, dissolved gas –especially CO2 and of course water. Therefore, 
membranes provide a state-of-the-art means of solids-liquid-separation between the reactor MLSS 
and the effluent. While affecting membrane fluxes, membrane solid-liquid-separation efficiency (% 
solids removal) is unaffected by factors such as a poor sludge flocculation and settleability, high 
MLSS concentrations and high effluent flow rate. 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 71 
 
Figure 3.1, A4-Size Flat Panel Kubota® Membrane 
 
For the flat panel Kubota® membranes, optimum fluxes are typically obtained with a MLSS of 
between 12 and 18 gTSS/L in aerobic systems. Manufacturers of the membranes state then for full 
scale operation the maximum short term flux is 40 L/m2/h and the maximum sustained flux is 30 
L/m2/h. To maintain these fluxes, a scouring rate of 750 L/m2/h is required yielding an up-flow gas 
velocity of 0.5 m/s over the membrane surface. For the three lab-scale membrane panels that were 
used a gas flow rate of 225 L/h was required. Three 200x300 mm membrane panels are installed in 
the AnMBR giving a membrane surface area of 0.11772 x 3 = 0.3516 m2. The membranes were 
taken from a parallel lab-scale activated sludge unit, and had been in operation for 18 months. The 
membranes were chemically cleaned (5% hypochlorite solution) before installation in the AnMBR 
3.1.2 Reactor Shell and Membrane Housing 
Originally it was expected that foaming might be a problem in the AnMBR, and thus to aid foam and 
liquid level observation, the chosen material of construction was Perspex. Apart from transparency, a 
further advantage of using Perspex includes, better insulation from temperature fluctuations than 
would be expected for metal reactors. The reactor design is illustrated in Figure 3.2. The reactor 
shell comprises three sections; (i) the top section comprise the foam accumulation and biogas 
headspace biogas from which biogas is recycled. (ii) The middle section of the reactor shell houses 
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the effluent collection manifold. The membranes are connected via silicon tubing to the effluent 
manifold through which the effluent exits the reactor. (iii) The bottom section encases the membrane 
housing and also contains the anaerobic mixed liquor. 
 
Figure 3.2, Detail sketch of AnMBR  
A coarse bubble diffuser is mounted on the reactor base below membrane housing. The membranes 
are fixed in this housing. To reduce the effects of foaming, foam baffles were later mounted on top 
of the membrane housing. The mixed liquor level in the reactor is maintained such that there is a 
continuous flow of mixed liquor over the foam baffles, which induces a ‘mixing’ of the foam back 
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into the liquid phase. Ideally, the AnMBR liquid volume is set at 23±0.5 L with a 35 L headspace 
volume above it. The headspace was constructed large so that a significant foam head could develop 
without the risk of drawing foam into the gas recirculation intake. Figure 3.2 highlights the positions 
of the influent line, waste line, membrane housing, foam baffles and also the position of the effluent 
collection manifold.  
3.1.3 Biogas: Recycling & Trans Membrane Pressure Control 
Biogas gets extracted from the top of the headspace via a compressor and reintroduced via the coarse 
bubble diffuser situated on the reactor base directly below the membranes (Figure 3.3). The 
membrane housing forces the gas to rise vertically upwards and between the membrane panels. 
Since the gas bubbles are more hydrophobic than the biomass itself, it continuously ‘scrapes’ the 
biomass from the hydrophobic membrane surface area. This ensures that the membranes do not 
block and effluent can pass through at the required rate. Secondly the biogas recycling ensures the 
AnMBR stays completely mixed. The upward flow of gas in the membrane housing exits at the top 
near the mixed liquor surface and causes a down-flow to the bottom of the reactor outside the 
membrane housing. Biogas is constantly produced by the anaerobic bio-processes; hence the biogas 
that is not recycled needs to be vented to avoid pressure build-up.   
 
The biogas venting system designed for the AnMBR is depicted in Figure 3.3. The biogas escapes 
the reactor headspace through a gas line the end of which is submerged in water to a desired level. If 
biogas accumulates in the system the pressure will eventually exceed that of the water level (H3) in 
the pressure release valve and the excess biogas will be vented. The vented biogas first passes 
through a biogas counter and then escapes to the atmosphere. This pressure release valve system has 
two main advantages; (i) there is always a net positive pressure inside the reactor, which eliminates 
possible air leaks into the reactor. And (ii) by controlling the water level (H3) the Trans Membrane 
Pressure (TMP), membrane flux and the reactor volume can be controlled.  
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 74 
 
Figure 3.3, Biogas Recycle, Venting & TMP Control System 
 
The flux is governed by the pressure difference (TMP) across the membranes. The higher the TMP 
the higher the flux of effluent will be through the membranes. Since the influent flow rate is 
constant, the reactor volume will vary with variation in TMP and resultant effluent flow rate. From 
Figure 3.3 it can be noted that three factors affect the TMP. The first is the level of the opening of 
the effluent line (H1) below the top of the membranes. The second is the liquid volume height above 
the membranes (H2) and the third is the gas pressure in the reactor head space (H3).  
 
The higher the TMP (H1 + H2 + H3), the faster effluent flow will be out the reactor.  If the effluent 
line is kept at a constant level and a constant reactor volume is required, the only parameter that can 
be easily manipulated is the biogas headspace pressure (H3). This is done by increasing/decreasing 
the liquid level height (H3) in the pressure release valve and in so doing controlling the reactor 
volume and effluent flow rate. A Piping and Instrumentation Diagram of the AnMBR design and 
layout and a detailed explanation of it presented in Appendix 3.1. 
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3.1.4 AnMBR On-line Control System  
At relatively short hydraulic retention times (< 20h), it was found the AnMBR became sensitive to 
overloading. The cause of the overload is the high acidity of FTRW (11 000 mgAc/L), which means 
that a feed load increase of less than 10% can increase the reactor SCFA concentration from 50 to 
1000 mgAc/L within hours. Originally, the pH in the reactor is controlled above 7 by NaOH dosing. 
The objective here is not to neutralize the acid feed, which is not necessary because the anaerobic 
biomass utilizes the SCFAs in their acid form, but to provide some pH buffering. The dosed NaOH 
reacts with dissolved CO2 to form HCO3-. However, when the reactor pH variations become large 
due to significant load variations (resulting in high SCFA concentrations), a large mass of NaOH 
will be dosed, which would lead to inhibition of the biological processes through high SCFAs and 
high Na+ concentrations. The result would be a snowball effect introducing reactor instability 
(SCFA/Alkalinity >0.3) within hours. SCFA and Na+ concentrations as high as 4000 mgHAc/L and 
6000 mgNa/L has been observed in such overloading conditions. Resulting in compete system 
failure (Mignone, 1995). 
 
It was therefore decided to devise an on-line control system to increase the robustness of the 
AnMBR. The control system design criteria were to (i) act as an override system if an influent 
overload is not detected soon enough by the operator, secondly (ii) observe an easily measurable 
parameter continuously as a control measure and (iii) if this parameter starts deviating, intervene and 
rectify the situation within a short period of time (< 5h). Finally the (iv) development cost should 
also be as low as possible. 
 
The system developed was based on the observation that a decrease in reactor pH was invariably 
linked to an increase in reactor SCFA concentration. If the pH in the reactor (measured on-line) 
continued to decrease below a low set point (7.1) while NaOH was dosed, an influent overload is 
assumed and the influent feed is stopped. Figure 3.4 gives a graphical representation of how the 
control system responds to a possible SCFA over load: 
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Figure 3.4, Online Control System Response to SCFA Overload 
 
The on-line control system functions as follows: 
• Only enough alkalinity is dosed to neutralize a reactor residual SCFA <100 mgAc/L (Normal 
Operation, Figure 3.4) 
• If  a system overload occurs and the reactor SCFA increases >100 mgAc/L, the system 
acidity would increase, resulting in a decrease in pH (Overload, Figure 3.4) 
• If the SCFA overload continues to increase the pH will drop below a minimum level (pH = 
6.9) and the controller automatically switches off the feed and alkalinity pumps and closes 
the effluent line. 
• The AnMBR now operates in batch mode, consuming the SCFAs and increasing the pH 
(Batch Operation, Figure 3.4). 
• As the SCFAs are consumed, the pH will continue to increase until a high set-point is 
reached (pH = 7.15). 
• Both the feed and alkalinity pumps are switched back on and the effluent valve is opened and 
normal operation is continued. 
 
High pH Set-point 
Low pH Set-point 
Normal Operation Overload Batch Operation Normal Operation 
Normal pH 
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In this way the anaerobic biomass is protected from high SCFA and Na+ concentrations. A detailed 
discussion on the design and workings of the on-line control system is presented in Appendix 3.2. 
The on-line control system was only incorporated in the last quarter of the study, during the first 
three quarters of the experimental period; the system was manually controlled by controlling the 
OLR. After the on-line control system was installed, the OLR was still manually controlled; the 
control system only intervened if a drop in pH (due to SCFA increase) was observed. 
3.2 Anaerobic Packed Bed Reactor (AnPBR): Design 
Apart from membranes, another means of achieving a high degree of solid-liquid-separation in the 
AD-FTRW environment has been identified as fixed film anaerobic technologies. Therefore 
anaerobic packed bed technology is currently being evaluated at pilot-scale by Sasol. To get a direct 
comparison between the performance of the membrane and packed bed technologies for AD-FTRW, 
a laboratory-scale replica of the AnPBR pilot plant was designed and constructed to serve as control 
reactor for the performance evaluation of the AnMBR. Factors including temperature and feed 
composition fluctuations negatively affect accuracy of comparisons between lab-scale and pilot-
plant anaerobic systems. So the constructed lab-scale AnPBR system was operated at the exact same 
laboratory conditions as the AnMBR and fed the same feed and nutrient mix as the AnMBR. A 
detail discussion on the pilot-scale down-flow packed bed reactor and the basis for the scale-down 
design of the lab-scale AnPBR is presented in Appendix 3.3. 
 
The final scaled down AnPBR had a 23 L volume (similar to the AnMBR) with a diameter of 0.19 m 
and a height of 0.81 m (Figure 3.5). As with the AnMBR the material of construction was Perspex. 
The down flow velocity in the lab-scale unit was kept the same as the pilot plant at 0.884 m/h 
requiring a recycle flow of 20.05 L/h. The same packing material (Flocor Rings) as was used in the 
pilot plant was used in the lab scale unit. Since the diameter of the lab-scale system was selected so 
that the down flow velocity and the packing densities are the same as in the pilot plant, the 
hydrodynamics experienced by the micro-organisms inside the lab scale unit should be similar to 
that of the pilot plant. This was the primary design requirement of the AnPBR. 
 
The literature review indicated that one of the most challenging areas in Packed Bed Reactor (PBR) 
design is to ensure sufficient mixing and plug flow conditions. Also in PBR’s of small diameter, the 
effects of wall flow also contribute to inefficiencies in the mixing in the packed bed since channeling 
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becomes a significant problem (Fogler et al., 1999). Because of this, influent disperser tubes and 
perforated plates and wall baffles were mounted on the inside of the reactor shell. The reactor 
volume is sealed from the environment with bottom and top lids on which the reactor inlets and 
outlets are mounted. The packing (grey in Figure 3.5) is randomly distributed (as opposed to 
structured packing) inside the reactor and is kept in place by the upper and lower disperser plates.  
 
Figure 3.5, AnPBR Design 
 
Figure 3.5 gives a basic flow diagram of the lab-scale AnPBR system. Liquid flows downwards 
through the reactor and gets recycled by the recycle pump (C) and reintroduced in the top. The 
relatively large recycle serves four functions: (i) to recycle alkalinity produced by the anaerobic 
process for influent SCFA neutralization, (ii) to dilute the influent COD to a level manageable by the 
fixed film anaerobic microbial population, (iii) to ensure the optimal down flow velocity is 
maintained through the packed bed and (iv) provide mixing. 
 
The system pH is measured in the recycle line. The pH is controlled via a dosing system (B) which 
maintains the pH at the desired level. The feed pump (A) introduces the feed via the recycle line 
where it is diluted before it comes into contact with the biomass. Level control in the AnPBR is 
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controlled by the height at which the effluent line is open to the atmosphere (Figure 3.5), if the liquid 
volume in the reactor rises above this point, the effluent will flow out the reactor, thus controlling 
the volume. In this way the liquid volume in the reactor can be maintained such that efficient wetting 
by submergence of all the packing is ensured. Biogas is vented from the top of the headspace and 
escapes the system through a pressure release valve and out via a biogas counter. 
3.3 Experimental Methods 
The following entails a discussion on the methods used for data capture. Analysis includes COD, 
Nitrogen (FSA & TKN), Settlable Solids and Methane in biogas. These measurements enable mass 
balance checks around the system to be made ensure that the data collected is of sufficient quality 
for model development and calibration. The discussion will also give a brief overview of the format 
in which the data will be recorded.  
 
• COD is defined as the Chemical Oxygen Demand or amount of electrons that can be 
donated by a given organic molecule, mix of organics or waste water 
(8gCOD/molelectrons). These electrons can then be utilized by micro-organisms, along with 
the carbon, nitrogen, oxygen and hydrogen to either form biomass or in the case of 
anaerobic digestion, biogas. The COD test forms the backbone of the mass balance over 
the anaerobic system and is done on a daily basis on the influent, effluent and mixed 
liquor (of the AnMBR). In instances where there are particulates in the sample, such as 
the AnPBR effluent, both the filtered and un-filtered COD is analyzed for the sample. 
The technique used for analysis is a wet chemistry titration using ferrous ammonium 
sulfate (FAS), dichromate and sulfuric acid and is discussed in detail in Standard 
Methods 1985. The COD test shows a standard deviation of ± 5 % but is strongly related 
to the accuracy of the pipettes and dilution methods used. Table A3.2 in Appendix 3.4 
gives a break down of how a sample’s COD can be classified into its various fractions by 
measuring its filtered and unfiltered COD i.e. biodegradable soluble organics (Sbs), 
unbiodegradable soluble organics (Sus), biodegradable particulate organics (Sbp) and 
unbiodegradable particulate organics (Sup). Once the COD fractions have been identified, 
a number of parameters that quantify reactor performance can be calculated (Appendix 
3.4, Table A3.3). These can be used as a comparison between various anaerobic systems 
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treating the same substrate (like FTRW). The volumetric Organic Loading Rate OLR is a 
useful parameter, because lab-scale, pilot plant and even full scale reactor performance 
can be compared directly. By comparing the OLR on a day to day basis, it also gives 
information about the health and performance of any given anaerobic system. 
 
.. .24
*1000
ti i
r
S QOLR
V
=      [kgCOD/m3Vr/d]                       (3.1) 
Where 
 Sti = unfiltered influent COD    [mgCOD/L] 
Qi  = influent flow rate     [L/d] 
Vr = reactor volume      [L] 
 
• Alkalinity and Short Chain Fatty Acids are measured with the 5-pt titration method 
(Moosbrugger et al., 1992). This method gives a quick (< 1h) indication of the three most 
important operational parameters of the AD-FTRW system, namely; (i) pH, (ii) 
H2CO3*Alkalinity and (iii) SCFA concentration. If the measured SCFA is too high (>100 
mgAc/L) the feed flow - and resultant OLR - is decreased and vice versa. As discussed in 
Chapter 2, the buffer capacity or alkalinity is defined as the resistance of a system to pH 
change. According to Ripley et al., (1986) the alkalinity should be at least 3 times higher than 
the SCFA concentration to shield the anaerobic system from pH fluctuations. Both the 
H2CO3* Alkalinity and SCFA are measured in the 5-point titration and is recorded in 
[mgCaCO3/L] and [mgAc/L] respectively, as discussed in Loewenthal & Lahav, (2000). 
Individual SCFA concentrations were also measured with a HPLC as will be discussed in 
detail in Chapter 6. 
 
• The Mixed Liquor Suspended Solids are one of the most important design parameters in 
biological water treatment, which is used in conjunction with the OLR to predict reactor 
volumes (Chapter 5). The MLSS is defined as the dry mass of solids in one liter of mixed 
liquor from any given biological reactor. The MLSS is obtained by means of the Total 
Settlable Solids (TSS) test, which is the mass of solids obtained from a sample after drying at 
105 ºC. In conjunction with this, the Volatile Settlable Solids (VSS) test is done, in which the 
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dried sample is combusted at 520 ºC for > 20 minutes. The remaining non-combusted mass is 
known as the Inorganic Suspended Solids (ISS). The VSS is the difference between the TSS 
and ISS (Standard Methods, 1985). The VSS gives the measure of how much organic mass. 
For the FTRW system, the measured VSS comprises only active biomass and endogenous 
residue because there are no particulates organics in the feed.  
 
• Sludge Age (Mean Cell Residence Time/Solids Retention Time) originated in sewage 
treatment plants where the sludge age was required to be longer than a certain minimum 
number of days to ensure the slowest growing micro-organisms (usually the nitrifiers) are not 
washed out of the system. The sludge age (Rs) defines the mass of biomass that is harvested 
from the reactor as a fraction of the total mass of sludge in the system. If a sludge age of 10 
days is required, then 1/10th of the mass of sludge is wasted per day thus 
 
SludgeTotal
s
SludgeWasted
M
R
M
=       [d]  (3.2a) 
Where  
MSludgeTotal  = Total mass of sludge in the system   [gTSS] 
MSludgeWasted  = Mass of sludge wasted per day   [gTSS/d] 
 
If the sludge is wasted directly from the reactor then 
 
.
.
t r r
s
t w w
X V V
R
X Q Q= =       [d]  (3.2b) 
 
Where 
 Vr = Reactor Volume      [L] 
Xt = MLSS concentration in the reactor    [gTSS/L] 
Qw = Waste flow rate directly from the reactor  [L/d] 
 
Harvesting sludge from the system whether directly from the reactor or from the secondary 
settling tank underflow to control the reactor solids concentration is not sludge age control, 
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but sludge mass in system control. When controlling the reactor concentration, if the organic 
load on the system increases, the sludge age decreases. Sludge age control is equivalent only 
if the long term organic load on the system remains constant. Conversely, with sludge age 
control,  the reactor MLSS is directly proportional to OLR, with reactor mass control, daily 
wastage volume is directly proportional to OLR. 
 
For the AnMBR, sludge age is likely to be extremely long due to high reactor MLSS 
concentration required (12-18 gTSS/L) for membrane scour, and the very low net yield of 
anaerobic biomass (the combined effect from yield of growth and loss from endogenous 
respiration). Also sludge can be wasted only from the reactor so sludge age is established by 
wasting a proportion of the reactor volume. 
 
• pH is one of the most important continuously measured parameters in the AD-FTRW 
system. This is because the anaerobic micro-organisms only operate optimally in a very 
narrow pH range around 7. So from an operational point of view, it is desirable to maintain 
the 6.8-7.5 pH in this range. Also from a modeling perspective, pH is normally the final and 
most important predicted output, since it is affected by the performance of the entire system. 
For these reasons, influent and effluent pH is checked on a daily basis and the reactor pH is 
measured continuously on-line. The pH electrodes that are used on both reactors are designed 
to measure pH on-line and can be submerged in mixed liquor for long periods of time. 
 
• The Biogas volume and composition is required to close the COD and C a mass balances 
over any anaerobic system. Since the biogas production from either of the two systems can 
vary between 10 and 500 L/d, available laboratory gas measuring systems did not have 
adequate capacity. Therefore Ritter drum type wet gas flow meters with a accuracy of 0.02% 
and a capacity of 2-120 L/h were chosen for this application and the gas flow rate (Qg) was 
recorded in L/d. Since most of the COD (>95%) exits the anaerobic process in the form of 
methane, the composition of the biogas is also required. 5 L biogas bags is connected to the 
biogas vent of each reactor and filled with biogas, to give an average biogas composition 
over the capturing period. The biogas samples are then analyzed with a gas chromatograph 
(GC1, Appendix 3.6) to give the fraction of methane, carbon dioxide and nitrogen (residual 
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air constituent) in the biogas sample. The percentage methane is given as %CH4 and the 
COD in the methane (Sme) as: 
 
  
( )4.% .64000
8314.
g atm
me
k
Q CH P
S
T
=      [mgCOD/d]                       (3.3) 
 
Where 
 Patm  = Atmospheric pressure     [Pa] 
Tk  = Temperature      [Kelvin] 
 
Ideally, the hydrogen partial pressure in the gas phase PH2 should also have been measured to 
quantify the concentration of H2 in the gas and liquid phase (H2(aq)) in the system (H2(aq) = 
KH2.PH2). However, the systems available for biogas analysis were not sensitive enough to 
measure the low PH2 in the gas phase and electrodes capable of measuring the dissolved H2 
concentration were regarded as too costly for this exercise.  
 
• Alkalinity Requirements is the largest contributor to operating costs for the AD-FTRW 
system. FTRW is mostly un-dissociated SCFAs and it is very acidic, which makes the 
anaerobic process alkalinity deficient. However the FTRW does not need to be neutralized 
before it is digested because the anaerobic biomass utilizes undissociated SCFAs. Alkalinity 
only needs to be dosed to add sufficient buffer capacity for pH control. NaOH was chosen for 
pH control for economic reasons. The hydroxide converts weak acids existing in the system 
into weak bases (H2CO3 + OH- → HCO3- + H20), thus even though NaOH cannot increase 
the system alkalinity by itself, the resultant effect of adding NaOH is an increase in 
alkalinity.  Throughout this thesis, adding alkalinity implies adding NaOH. Because of its 
effect on operating cost, NaOH dosing needs to be optimized as far as possible. NaOH 
dosing is recorded in two ways; (i) as an equivalent concentration in the effluent: 
 
( ).d NaOH
e
e
Q C
NaOH Q=      [mgNaOH/L]                        (3.4) 
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and (ii) as Specific Caustic Utilization (SCU), or mass of NaOH utilized per mass of COD 
loaded. 
 
( ).d NaOHQ CSCU
OLR
=     [mgNaOH/mgCODremoved]                       (3.5) 
Where 
 Qd  = the volume of buffer dosed per day  [L/d] 
Qe  = the effluent flow rate   [L/d] 
CNaOH  = concentration of the buffer solution. [L/d] 
 
• Nitrogen (N) is the main nutrient required in the anaerobic process and is usually dosed in 
Free and Saline Ammonia (FSA) form (NH4Cl) or as Urea ((NH2)2CO) the latter of which 
hydrolyses to HCO3- and 2NH4+. FSA is required for protein synthesis and is therefore 
required at fairly high concentrations compared to the concentration of other nutrients such 
as phosphorous and trace metals (Section 3.5). The TKN, OrgN and FSA concentrations of 
the influent, effluent and mixed liquor is required to complete the nitrogen mass balance 
around the system. The FSA is analyzed by steam stripping NH3 at high pH, which is turn, is 
condensed in boric acid and titrated against a standard acid. The TKN test includes a 
digestion step before steam distillation and so included the OrgN. The method is described in 
detail in Standard Methods (1985). The TKN/FSA test is fairly crude and can show a 
standard deviation of ± 10 %. Table A3.4, Appendix 3.4 gives a breakdown of how the 
various nitrogen fractions are obtained and characterized.  
 
• Phosphate (P) is the second most abundant nutrient required by the anaerobic micro-
organisms. However, since the ratio of N to P is kept constant in the nutrient mix, P is only 
analyzed as a cross reference to check the nutrient levels. Ortho and Total P is analyzed and 
recorded as mgP/L. The methods of analysis are given in detail in Standard Methods (1985). 
 
• Trace Metals required for the optimal AD-FTRW can be seen in Table 3.1. Some of these 
needs to be present as macro nutrients (ppm range) and others are required only as micro 
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nutrients (ppb range). The analysis of metals in the effluent was done as required to ensure 
that all metallic compounds are present in the required amounts and not over or under dosed. 
Also, the trace metal analysis was done on the sludge mass to evaluate the C:H:O:N:P:S:Fe 
ratio of the sludge.  
 
Details on the equipment required for analysis and data capture is presented in Appendix 3.6. 
3.4 Operation 
The following discussion focuses on the daily operation of the AnMBR and AnPBR. Unless 
specifically stated otherwise, the discussion applies to both the reactors. Both systems have visual 
‘health indicators’ incorporated into the design which gives the experienced operator a quick 
indication of how the system is performing. This combined with analytical tests are used to judge the 
overall performance and health of the system. 
 
The first of the visual health indicators (VHIs) is the bubbling of biogas that is vented through the 
pressure release valve. This gives a quick indicator of the activity and overall activity of the biomass. 
The gas bubbles through the water in the pressure release valve at a relatively constant rate 
(example; 100 bubbles/minute), if this bubbling rate slows down (<50 bubbles/minute), it is 
normally an early sign of problems. The reading on the biogas counter is then logged to quantify the 
volume of biogas produced each day. The methane fraction of the biogas is also checked on a 
weekly basis. 
 
In both systems, the reactor pH is controlled with automated buffer dosing to near neutral pH. 
However, small fluctuations (±0.05 pH units) do still occur. The pH is also measured manually to act 
as a cross reference and check on the live pH output. An effluent sample is then drawn and a 5-point 
titration is done to give the alkalinity and SCFA concentration of the sample. If the effluent SCFA 
concentration is above a desired level ( 100 mgAc/L – AnMBR and 850 mgAc/L – AnPBR) the feed 
flow rate and resultant OLR is decreased. If the reactor SCFA decreases below the required level of 
100 mgAc/L, the organic loading is again increased. In this way the reactor SCFA concentration 
dictates the OLR. This manual OLR control was done in parallel with the on-line control system. 
After the 5-pt titration test, 3 drops of 0.05 M HgCl2 is then added to the sample after which it is 
refrigerated for COD, FSA, OrthoP and Suspended Solids (AnPBR) tests. 
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Unlike the AnPBR the membrane rector is a variable volume system. This is due to the interactions 
between TMP and membrane flux which governs the flow out the reactor. Hence the first VHIs that 
are logged on the membrane reactor are the mixed liquor and foam volume. This gives a good 
indication of membrane and biomass performance. If the membrane flux decreases due to foulants, 
less liquid will exit the reactor than enters it. This causes an accumulation and the liquid volume in 
the AnMBR will rise. 
 
It was experimentally observed that a foam head on the mixed liquor would appear the moment 
NaOH dosing and membrane scour was started. Under stable operating conditions, the foam volume 
is about 10 % of the mixed liquor volume (in the current design), but if more NaOH is dosed than 
normal (due to high SCFAs) the foam level rises (experimental observation). Other factors that also 
increases foaming is biomass stress, for example under high hydrogen partial pressure.  
 
Table A3.5 and A3.6 in Appendix 3.5 gives a representation of all the quantitative analysis done on 
the AnMBR and AnPBR respectively.  
3.5 Feedstock  
The primary feedstock fed to the AnMBR and AnPBR in this project is Synthetic Fischer-Tropsch 
Reaction Water (FTRW). However, to make FTRW amenable to anaerobic digestion, two secondary 
feedstock’s are also required namely; (i) macro and micro nutrients for biological growth and (ii) 
alkalinity to maintain pH neutrality. 
 
• Synthetic FTRW’s composition is based on a ‘worst-case-scenario’ composition of actual 
FTRW. The assumption is that if an anaerobic system can be adapted to treat this synthetic 
FTRW with a certain level of stability, if would definitely be able to treat the normal plant 
runoff. Only species that contribute more than 1% of the real FTRW make-up was included 
in the recipe. The synthetic FTRW is made up in a stock solution (Table A3.7, Appendix 3.5) 
and in turn is diluted to18 gCOD/L. Since the mix consists mostly of C2 – C6 SCFAs, the pH 
is low (pH ~ 2.5) and alkalinity (1.4 gNaHCO3/L) needs to be added to increase the pH of the 
synthetic FTRW to that of real FTRW (pH = 3.77). 
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• Nutrients required for optimal growth is the second part of the feedstock. It is based on that 
suggested by Du Preez et al. (1987), as can be seen in Table 3.1. The most prominent 
nutrients are Nitrogen (N), Phosphate (P), Sulfide (S), Iron (Fe), Magnesium (Mg)  and 
Calcium (Ca), these are also known as macro-nutrients 
 
Table 3.1, Original Un-optimized Nutrient Mix for FTRW 
Species Element 
Concentration 
of Element 
[mg/L] 
FTRW (COD) COD 18000 
Urea N 250 
KH2PO4 P 60 
  K 130 
MgCL2.6H2O Mg 13 
Na2SO4 S 23 
CaCl2.2H2O Ca 3 
FeSO4.7H2O Fe 11 
Yeast Ext.   54 
      
      
MnSO4.5H2O Mn 0.2 
ZnSO4.7H2O Zn 0.33 
NiCl2.6H2O Ni 0.1 
CuSO4.5H2O Cu 0.15 
CoCl2.6H2O Co 0.02 
Na2MoO4.2H2O Mo 0.007 
H2BO3 B 0.009 
KI K 0.001 
 
Micro nutrients include Copper (Cu), Zink (Zn), Manganese (Mn), Nickel (Ni), Cobalt (Co), 
Boron (B) and Molyboleneum (Mo). These nutrients are only required at ppb (µg/L) levels 
but are still of importance. Most of the metals in the macro and micro nutrients are added as 
salts of sulfate and thus the pH of the mixture needs to be lowered below 3 for these salts to 
dissolve. This is done with HCl. From the stock nutrient solution, 360 mL is added to 100 L 
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of feed to give adequate nutrient concentrations. Because of the high SCFA concentrations 
and low pH there is no growth in the feed container and influent pipes. It can therefore be 
kept at room temperature for days without decomposition. So the feed is made up in 200 L 
tanks and continuously stirred to ensure that the nutrients remain in solution. Both reactors 
are then fed from the same feed tank to ensure the exact same feed conditions. 
 
• The Alkalinity required for pH control is NaOH, since this is what will be dosed at full-
scale. The NaOH is made up to a concentration of 100 gNaOH/L in distilled water and dosed 
via a dosing pump to control the reactor pH to the desired set point (Section 3.1.4). 
3.6 Closure 
Two reactor systems were designed and constructed for the anaerobic treatment of Fischer-Tropsch 
Reaction Water, each in their own way an attempt to optimize both the (i) anaerobic environment 
and also (ii) solid liquid separation, to separate the biomass from the effluent. The first is a 
completely mixed anaerobic membrane reactor (AnMBR). This system is fitted with 3 200x300mm-
size flat panel Kubota® membranes acting as a very fine filter (0.45 µm) to retain the biomass in the 
reactor but allowing the effluent to exit. The AnMBR uses a biogas recycle system in combination 
with a coarse bubble diffuser to induce mixing and membrane scour.  
 
The second system is a down flow packed bed reactor (AnPBR). Plastic packing media provides 
surface area inside the reactor on which biomass adheres thereby retaining the biomass in the 
reactor, while treated effluent exits. Effluent is extracted from the bottom of the reactor. By means of 
a recirculation pump, some of the effluent is mixed with fresh influent and reintroduced at the top of 
the reactor. This has two main functions (i) to recycle alkalinity to the top of the reactor and in so 
doing protecting the biomass in the upper region from low pH and alkalinity conditions and (ii) to 
introduce a high down flow velocity of ~ 0.9 m/h for optimal mixing and reduction of media 
clogging. 
 
The performance of the two systems will be compared on the basis of various parameters including 
COD removal and nutrient and alkalinity requirements, biogas production, biomass retention and 
most importantly effluent quality. The abovementioned parameters will be measured on a daily basis 
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over the test period. To make the results obtained from the system as comparable as possible, 
environmental conditions such as temperature were kept the same in both systems with temperature 
controllers (37 oC) and both systems were fed the same feed and nutrient mixture because they were 
fed from the same source. The feed is a synthetic FTRW and is made up from mixture of C2 to C6 
short chain fatty acids and some methanol and ethanol. Synthetic FTRW is a highly acidic substrate 
(11 000 mgAc/L) and thus alkalinity deficient. To maintain the pH in the desired range for anaerobic 
digestion (6.8-7.5), alkalinity (NaOH) needs to be dosed from an external source. A nutrient mix is 
also added to the synthetic FTRW because FTRW is nutrient deficient. The nutrient mix consists of 
two parts; (i) micro nutrients required in the ppm range such as N, P, Fe, S & Ca and (ii) micro 
nutrients required only in the ppb range like Ni, Co, B, Mo etc. 
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4. Results & Discussion 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
The results obtained in the feasibility study and performance evaluation of the laboratory-scale 
AnMBR are presented in this chapter. These results are separated into five sections namely; (i) 
commissioning and seeding, (ii) start-up, (iii) membrane performance, (iv) mixed liquor 
characteristics and (v) steady state performance evaluation and comparison to a control Anaerobic 
Packed Bed Reactor (AnPBR). The major focus of the commissioning was addressing ‘teething 
problems’ akin to; oxygen leaks, heating, foaming control and alkalinity dosing optimization. After 
this, the reactor was seeded with biomass obtained from a municipal anaerobic digester and start-up 
was commenced. The adaptation of the municipal anaerobic biomass to FTRW and its duration were 
observed. 
 
During the first 100 days of start-up, virtually no biomass growth was observed; nutrient deficiency 
was braced to be the cause. This problem initiated a nutrient optimization investigation, in which the 
effects of various nutrients – and their optimal concentrations – were evaluated for the Anaerobic 
Digestion of Fischer-Tropsch Reaction Water (AD-FTRW). This was identified as one of the main 
research outcomes of the AnMBR performance evaluation. 
 
Next was the performance evaluation of the flat panel membranes in the AD-FTRW environment. At 
the beginning of this study, virtually no literature could be found on AnMBR membrane 
performance and no estimations could be made as to how the membranes would respond to the AD-
FTRW environment. Membrane performance and preliminary design guidelines in the AD-FTRW 
environment were identified as the second main outcome of the AnMBR study. Because of the lack 
of information the membrane surface area in the AnMBR was significantly oversized, 10 times 
greater than that required for an Aerobic MBR treating the same flow rate.  Membrane performance 
factors that were evaluated include; (i) membrane fouling, (ii) chemical cleaning intervals, (iii) 
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membrane life span and most importantly; (iv) the Trans Membrane Pressure (TMP) - operational 
flux relationship for flat panel membranes in the AD-FTRW environment.  
 
The third main research outcome is the performance evaluation of the steady state operation of the 
AnMBR. This was done by comparing the AnMBR with an existing AD-FTRW treatment 
technology for which there is some experience already, i.e. the down-flow Anaerobic Packed Bed 
Reactor (AnPBR). Both systems had similar operational volumes, environmental (laboratory) 
conditions and were fed the same FTRW to ensure that the results obtained from the systems were 
comparable. Performance criteria that were evaluated include effluent quality, sludge production, 
nutrient & alkalinity requirements and shock loading responses.  
 
The total evaluation of the AnMBR performance was 685 days. The first 100 days was 
commissioning and also initiated the nutrient optimization study. The next 150 days was the first 
start-up. For 385 days after start-up, the membrane performance evaluation and the nutrient 
optimization was continued. Finally the steady state comparison was done during the last 50 days of 
the study. 
4.1 Commissioning & Start-up  
4.1.1 Inoculum & Seeding 
The choice of inoculum for any anaerobic reactor has a significant effect on length of the start-up 
period. Choosing biomass with a high MLSS (> 5 gTSS/L), near neutral pH and low SCFAs (< 10 
mgAc/L) normally ensures that the required anaerobic trophic groups are all present and active. The 
anaerobic biomass was obtained from a municipal anaerobic digester at a local treatment works in 
Cape Town (South Africa). This digester treated Primary Sludge (PS) and Waste Activated Sludge 
(WAS) originating at the municipal treatment works. 
 
The sludge had an alkalinity of 900 mgCaCO3/L, SCFA < 5 mgAc/L and a pH of 7.02, thus pointing 
towards a stable anaerobic biomass ideal for seeding of the AnMBR. The biomass was heated to 37 -
oC and allowed to settle for 24 hours. The supernatant was then decanted and the AnMBR was then 
seeded with the settled biomass. The result was a start-up concentration of ~17 mgTSS/L (75% 
VSS). The high start-up biomass concentration was dictated by the design criteria of the flat panel 
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membranes. These membranes require an operational MLSS of 12 to 18 gTSS/L (based on the 
design criteria of activated sludge systems, Section 3.1.1). 
4.1.2 Start-up Problems 
A considerable amount of time (100 days) was spent on the mechanical optimization of the AnMBR 
before start-up could be commenced. This was done between the seeding and the actual start-up, but 
minor changes continued well into the evaluation period. The following section gives a breakdown 
of the major issues that were encountered: 
 
• Air leaks into the AnMBR posed a significant problem because of the inhibitory effect of 
oxygen on the anaerobic biomass. Replacing the centrifugal-type compressor required for 
biogas recycle with a diaphragm-type compressor partially alleviated this problem. The 
second strategy was to seal all the connections on the recycle line and biogas venting system 
with a combination of silicon and hose clamps. Thirdly, a pressure release valve was 
incorporated into the biogas venting system to ensure the reactor operates at a slight positive 
gas pressure (20 – 200 mmH2O) at all times. This would further ensure that if a gas leak does 
occur on the system, it would be from the reactor to the atmosphere and not vice versa. The 
result of these alterations was that the biomass in the AnMBR was completely protected from 
oxygen inhibition. 
 
• Heating of the AnMBR to 37 oC is required to ensure optimal growth rates of the anaerobic 
biomass. Various systems were evaluated including; feed stream heating and heating coils 
around the reactor volume, but finally a 200 W fish-tank type heater with a on/off control 
system was accepted as best. The result was a reliable and easily operated heating system 
which controlled the reactor temperature stably at 37±1 ºC 
 
• Foaming posed a major problem whenever the biomass underwent a stress conditions. These 
include; start-up, high reactor SCFA and Na+ concentrations and temperature fluctuations. In 
extreme cases, the headspace volume would fill up with foam, enter the biogas recycle line 
and end up in the moisture trap before the biogas recirculation pimp. This had a deteriorating 
effect on reactor performance which added to the stress situation. The problem was overcome 
by (i) installing foam baffles above the membrane housing, (ii) increasing the biogas recycle 
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rate by 25% for 4 hours and (iii) avoiding known stress conditions. The result was a 
significant decrease in foaming problems from a foam volume of ~20 L above the liquid 
volume in the head space to ~2 L after the alterations. 
 
• Alkalinity optimization also posed a major issue at the beginning of the project. Initially 
only NaHCO3 was dosed to control reactor pH. However this proved problematic because a 
large amount of NaHCO3 was required to maintain a neutral pH, since HCO3- is a weak base. 
This raised the Na+ concentration in the reactor to such an extent that it became inhibitory to 
the anaerobic biomass (>3500 mgNa+/L). After experimenting with combinations of 
NaHCO3, KHCO3, KOH and NaOH, it was found that a combination of NaHCO3 and NaOH 
gave the best results. 1.46 gNaHCO3/L was added to the feed to up the pH (3.77) and 
alkalinity (800 mgCaCO3/L) to that of actual FTRW. pH control was done via the dosing 
pump with a NaOH solution of 100 gNaOH/L. The result of the NaHCO3-NaOH 
combination was a stable reactor pH with only minor variance (±0.05 pH-units) around the 
pH controller’s set points (7 – 7.2). 
4.2 AnMBR Start-up 
The main question to be answered by the start-up investigation was: Can municipal anaerobic digester 
sludge acclimatize to (i) the AnMBR environment, (ii) FTRW and if so (iii) how long will this start-up 
period take? The start-up period was defined as the time from the last major alteration to the point where 
the OLR reached 15 kgCOD/m3Vr/d.  Start-up was achieved after the commissioning stage and the initial 
nutrient requirement problems were eliminated. To acclimatize the anaerobic biomass to FTRW, 
initially a mix of 70% glucose and 30% acetic acid was fed, first at a low concentration and then 
gradually increasing up to 18 gCOD/L. Reaching 18 gCOD/L, the glucose and acetic acid was gradually 
replaced with FTRW. Thereafter the Organic Loading Rate (OLR) [kgCOD/m3Vr/d] of FTRW was 
increased by increasing the flow through the reactor, with the governing factor being an effluent SCFA 
< 150 mgAc/L. Figure 4.1 represents the first 300 days of operation. 
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Figure 4.1, AnMBR Start-up: Influent (Sti)-, Effluent COD (Ste) and Organic Loading Rate 
(OLR) vs. Time 
 
The last significant change made to the AnMBR was switching to the nutrient mix suggested by Du 
Preez et al. (1987) on day 121 of the experimental period. Before this change, no significant increase 
in the OLR was ever observed. However after the abovementioned change, a rapid increase was 
observed and the target OLR of 15 kgCOD/m3Vr/d was reached within 110 days. The time between 
the final nutrient change and the system reaching an OLR of 15 kgCOD/m3Vr/d is represented in the 
square in Figure 4.1 and is regarded as the actual start-up period. The OLR increase was continued 
and it was proven that the AnMBR can operate at OLRs of up to 30 kgCOD/m3Vr/d, if adequately 
controlled. 
 
From this evaluation it was proven that municipal anaerobic digester sludge can adapt to the 
AnMBR and FTRW environment. This adaptation was so extensive that OLRs and Removal 
Efficiencies (RE) comparable to state-of-the-art anaerobic reactors such as EGSB and IC systems 
were observed. The start-up period was unnecessarily extended because of nutrient deficiencies and 
commissioning problems, but once these were solved, the system started up in less than 4 months. At 
a later stage of the project, the AnMBR was restarted with a biomass well adapted to FTRW and 
then a start-up time of only 25 days were observed (Appendix 4.1) 
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4.3 Nutrient Optimization 
FTRW is a chemically created industrial wastewater with virtually no naturally occurring nutrients. 
For this reason the nutrients required for optimal biomass growth in the AnMBR had to be identified 
and added - and since nutrients are a significant contributor to operating cost – their individual 
concentrations had to be optimized. Initially only N and P were dosed (days 1 to 90, Figure 4.1), this 
was later supplemented by a nutrient mix optimized for biological phosphate removal (Wentzel et 
al., 1988). However it was not until the incorporation of macro and micro nutrients as suggested by 
Du Preez (1987) for the anaerobic digestion of acetic acid, that a significant increase in system 
performance was observed (day 120, Figure 4.1). This nutrient mix proved sufficient; however a 
significant concentration of N and P was measured in the effluent, which gave rise to questions on 
the further optimization of the Du Preez nutrient mix. This commenced the second phase of the 
nutrient optimization study, i.e. finding optimal concentrations of the various species in the nutrient 
mix. 
 
These optimal concentrations were identified by varying the individual nutrient concentrations over 
extended periods of time (>30 days) to observe the effect on the system OLR. As discussed in 
Chapter 3, the OLR is a direct response of the reactor performance; if the effluent SCFA was high (> 
150 mgAc/L; poor/deteriorating reactor performance) the OLR is decreased and if the effluent SCFA 
is low (< 150 mgAc/L; increasing/high reactor performance) the OLR is increased. The extraction of 
the effects of the individual nutrients on the OLR proved complicated. After much consideration the 
following approach was adopted: Since there are a large number of parameters that can have an 
effect on the OLR a high/low OLR at a high nutrient concentration does not give any valuable 
information. However, if the OLR remains low for an extended period of time - if a nutrient 
concentration is low - then the probability of this nutrient having an effect on the OLR is high. The 
effect of the low nutrient concentration was then confirmed by increasing it and observing its effect 
on OLR recovery. The individual nutrient concentrations vs. OLR are plotted for the entire 685 day 
dataset, as presented in Figure 4.2 for Sulfate (as S). 
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Figure 4.2, Influent Sulfate (S) vs. Organic Loading Rate (OLR) 
 
For sulfate (as S), high OLR and a low (<4 mgS/L) influent S concentration were never 
simultaneously observed. However when a threshold value of 4 mgSO42--S/L was reached, the 
reactor performance increased rapidly.  
 
Nutrients are required for biological growth, which means that the nutrients consumed forms part of 
the cell mass and MLSS of the reactor. However it was found that the actual concentrations of macro 
nutrients like Phosphates (P), Sulfide (S) and Iron (Fe) are so low in the MLSS that the nutrient 
requirements are virtually independent of sludge age. This further validates the individual-nutrient-
concentration vs. OLR tech ique for nutrient optimization. 
 
This optimization study was done for all the macro nutrients and also for yeast extract and the micro 
nutrient Nickel. The OLR-nutrient-concentration scatter plot for each of these species can be seen in 
Appendix 4.2. The results of this study are presented in Table 4.1.  In contrast to other nutrients, 
anaerobic biomass does contain a significant amount (~10 %) of Nitrogen (N) and sludge age has a 
significant effect on the AD-FTRW system’s N requirements. The relationship between influent 
nitrogen (Nti) and sludge age can be expressed as: 
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R Q= + = +                                 (4.1) 
Where  
Nti  = Influent Nitrogen Concentration    [mgN/Linfluent] 
Ns  = Influent N concentration that has become bound  
in the biomass harvested from the system per day   [mgN/Linfluent] 
Nb  = Minimum background liquid N concentration  
for uninhibited growth      [mgN/Linfluent] 
Vr  = Reactor Volume       [L] 
Xt  = MLSS Concentration      [mgTSS/L] 
Rs  = Sludge Age        [d] 
Qi  = Influent Flow Rate       [L/d] 
fn  = Nitrogen Fraction in Biomass     [mgN/mgTSS] 
 
Nb is the minimum “back ground” concentration for uninhibited N uptake by the anaerobic biomass. 
Unfortunately, nitrogen was always dosed in excess to the AnMBR, so the Nb concentration could 
not be quantified. However, from earlier research done on the pilot-plant AnPBR it would appear 
that a Nb = 25 mgN/L is required (Table 4.1). Correspondingly, for a 23 L reactor volume, 25 
gTSS/L solids concentration, 300 day sludge age and an influent flow of 23 L, the influent nitrogen 
(Nti) should be ~50 mgN/L. 
Table 4.1, Optimized Nutrient Concentrations for the AD-FTRW 
Influent 
Nutrient 
Abbre-
viation 
Du Preez Nutrients' 
Concentration 
[mg/L] 
Optimized Concentration 
[mg/L] 
Nitrogen  Nti 252 [Vr.Xt.fn]/[Rs.Qi] + Nb 
Phosphate  Pti 57 10.0 
Sulfate  SO4-Sti 23 4.0 
Calcium  Cati 3 <1 
Magnesium  Mgti 13 <1 
Yeast Extract   54 <1 
Iron  Feti 11 1.0 
Nickel  Niti 0.002 <0.001 
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If the ‘Du Preez nutrients’ is compared to the nutrient requirements optimized for the ADMBR is 
compared, it is can be noted that the optimized nutrients are significantly lower in all of the cases. A 
possible reason for this is very long sludge ages (>100 days) and resultant low sludge wastage on the 
ADMBR, this will be discussed in detail in Chapters 5 and 6. The nutrients N, P, S and Fe are of 
primary importance for the AD-FTRW and should be dosed as macro nutrients. In contrast, the study 
has shown that Ca, Mg, and Yeast extract are not required as macro nutrients. Even at µg/L levels, 
Nickel (Ni) does not seem to have any effect on the reactor performance. 
4.4 Mixed Liquor: Operational Concentrations and 
Characteristics 
In aerobic membrane reactors, the upper limit of the mixed liquor concentration (up to18 gTSS/L) is 
governed by the alpha values of oxygen transfer i.e. the ratio of the mass oxygen transfer rate 
(kgO2/h) in the activated sludge reactor vs. that of clean water (Ramphao et al., 2004). In anaerobic 
reactors, where oxygen transfer is not required, because th  upper limit of the Mixed Liquor 
Suspended Solids (MLSS) and the factors that govern this limit is not yet defined.  
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Figure 4.3, MLSS & Sludge Age vs. Time 
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In the AnMBR, the MLSS concentration was allowed to increase gradually up to 30 gTSS/L; the 
system was allowed to operate at this concentration for approximately 100 days with no adverse 
effects on membrane performance (Figure 4.3). The MLSS was then increased to a maximum of 36 
gTSS/L. The MLSS was typically 91% VSS. The long sludge age is due to the very low net biomass 
yield of the acetoclastic methanogens, the most abundant trophic group in the system. The sludge 
settleability in terms of the Dilute Sludge Volume Index (DSVI) of the sludge mass was around 3000 
mL/g. The DSVI is defined as the volume that 1g of sludge occupy after 30 min of settling in a 1 L 
measuring cylinder (Marais and Ekama., 1984) At the MLSS concentration of ~30 gTSS/L, it does 
not settle at all 
 
One of the major questions on the AnMBR performance that required addressing was how the 
membrane flux and TMP relationship responded to a change in MLSS concentration. Figure 4.4 
depicts this relationship. 
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Figure 4.4: Trans Membrane Pressure vs. MLSS 
 
No correlation between TMP and mixed liquor concentration can be found, even for MLSS’s of as 
high as 35 gTSS/L. 
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4.5 Membrane Performance 
The evaluation of the flat panel membranes in the AD-FTRW environment with biogas recycle for 
membrane scour is one of the primary objectives of this research project. Since membranes are a 
major contributor to capital costs, design criteria are needed for; (i) optimal operational flux, (ii) 
membrane fouling causes and affects (iii) intervals between chemical cleaning and (iv) membrane 
life span. The membrane performance was evaluated throughout the 685 day test period. 
 
4.5.1 Membrane Fouling 
Membrane performance was primarily evaluated on the Trans Membrane Pressure (TMP) required 
to maintain a desired flux (Section 2.5.6). If the TMP increased significantly for a constant flux, the 
possibility of membrane fouling was investigated. Figure 4.5 gives the membrane flux vs. TMP for 
the observational period. 
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Figure 4.5, Membrane TMP & Flux vs. Time 
 
Four possible instances of membrane fouling were identified. The first (Figure 4.5, 1) was observed 
for the first 100 days, the problem was gas bubbles trapped in the effluent collector. These bubbles 
1 
2 3 
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obstructed the effluent flow out the AnMBR thus increasing the TMP. The problem was rectified by 
modifying the effluent collection system so that the gas bubbles and effluent can exit the reactor 
without obstruction. No chemical clean was done on the membranes to restore the TMP to < 50 
mmH2O.  
 
The second fouling instance (Figure 4.5, 2) occurred between day 363 and 395. The problem was an 
inorganic foulant in the form of rust. The rust entered the system via the feed, because a mild steel 
mechanical stirrer shaft in the feed tank was corroded by the FTRW. A 90% decrease in membrane 
performance was experienced in less than 48 hours. The biomass was drained and the membranes 
rinsed with tap water, their recovery was full. No chemical clean was done. Fortunately, only rust 
resistant materials are used on full-scale to convey FTRW, therefore this will not pose a major 
problem on full scale. However, coalescers and primary clarifiers will be incorporated into the full 
scale design to avoid membrane fouling by oils, greases and precipitates. 
 
Because no sensible means of separating the particulate rust and the organics could be found, the 
AnMBR was reseeded with municipal digester sludge and restarted (day 400). During the second 
start-up, full strength FTRW was fed, resulting in a very low flux through the membranes for a 
significant period of time (50 days). When the flux started to increase with an increased OLR a sharp 
increase in TMP was observed (Figure 4.5, 3). When the problem was investigated, nearly the entire 
internal surface area of the 3 membranes was covered in a biological growth. The biomass was 
drained from the AnMBR and the membranes were cleaned with a 5% hypochlorite solution.  
4.5.2 Critical Flux 
The fourth instance of membrane fouling was at the end of the test period (day 625 – 685), where the 
Flux-TMP relationship was investigated in greater depth (Figure 4.5, 4). Up to this stage of the 
investigation, there were 3 membrane panels in the reactor. This resulted in low fluxes, because the 
solids liquid separation behavior of the biomass was not known. To increase the flux, two of the 
three membranes were blocked off to observe the TMP vs. flux relationships at higher flow rates. 
This relationship is depicted in Figure 4.6, which is a scatter plot of the TMP vs. flux data for the 
entire evaluation period, including the period with only 1 membrane panel in operation. 
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Figure 4.6, Membrane Flux vs. Trans Membrane Pressure (TMP) 
 
For fluxes below 4.3 L/m2/h no correlation can be found between TMP and flux. However, when the 
flux increased over 4.3 L/m2/h (0.1 m/d), a sharp increase in the TMP was observed. Increasing 
(+100%; 500 L/h) or decreasing (-50%; 125 L/h) the scouring rate over the membranes had no 
notable effect on this increase in flux. The only means of recovering TMP was to lower the flux 
below the 4.3 L/m2/h value. If this was done, the TMP would drop to normal (20 – 150 mmH2O) 
within 24 hours.  
4.5.3 Membrane Life Span & Permanent Fouling 
Nonpermanent membrane fouling can be removed by rinsing/back-flushing or chemical cleaning of 
the membranes. The second process of membrane fouling is known as permanent fouling. In this 
case, precipitates block the membranes to such an extent that it is chemically bound to the membrane 
surface. This permanently reduces the flow through the membranes. The permanent fouling rate 
dictates the life span of the membrane, the slower this permanent fouling the longer the period of 
time before the membranes needs replacing and vice versa. 
 
The permanent fouling rates were measured by (i) draining the AnMBR biomass and filling the 
reactor with clean tap water and (ii) doing a chemical clean on the membranes to ensure all 
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nonpermanent fouling was removed.  (iii) The biogas recycle is set to 750 L/m2membrane surface/h as 
suggested by Kubota® for aerobic systems to induce gas up-flow velocity of 0.5 m/s. Then (iv) tap 
water fluxes were measured at various TMPs. The (v) slope of this TMP vs. flux relationship was 
then compared to that of earlier tap water TMP vs. flux tests. The closer this slope is to 1, the lower 
the TMP required for a given flux and the better the membrane performance. This test is severely 
disruptive to the biomass activity in the AnMBR, since the reactor has to be drained completely, so it 
was only done twice during the 685 day investigation.  
 
The first permanent fouling test was done before commissioning the AnMBR. The aim was to form 
a basis for comparison of membrane performance and deterioration over the evaluation period. It 
was found that the TMP vs. flux correlation for tap water was directly correlated and the initial tap 
water flux test is given by line 1 on Figure 4.8. 
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Figure 4.7, Tap Water Flux Tests 
 
The second permanent fouling test was done on day 530 when biological fouling was observed on 
the membranes (Figure 4.5, 3). The AnMBR was drained and filled with tap water, a TMP vs. flux 
tests was done before (Figure 4.8, 2) and after (Figure 4.8, 3) a chemical clean. The difference in the 
1 
2 
3 
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slope of line 2 and 3 on Figure 4.8 gives an indication of how effective the hypochlorite chemical 
clean is. 
 
Comparing line 1 and 3, it can be seen that the change in flux through the clean membranes changed 
very little over the 530 days between the two chemical cleans. From the data in Figure 4.8, at a flux 
of 15 L/m2/h (0.35 m/h), the TMP increased from 15/0.1336 = 112 mmH2O to 15/0.1152 = 130 
mmH2O in 530 days. This is 18/530 = 0.034 mmH2O/day permanent fouling. In the activated sludge 
(AS), this permanent fouling rate at an operating flux of 10-15 L/m2/h was around 0.1 mmH2O/d 
(Ramphao et al. 2004). Based on this observation it would appear that the permanent fouling rate of 
activated sludge is at least twice that of the AnMBR; however the operating flux of the AnMBR at 
4.3 L/m2/h was significantly below that of the AS system (10 – 15 L/m2/h). If a 50 % decrease in 
flux is allowable before membrane replacement this data points to a membrane life span in the AD-
FTRW environment of at least 7 years (Appendix 4.3). However, it should be emphasized that this 
prediction is an extrapolation from a small dataset (2 tap water flux tests) and relatively short period 
of investigation. The investigation of permanent fouling of flat panel membranes in the AD-FTRW 
environment probably merits as significantly larger dataset and evaluation period to yield a concrete 
prediction of membrane life span. Note; because lines 1 and 3 lies close to each other, a t-test was 
done to verify if these lines are in fact statistically deferent, which the case was indeed. 
4.6 AnMBR Steady State Performance Evaluation 
To get a quantitative measure of the AnMBR’s performance it was compared to a control reactor 
treating the same feed under the same laboratory conditions. The control reactor was a down-flow 
Anaerobic Packed Bed Reactor (AnPBR). Both systems were allowed to reach steady state after 
which a dataset of 35 days each were captured. The complete steady state datasets can be seen in 
Appendix 4.4. The sections below present the results obtained. 
4.6.1 Effluent Quality 
The comparison of the AnMBR effluent quality with that of other AD-FTRW treatment systems is 
one of the primary outcomes of this research project. The effluent quality produced by the first step 
of a water treatment system dictates the size – and thus capital and operating costs – of the 
downstream processes. The effluent quality comparison was done by evaluating the average and 
variance of the effluent concentrations of the two systems over the 35 day steady state period. The 
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effluent evaluation criteria was total COD (Ste), particulate COD (Spe), dissolved COD (Sse), Total 
Settlable Solids (Xte), Short Chain Fatty Acids (SCFAe) and Total Nitrogen (Nte). Daily samples 
were taken for both the AnMBR and AnPBR with the average values and 95% confidence intervals 
(CI95%) represented in Table 4.2. The 95% confidence interval is that range of variance around the 
mean in which 95% of the data points are distributed. 
Table 4.2, AnMBR & AnPBR Steady State Comparison 
Parameter AnMBR AnPBR Units 
  Avg CI95% Avg CI95%   
Reactor OLR 15.3± 0.15 15.2± 0.28 kgCOD/m3/d 
Reactor Volume 23± - 23± - L 
Reactor Temperature  37± 1 37± 1 oC 
Reactor pH 7.08± 0.05 7.11± 0.05   
Reactor MLSS 20.2± 0.37   gTSS/L 
Reactor MLVSS 15.4± 0.28   gVSS/L 
Sludge Age 61± 3.6   d 
Influent COD 18500± - 18500± - mgCOD/L 
Influent Alkalinity 875± - 875± - mgCaCO3/L 
Influent N 84± - 84± - mgN/L 
Effluent Total COD 35.1± 6 1749± 91 mgCOD/L 
Effluent Particulate COD 0.0± - 768± 80 mgCOD/L 
Effluent TSS 0.0± - 512± 266 mgTSS/L 
Effluent Alkalinity 2213± 29 3031± 107 mgCaCO3/L 
Effluent N 37.6± 3.2 35.7± 30 mgN/L 
Effluent SCFA 10.41± 4.8 775± 30 mgAc/L 
Effluent Na 1441± 188 1997± 289 mgNa/L 
Specific NaOH Consumption 0.067± 0.01 0.11± 0.02 kgNaOH/kgCODremoved 
  
COD Removal Efficiency [%] 99.81    90.55    [kgCODin*100/kgCODout] 
Biomass Production 7.57    10.60    gTSS/d 
N Consumption 0.003    0.0029    kgN/kgCODremoved 
 
For virtually identical influent concentrations and reactor loading and environmental conditions, the 
AnMBR effluent COD (Ste) is more than an order of magnitude lower than that of the AnPBR. If the 
particulates (Spe and Xte) are compared, the AnMBR yields virtually zero value, where this is a 
significant contribution (43 %) to the COD in the AnPBR effluent. Because of the low effluent 
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COD, the Removal Efficiency (RE) of the AnMBR is significantly higher (by 9 %) than that of the 
AnPBR. Biomass production and nitrogen consumption are both 30 % lower in the AnMBR than in 
the AnPBR. 
4.6.2 Alkalinity Requirements 
FTRW is an acidic, alkalinity deficient industrial effluent. To provide buffer capacity for anaerobic 
digestion at neutral pH, a significant amount of alkalinity is required. This alkalinity requirement is 
the main operating cost of any AD-FTRW treatment system.  For this reason, the steady state 
alkalinity consumption of the AnMBR and AnPBR was evaluated. Figure 4.9 displays the Specific 
NaOH consumption for the 35 day steady state evaluation period. 
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Figure 4.8, AnMBR & AnPBR Specific Alkalinity Consumption vs. Time 
 
From Figure 4.9 it can be noted that the Specific NaOH consumption which reacts with CO2 to from 
HCO3- of the AnMBR is consistently lower than that of the AnPBR. The average for the AnMBR 
over the evaluation period is 0.067 kgNaOH/kgCODremoved (Table 4.2), which is nearly 30% lower 
than that observed in the AnPBR. The effluent NaOH concentration was also proven to be in the 
order of 25 % lower in the AnMBR. 
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4.6.3 Shock Loading Responses 
When a biological water treatment system undergoes a period of stress due to a shock load, the 
biological activity can decrease, particularly with the acidic FTRW which can depress reactor pH 
and cause acetoclastic methanogen inhibition. When this happens, the system needs to be operated at 
reduced OLR until the biomass activity recovers and a low effluent SCFA (< 150 mgAc/L) 
concentration is again achieved. During this ‘down-time’ the wastewater that cannot be treated needs 
to be stored or treated by another means, both having significant cost implications.  Shock loading 
responses of the AnMBR and AnPBR were therefore observed and compared. 
                                          [A]                                                                     [B] 
 
 
Figure 4.9: AnMBR [A] and AnPBR [B] shock loading responses. 
 
Shock loads were imposed on both systems after a period of steady state operation. Note the on-line 
control system was deactivated for this part of the study. The shock loads were introduced by 
increasing the feed flow rate to the reactor. In this overloaded state there is not enough active 
biomass to remove the SCFAs introduced by the FTRW in the feed. Thus an accumulation of SCFAs 
occurs in the reactor. If the SCFAs go above a maximum value - 800 mgAc/L in the AnMBR and 
1600 mgAc/L in the AnPBR – the pH decreases below 6.8 which has an inhibitory effect on the 
anaerobic biomass resulting in a reduction in activity. If this happens the flow rate to the reactor 
needs to be decreased or stopped completely, depending on the severity of the overload. This allows 
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time for the biomass to utilize the excess SCFAs which in turn increases the pH (and alkalinity). If 
after 24 hours, if the effluent SCFA is below the required minimum (150 mgAc/L), the OLR can be 
increased; if higher, it must be decreased. This procedure allows the system to recover from shock 
loads. Figures 4.10A & B show the shock loading responses of the AnMBR and AnPBR 
respectively. 
 
In both reactors the OLR overload was ~15 % of the steady state value, in the case of the AnMBR 
(day 604 to 605), a sharp increase in SCFAs was observed within the first 24 hours and the feed was 
stopped (Day 606). In the AnPBR (day 372 to day 374) the overload only became apparent after 48 
hours and the feed was immediately stopped (Day 374).  The SCFA increase in the AnMBR was 
significantly (60%) smaller than that of the AnPBR system and the recovery time of the AnMBR 
was 15 days compared to only 10 days for the AnPBR. 
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4.7 Closure 
 
Commissioning and nutrient problems caused an unnecessary initial lag in the start-up of the 
AnMBR. However, after the correct nutrients were added the OLR increased from 2 to the desired 
steady state value of 15 kgCOD/m3Vr/d in less than 4 months. This gave an indication of the start-up 
period of an un-adapted municipal anaerobic biomass to treat the very specific FTRW.  
 
From the nutrient optimization done after start-up it was found that N, P, S and Fe is of primary 
importance in the AD-FTRW system and should be dosed as macro nutrients. Yeast extract, Ca and 
Mg is of secondary importance and can be dosed as micro nutrients along with other micro nutrients 
as suggested by Du Preez (1987). 
 
In the membrane performance evaluation it was found that inorganic foulants can be removed by 
merely rinsing and back-flushing the membranes. However, for biological foulants, a chemical clean 
is required. Membrane life span was estimated at longer than 7 years, but conclusive results will 
require an investigation period significantly longer than the 680 days of this investigation. A critical 
flux of 4.3 L/m2/h was identified. At fluxes higher than the critical, biological cake layer formation 
cannot be controlled by biogas scour and excessively high TMPs (>1000 mmH2O) are required to 
maintain flux. The low critical flux observed in the AnMBR is probably due to the accumulation of 
extra cellular polymers and/or endogenous biomass in the MLSS due to the very long sludge ages (> 
500 d). However, conclusive evidence that supports this could not be found and thus requires further 
investigation. 
 
The AnMBR effluent is free of particulates and TSS compared with the AnPBR where 43 % of the 
effluent COD is in particulate form. Furthermore the total COD of the AnMBR is only 2% of the 
total effluent COD of the AnPBR at an OLR of 15 kgCOD/m3/d. This result would be a significantly 
reduced operating and capital cost for the downstream processing system of the AnMBR. The 
membranes act as a positive barrier retaining biomass in the AnMBR. Because of this and the long 
sludge age, the dead biomass in the reactor gets hydrolyzed and is reintroduced as substrate to be 
utilized by the anaerobic biomass (Chapter 5 and 6). This re-utilization of biomass results in a 30% 
lower sludge production - and hence sludge incineration cost - compared with the AnPBR. 
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The main operating cost in anaerobic systems treating acidic wastewater is the alkalinity dosing 
cost. Because of the high effluent SCFA and slightly higher reactor pH of the AnPBR, the alkalinity 
consumption of this system was 25% higher than that of the AnMBR under the same operating 
conditions. The AnPBR can handle significantly greater shock loads of the AnMBR (3 times higher) 
and also shows a 30% shorter recovery period before complete recovery (low effluent SCFA 
concentration). From an operational point of view it was also found that the AnPBR was far easier to 
operate and control than the AnMBR. Thus to avoid system upsets and loss of productivity an inline 
control system will be required to operate the AnMBR. 
 
The AnMBR study has indicates that a steady state design loading rate of 25 kgCOD/m3/d can be 
maintained, compared with 8 kgCOD/m3/d for the AnPBR. This implies a 3 times smaller reactor 
volume than required with the AnPBR for the same organic loading. This and the significant savings 
capital and main operating costs namely; alkalinity (25%), sludge incineration (30 %) and 
downstream processing (± 95%), indicates that the AnMBR might be a financially competitive 
treatment option for FTRW. This statement appears to be true, even in the light of high ultra 
filtration membrane costs and more complex control strategies. 
 
 
 
 
 


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5. Steady State Modeling 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
“The making of a mass balance is essential in the design of biological treatment systems in order 
to establish the necessary quantity of material inputs into systems, such as nutrients and oxygen, 
and to evaluate the resulting quantity of material outputs, such as waste biological sludge, carbon 
dioxide and methane. One of the easiest and most direct ways to begin a mass balance is to write a 
balanced stoichiometric equation for the overall reaction occurring in the system.”  
 
– Perry L. McCarty, 1974 
 
The aim of Chapter 5 is to develop a full conversion stoichiometric model for Anaerobic Digestion 
of Fischer-Tropsch Reaction Water (AD-FTRW). This full conversion stoichiometric AD-FTRW 
model will be calibrated on steady state data. The model, hereon forth referred to as the ‘steady state 
model’ will be generally applicable, in that it will be able to predict the process products formed 
from the anaerobic digestion of any biodegradable substrate of known composition. In this case, the 
biodegradable substrate will be FTRW, a highly acidic, low alkalinity, nutrient deficient 
petrochemical waste water.  The use of this model will be reactor design for  inter alia the prediction 
of (i) mixed liquor organic concentration (MLVSS) or reactor volume, (ii) reactor operational pH or 
alkalinity requirements, (iii) nutrient requirements and (iv) biogas production and composition.  
 
These model outputs are dependant on the reactor sludge age (Rs), organic loading rate (OLR, 
kgCOD/m3Vr/d), influent pH and the composition of the biodegradable organics (x, y and z in 
CxHyOz) in the wastewater.  The steady state AD-FTRW model is different from its steady state 
Anaerobic Digestion of Primary Sludge or Waste Activated Sludge (AD-PS/WAS) predecessors in a 
number of respects: (i) separation of sludge age and hydraulic retention time allowing solids 
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retention, (ii) influent comprising mostly SCFA with a (iii) low pH requiring alkalinity dosing to 
maintain a reactor pH >7.0, (iv) nutrients (N & P) required from an external source. 
 
Anaerobic digestion of organics requires a consortium of four organism groups, viz. (i) acidogens 
(Zad), which convert complex organics to glucose and then to acetic (Ac) and propionic acid (Pr), 
carbon dioxide (CO2) and hydrogen (H2), (ii) acetogens (Zac), which convert  propionic- to acetic 
acid and H2, (ii) acetoclastic methanogens (Zam), which convert acetic acid to CO2 and methane 
(CH4) and (iv) hydrogenotrophic methanogens (Zhm), which convert H2 and CO2 to CH4 and water 
(Mosey, 1983; Massé and Droste, 2000; Batstone et al., 2002; Sötemann et al., 2005).  A more 
detailed discussion on this stepwise decomposition of complex organics is presented in Appendix 
5.1.  
 
The two methanogenic groups are very sensitive to pH and so the acetogens and acetoclastic 
methanogens must utilize the Ac and Pr respectively as soon as they are produced to maintain a near 
neutral pH for optimal operation.  The hydrolysis/acidogenesis process mediated by the acidogens 
((i) above), is the slowest process in the system, so for sewage sludge high SCFA concentrations and 
therefore low pH, arise only under unstable and digester upset operating conditions caused by a 
shock load in organics, a rapid temperature fluctuation or an accumulation of an inhibitory metabolic 
intermediate such as dissolved hydrogen gas (H2(aq)).  A steady state AD-PS/WAS model, therefore 
need only consider the kinetics of this process (Vavilin et al., 2001) - the processes following 
hydrolysis/acidogenesis, being much more rapid (usually), can be accepted to reach completion.  
This implies that in stable sewage sludge anaerobic systems the intermediate products of the 
processes following after hydrolysis/acidogenesis such as SCFAs and H2, do not build up in the 
system and their concentrations are sufficiently low to be considered negligible.   
 
Consequently, in the full conversion stoichiometric anaerobic digestion model, the products of 
hydrolysis/acidogenesis can be dealt with stiochiometrically and converted to digester end products.  
In effect, it can be assumed that the hydrolysis/acidogenesis process generates directly the digester 
end-products biomass, CH4, CO2 and water (Appendix 5.2).  In conformity with this, the steady state 
AD-PS/WAS model of Sötemann et al. (2005) comprises three sequential parts: (i) a COD based 
kinetic part from which the influent COD concentration hydrolyzed, methane gas COD, biomass 
COD production and the effluent COD concentrations are determined for a given sludge age, (ii) a 
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C, H, O, N, charge and COD mass balance based stoichiometry part from which the gas production 
and composition (or partial pressure of CO2), ammonia released and alkalinity generated are 
calculated from the COD concentration hydrolyzed and its x, y, z and a composition in CxHyOzNa of 
the biodegradable organics, and (iii) a carbonate system weak/acid base chemistry part from which 
the pH of the digester is obtained from the partial pressure of CO2 and alkalinity generated. 
 
By assigning an average composition to the most prominent biodegradable organics in the feed 
(CxHyOzN), the metabolic end products including CO2, CH4 and biomass can be predicted (McCarty 
1974, Rodríguez et al., 2005, Sötemann et al., 2005). Unlike dynamic simulation anaerobic digestion 
models, steady state models cannot predict; inhibition, response to organic over-loading and digester 
failure, but steady state results correlate well with dynamic model predictions under steady flow, 
organic load and sludge age conditions. Steady state models are (i) more practical for design, 
because they allow reactor sizes to be simply calculated from specified system performance criteria 
in a spreadsheet and (ii) provide a basis for crosschecking for simulation model outputs and (iii) can 
generate consistent initial predictions for dynamic simulation models, such as biomass 
concentrations and reactor volumes (Brink et al., 2007). 
 
The steady state AD-FTRW model developed in this chapter is an extension of its predecessors to 
account for the high acidity, and alkalinity and nutrient deficiencies of the wastewater under study 
(FTRW). The model will be calibrated on a 35-day steady state experimental data set obtained from 
the lab-scale Anaerobic Membrane Reactor (AnMBR) treating synthetic Fischer-Tropsch Reaction 
Water (FTRW) as discussed in Chapter 4.  Ideally the steady state AD-FTRW model should have 
been validated against a second steady state experimental dataset collected on the AnMBR, but due 
to the extremely long sludge ages required to maintain a high enough MLSS for membrane 
performance, complete steady state was virtually impossible to achieve, as will be seen later. 
Because of this, the calibrated model’s outputs will be validated against two 200-day dynamic flow 
and load datasets, one from the AnMBR and the other from an Anaerobic Packed Bed Reactor 
(AnPBR). The aim of evaluating the steady state AD-FTRW model’s predictions against “non-
steady” experimental data is to highlight the strengths and possible shortcomings of the model. Both 
AnMBR and AnPBR systems treated the same feed (synthetic FTRW) under mesophillic (37oC) 
conditions (Section 3.5). 
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5.1 Steady State Model Development 
 
The steady state AD-FTRW model will be developed in 3 parts: (i) a kinetic part in which the 
fraction of the organics entering the system that ends up as biomass (E) is estimated by means of a 
COD mass balance over the system; (ii) a stoichiometric part which links the E value calculated in 
the kinetic part to the catabolic and anabolic pathways followed in anaerobic digestion and (iii) a 
Weak Acid/Base Aqueous Chemistry (WABC) part based on the carbonate system to calculate 
reactor pH. 
5.1.1 Kinetic Part  
In steady state models the organism growth process is governed by the slowest step in the sequence.  
For sewage sludge digestion, this was the hydrolysis/acidogenesis step.  With FTRW, all the influent 
organics are readily biodegradable and do not require hydrolysis.  The rate of utilization is therefore 
very fast, especially at long sludge ages, which will be required to provide bio-process stability and 
capacity to absorb small variations in Organic Loading Rates (OLR).  The rapid rate of utilization 
will result in virtually complete consumption of influent organics, which was in fact observed to be 
the case in the experimental AnMBR (99.8% COD removal) (Section 4.6.1).  It can therefore be 
assumed that all the influent organics are completely utilized by three groups of anaerobic 
organisms, acetogens (Zac), acetoclastic methanogens (Zam), and hydrogenotrophic methanogens 
(Zhm), with the result that kinetics of the growth processes are not required in the steady state model 
– they can be assumed to be instantaneous. The effluent COD concentration (Sbe) will be assumed 
zero for this steady state AD-FTRW model. 
 
The three groups of organisms undergo endogenous respiration in the reactor. This endogenous 
process generates biodegradable particulate organics (Sbp) which will undergo hydrolysis/ 
acidogenesis (Zad) to produce acetic acid and hydrogen.  So while no acidogens grow from the 
influent organics, they will nevertheless be part of the biocenosis, and undergo endogenous 
respiration themselves also.  Because the endogenous process is very slow ~0.04/d for all four 
organism groups, the acidogens will be a small proportion of the total biomass.  Even though the rate 
of hydrolysis of biomass complex organics is slow compared with the growth rate, the generation 
rate of these organics by endogenous respiration is much slower than hydrolysis, i.e. the endogenous 
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respiration rate (b) is the rate limiting step in endogenous-hydrolysis process sequence. Therefore, 
only the endogenous respiration rate (b) needs to be considered in the steady state model.  
 
In the interests of keeping the steady state model simple, only a single anaerobic organism will be 
modeled representing all four organism groups.  The yield coefficient of this representative organism 
(YAR) will be close to the yield of the acetoclastic methanogens (0.04 gCODbiomass/gCODutilized), 
which will dominate the biocenosis due to the high proportion of acetic acid in the influent (~50%) 
and relative to the acetoclastic methanogens, the hydrogenotrophic methanogens have a low yield 
value and the acidogens have a high yield value. Starting from YAR = 0.04 gCODbiomass/gCODutilized, 
this value will be calibrated against the steady state experimental data  
 
With sewage sludge digestion, the effluent COD concentration is mostly particulate unbiodegradable 
organics (~35% of influent COD) and biomass.  Endogenous residue generation, which is negligible 
compared with the particulate unbiodegradable organics, could therefore be ignored by Sötemann et 
al. (2005).  However, for completely biodegradable organics and the long sludge age at which the 
AnMBR operates, endogenous residue generation becomes significant and no longer can be regarded 
a negligible part of the reactor VSS concentration, particularly with low growth yield values of the 
anaerobic biomass.  Thus, endogenous residue accumulation needs to be included in the AnMBR 
model to predict the sludge production accurately.  The endogenous respiration rates of the four 
anaerobic organisms are quite similar (~0.04/d) so an average value of 0.0377/d (bAR) will be used 
for the representative anaerobic organism in the steady state model (Sötemann et al., 2005).  The 
unbiodegradable fraction of the biomass (fAR) was taken as 0.08 from activated sludge models (Dold 
et al., 1980).  
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Figure 5.1, AnMBR Steady State Mass Balance 
 
Applying the above considerations in a COD balance over the AnMBR (Appendix 5.3) at a defined 
sludge age (RS), established hydraulically by a waste flow rate (QW = Vr/RS) directly from the 
reactor (Figure 5.1), the following kinetic model equations are obtained:  
 
( )
( )( )( )1 1 1
AR bi be s
AR
AR s AR AR h
Y S S R
Z
b R Y f R
−
=
+ − −
                           (5.1) 
 
ER AR AR s ARZ f b RZ=                            (5.2) 
 
( )
( )( )( )
(1 )
1 1 1
AR bi be s AR AR s
VSS AR ER
AR s AR AR h
Y S S R f b R
Z Z Z
b R Y f R
− +
= + =
+ − −
                           (5.3) 
 
( ) ( )
( )( )( )
1 1
1 1 1
AR AR s
m
AR s AR AR
Y b R
S
b R Y f
− +
=
+ − −
                           (5.4) 
Where 
ZAR = representative active organism concentration  [gCOD/Lreactor] 
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YAR = yield coefficient of the active  
organism concentration = 0.04 (provisionally) [gCODbiomass/gCODutilized] 
bAR = representative active organism  
endogenous respiration rate = 0.038   [1/d] 
fAR = unbiodegradable fraction of  
representative active organism = 0.08 
ZER = endogenous residue concentration    [gCOD/Lreactor] 
Sbi = influent COD concentration    [gCOD/Linfluent]  
Sbe = effluent COD concentration =0    [gCOD/Leffluent] 
RS  = sludge age (=Vr/Qw)     [d] 
Rh = hydraulic retention time (=Vr/Qi)    [d] 
Vr = reactor volume      [L] 
ZVSS = reactor organic suspended solids concentration  [gCOD/Lreactor] 
Sm = methane production     [gCOD/Linfluent]  
 
The reactor suspended solids COD concentration (ZVSS, gCOD/L Eq 5.3) and the methane gas Eq 5.4 
and sludge (Eq 5.3*Qw) production as a % of the influent COD (Sbi) are plotted versus sludge age for 
an OLR (= Qi Sbi/Vr) of 15kgCOD/m3/d in Figure 5.2, where Qi is the influent flow rate and Vr the 
volume of the membrane reactor.  It can be seen that (i) a very high proportion of influent COD is 
converted to methane (>98% for sludge age > 40d), (ii) this percentage increases with sludge age 
(due to endogenous respiration of biomass) and is 99% at 80d sludge age with the result that (iii) the 
sludge production is very low, i.e. 100-99 = 1% of influent COD mass at 80d sludge age and (iv) the 
reactor solids COD concentration increases with sludge age and >12 gTSS/L required for membrane 
scour for sludge ages longer than 60d.  If the OLR is increased to 25 kgCOD/m3/d, the reactor 
concentration exceeds 15gCOD/L for >50d sludge age.  Long sludge ages, high reactor solids 
concentration for membrane scour and high % influent COD conversion to methane work together in 
the AnMBR system.      
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Figure 5.2: Reactor solids COD concentration 
and % influent COD converted to methane (1-E) 
versus sludge for the AnMBR system.    
 
The net proportion (E) of the influent biodegradable 
organics load [Qi (Sbi-Sbe)] that remains as sludge 
mass and is harvested daily from the reactor to 
maintain the sludge age [Qw (ZAR+ZER)] can be 
calculated from Eq 5.3. From Figure 5.2, it can be 
seen that this E value decreases as sludge age increases. From Eq 5.3,    
 
( )
( )
( )
( )( )( )
1 . .
1 . . 1 1
w AR ER AR AR AR s
i bi be AR s AR AR
Q Z Z Y f b R
E Q S S b R Y f
+ +
= =
− + − −
                                                                     (5.5)
     
The link between the reactor MLSS (kgTSS/m3 or gTSS/L), reactor volume (Vr, m3), sludge age (Rs, 
d) and influent flow and load is given by combining Eqs 5.3 and Eq 5.5, viz. 
 
( ) ( ). . . . .
. . . .
AR ER i bi be s s
cv i r cv i cv i
Z Z Q S S E R OLR E R
MLSS f f V f f f f
+ −
= = =        [gTSS/L]                                         (5.6) 
 
where   
fcv  = COD/VSS ratio of the sludge in the reactor and  [gCOD/gVSS] 
fi  = VSS/TSS ratio of the sludge in the reactor  [gVSS/gTSS] 
OLR = Organic Loading Rate     [kgCOD/m3Vr/d] 
 
Both COD/VSS and VSS/TSS ratios were measured on the experimental AnMBR system and were 
fcv = 1.53 and fi = 0.78. While the former (fcv) is close to the value accepted for activated sludge 
(1.48), the latter (fi) seems unexpectedly low for a purely biodegradable organic feed – fi values for 
activated sludge fed pure organic substrates are around 0.90. Possibly the low fi value is due to the 
municipal anaerobic digester sludge used for seeding of the experimental AnMBR, which had a 
fairly large ISS component. Thus because of the large initial ISS concentration, which combined 
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with the extremely long sludge ages in the AnMBR, resulted that the ISS was not fully harvested 
from the AnMBR by the time the steady state experimental investigation was commenced.  
 
The nitrogen for sludge production (growth) can also be determined from Eq 5.3. With the N content 
of the VSS in the reactor (fn) known from measurement (0.11 gN/gVSS – also close to 0.10 
measured on activated sludge), the minimum N concentration in the influent required for sludge 
production (Ns) [mgN/L] is given by 
 
( )r VSS ns n bi be
cv s i cv
V Z fN f S Sf R Q f= = −   [mgN/L]                        (5.7) 
   
Where fn = TKN/VSS ratio of the sludge [gN/gVSS]. However, usually a back ground (non-utilized) 
ammonia concentration (Nb) is required so the ammonia dosed Nd = Ns + Nb [mgN/L], Eq 4.1 as 
discussed in Section 4.3. 
5.1.2 Stoichiometry 
The stoichiometry of anaerobic digestion is a combination of the anabolic and catabolic pathways 
and a mass and charge balance on the various cations and anions entering and exiting the system. 
The influent substrate, generically defined as CxHyOz for undissociated FTRW organics and CxHy-
1Oz- for dissociated organics are converted to methane and carbon dioxide (both dissolved, HCO3- 
and gaseous, CO2) and biomass with a general composition of CkHlOmNn.  Because sludge 
production is so low, the precise values of k, l, m and n for the biomass are not required so the 
commonly accepted ones are applied, viz. C5H7O2N.  A more detailed explanation on how the steady 
state model was developed is presented in Appendix 5.4. The C, H, O, N, COD mass and charge 
balanced relationship between a completely biodegradable substrate with urea as nitrogen source and 
OH- dosing for pH control and the metabolic end products of anaerobic digestion is: 
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                                 (5.8) 
Where 
Ds  = 4x + y - 2z = electron donating  
capacity of the influent organics CxHyOz    [e-/molsubstrate] 
Db = 4k+l-2m-3n electron donating  
capacity of the biomass CkHlOmNn    [e-/molbiomass] 
b  = moles urea dosed for nitrogen requirements  [mol/L] 
d  = moles OH- dosed for pH control, i.e.  
alkalinity [HCO3-] increase.     [mol/L] 
F  = proportion of influent SCFAs  
in dissociated (ionized) form.    [-] 
 
From Eq 5.8 it can be noted that the proportion dissociated SCFAs (F), the urea dose (b) and of 
course the hydroxide dose (d) all generate alkalinity (HCO3-), which help to control the pH of the 
reactor.  The F value is governed by the pH of the influent FTRW and the dissociation constant of 
the SCFAs (pKax), viz.,   
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H
−
−
−
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+    
+   +  
   
 
                         (5.9) 
 
From Eqs 5.3 and 5.8 the reactor COD solids concentration and methane production can be 
calculated and should be very closely equal. Also from Eqs 5.7 and 5.8, the nitrogen requirements 
for sludge production (the b value to keep a positive ammonia concentration in the effluent) can be 
calculated and should be closely similar to Ns, provided the b value in Eq 5.8 is set to give a zero 
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effluent ammonia concentration. Usually a background ammonia concentration (Nb) is required in 
the reactor for non-limited growth – this need to be added to the NS of Eq 5.7. In Eq 5.8, the b value 
is selected to give the required background ammonia concentration because of its affect on alkalinity 
generation. Based on the assumption that the phosphate (as P) requirements is 20% of the nitrogen 
requirements (McCarty 1975), the P requirements also can be estimated. However, to calculate the 
operational pH and alkalinity requirements, the weak acid base chemistry of the P system need not 
be considered because its influence is negligible compared with the organic carbon system 
5.1.3 Weak Acid Base Aqueous Chemistry   
The weak acid base chemistry for the AnMBR is more complex than for anaerobic digestion of 
sewage sludge described in previous models because a base (NaOH) needs to be dosed externally to 
keep the reactor pH >7.0. The optimum pH for anaerobic digestion is bet een 6.5 and 8 (Capri and 
Marais, 1974) but the lower the pH, the lower the alkalinity, the closer to failure and the shorter the 
time for corrective action.  The calculation of the base dose (NaOH) for pH control in alkalinity 
deficient systems is very important because base dosing is one of the main operating costs.  The pH 
calculation is based on the inorganic carbon weak acid base system, taking into account the 
alkalinity (HCO3-) and partial pressure of CO2 in the reactor head space (PCO2, and so also in the 
liquid), generated by the stoichiometry of the anaerobic process (Eqs 5.8 and 5.9).  The reactor pH 
can be calculated by doing an inorganic carbon mass balance over the system.  In the pH range 
optimal for anaerobic digestion (6.8-7.5), 90% of the inorganic carbon (Ct) is in the HCO3- form and 
since the pH calculation is fairly insensitive to the inorganic carbon calculation: 
 
Ct  ≈ [HCO3-]Total =  [HCO3-]AD   -  [HCO3-]SCFA    [mol/L]               (5.10)
             
Where 
[HCO3-]AD  = bicarbonate produced in (i) the anaerobic digestion  
of the dissociated SCFAs (F.CxH(y-1)Oz, Eq 5.8, HCO3-Inf),  
the (ii) hydrolysis of urea (b.CO(NH2)2, Eq 5.8, HCO3-Urea)  
to NH4+ and (iii) hydroxide dosing  
(d.OH-, Eq 5.8, HCO3-Alk)     [mol/L] 
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At pH < 8.3    H2CO3 + OH-→HCO3-+H2O                          (5.11) 
 
[HCO3-]SCFA  = alkalinity consumed by the  
undigested (effluent) SCFAs i.e.    [mol/L] 
 
At pH > 6.5 CH3COOH + HCO3-SCFA → CH3COO- + H2O + CO2SCFA                         (5.12) 
 
The unutilized SCFA concentration in the effluent is not given by the steady state model. The dosing 
required to neutralize this concentration is an operation control issue, because this concentration can 
vary hour by hour depending on the operational conditions at the time. The unutilized SCFA 
concentration in the effluent from the laboratory AnMBR, which was operated as close as possible to 
constant flow and load conditions, was 156±19 mgAc/L.  
 
The carbon dioxide partial pressure (PCO2) in atmospheres in the reactor head space and therefore 
also the liquid, is the moles of CO2 in the biogas (Eqs 5.8 & 5.12) as a fraction of the total moles of 
biogas (CH4+CO2) produced: 
 
( )
( )
2( ) 2 2
2
2( ) 4( ) 2 2 4
g AD SCFA
CO
g g AD SCFA AD
CO CO CO
P
CO CH CO CO CH
+
= =
+ + +
                        (5.13) 
Where 
CO2AD      = Gaseous carbon dioxide produced  
by anaerobic digestion (Eq 5.8)    [mol/L] 
CO2SCFA  = Gaseous carbon dioxide produced  
by SCFA dissociation (Eq 5.12)    [mol/L] 
CH4AD    = Methane produced by anaerobic digestion (Eq 5.8) [mol/L] 
 
 
With Ct (i.e. [HCO3-]Total  in moles/L) and PCO2 known (in atm), the reactor pH can be calculated 
from the inorganic carbon weak acid base system, and is given by: 
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                                                   (5.14) 
Where 
K’c1   = H2CO2/HCO3- carbonate dissociation constant (10-pKc1) 
K’c2   = HCO3-/CO32- carbonate dissociation constant (10-pKc2) 
K’h    = Henry’s law constant 
[HCO3-]Total  = total inorganic carbon (Eq 5.10)   [mol/L] 
PCO2   = carbon dioxide partial pressure   [atm] 
pHreactor  = predicted reactor pH    [-] 
 
Note the dissociation constants for the carbonate system and Henry’s law (Kc1’, Kc2’ and Kh’) have 
been adjusted for ionic activity as described by (Loewnethal et al., 1987). A detail discussion on the 
derivation of Eq 5.14 is presented in Appendix 5.5. 
5.1.4 Statistical Methods 
To evaluate how well the model predicts the experimental data, some statistical method of 
comparison was required. The first method considered was comparing the average and 95% 
confidence interval of the experimental and model predicted data. The observed data (for both the 
model and the experimental) is distributed around a mean, the 95% confidence interval (CI95%) is 
that interval which encloses 95% of the variance in the data (squares in Figure 5.3 A, B and C). 
                                [A]                                          [B]                                           [C] 
 
Figure 5.3, Average and CI95% of ‘Measured [A]’, ‘Predicted[B]’ and ‘Time Skewed Data[C]’ 
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The average and CI95% of the Figure 5.3 A, B and C is 50±47, 50±37 and 70±?? respectively. From 
this imaginary predicted and time skewed experimental data sets it can be seen that the method only 
gives an sufficient description of the model fit if the data is normally distributed and does not show 
variance with time (time skewed data). Because of the nature of the data to which the model will be 
fitted to i.e. time varied (example start-up) data, the CI95% method is probably not the ideal method 
of comparison. 
 
The second statistical method that was evaluated is the traditional coefficient of determination (R2) 
method (Wadsworth, 1998). This was calculated in the traditional method (R2=SSer/(SSer+SSreg) 
from the regression sum of squares (SSreg) and the sum of squared errors (SSer). However, when this 
technique was applied to the data very low (<0.5) R2 values were typically obtained, even when 
there was a visibly good fit, if the predicted and experimental values were compared graphically. 
The reason for this was found in the definition of the coefficient of determination method, which 
evaluates the amount of variance in the experimental data that is described by the model. This makes 
the R2 method very sensitive to random scatter (noise) in experimental data. Because of the fairly 
large errors in the experimental methods (COD ±5%, VFA-5pt ±5%, TSS/VSS ±10% and TKN/FSA 
±10%) it was thus decided that the coefficient of determination was probably not the best method to 
validate the model fit. 
 
The following method was found to best present the model’s correlation to the experimental 
measurements. Firstly, the absolute error between the experimental (yj) and the model (fj) 
predications were expressed as a percentage of the experimental observation (Eq 5.15), viz.  
( )2 100
%
j j
j
j
f y
Err
y
 
− 
 
=                                       (5.15) 
 
This then yields an array of relative errors independent of time varied data. To eliminate outliers 
(possibly due to experimental error), the 90 and 50 percentile values will be used to describe the 
model fit to the experimental values. It should be emphasized that this method is still sensitive to the 
accuracy of the experimental methods, but appears far less sensitive to random scatter (noise) than 
the R2 method, due to the scatter being proportional to the magnitude of the parameter being 
measured. To give the reader a tangible method of comparison, the experimental average, model 
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predicted average and the 90 percentile (P90) and 50 percentile (P50) of the %Err value will be 
presented. Note if the dataset is time skewed, the average will be presented with a superscript S 
(example; Avg Alkalinity = 2400S mgCaCO3/L). 
 
5.2 Model Calibration 
The stoichiometric model developed for the anaerobic digestion of FTRW was calibrated against 
data measured on the AnMBR. The dataset spanned from day 572 to 606 of the experimental period. 
Over this period the AnMBR was operated at an OLR of ± 15 kgCOD/m3Vr/d, with three membranes 
and operational fluxes below critical (i.e. normal operating conditions). Because of the extremely 
long sludge ages at which the AnMBR operates(> 100 days) and the large amount of parameters that 
have an effect on the system performance, a true steady state (constant OLR for > 3 sludge ages) 
could never be attained. However, the average sludge age over the 300 day period before the steady 
state investigation was estimated from the measured daily waste flow rate (Qw) and reactor volume 
(Vr), which varied somewhat with the flux through the membranes, at ~ 200 days. 10 days before 
day 572 the sludge age was specifically controlled to this value (200 days) for the constant OLR (15 
kgCOD/m3Vr/d ). Thus it will be assumed that the system was at virtual steady state.  
 
Although one of the underlying assumptions of this steady state anaerobic digestion model is that the 
biodegradable substrate is all utilized (Sbe = 0), in order to calibrate the representative organism mass 
yield value (YAR) correctly, the effluent COD concentration will be subtracted to give the COD 
utilized in the system. Thus for model calibration Sbe was used as an input parameter obtained from 
the experimental data obtained from the AnMBR, viz. 
 
( )b utilized bi beS S S= −                              (5.16) 
 
The model was calibrated by changing the yield value (YAR) of the representative anaerobic 
organism until an optimal fit to the measured data was obtained. A COD, N and C balance could be 
done on the system because the COD entering the system and the COD exiting is known (assuming 
sludge is C5H7O2N), likewise the N and C. If these balances do not close (not 100%), then the 
margin of error in the calibration will be greater. Table 5.1 shows the COD, C and N mass balance 
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that was done on the experimental dataset. It can be noted that the COD and N balance was fairly 
low (83% and 88%) and calibration on this data would probably yield unreliable model parameters. 
However, the C balance was very good (99%). 
 
Table 5.1, Average COD, C & N Mass Balance Day 572-606 
  
Influent Biogas Waste Effluent 
Mass 
Balance [%] 
COD [mgCOD/L] 344.4 278.2 2.8 3.5 82.6 
C [mol/L] 9.4 8.3 0.087 0.89 98.9 
N [mol/L] 0.082 0.000 0.017 0.055 87.9 
 
The F, x, y and z values for the synthetic FTRW were 0.091, 2.76, 5.61 and 1.97 respectively. A 
possible reason for the low COD balance is preferential escape of methane through the membranes. 
Being a smaller molecule than CO2, it is possible that methane gas selectively passes through the 
membranes. The escape of some gas bubbles via the effluent manifold was observed on the AnMBR. 
However to account for the COD shortfall (60 gCOD/d), some 21 LCH4/d is required to have 
escaped, which would reduce the carbon balance by 0.9 mol carbon or ~10%. This is too high in 
relation to the good C balance which was very close to 100% (98.9). Secondly, dissolved methane 
escaping in the effluent could also not account for the loss in COD since the saturation point is ~100 
mgCH4/L, this would amount to less than 2 gCOD/d. The third option might be high COD-low 
carbon EPS in the biomass, but this would have been detected in the COD tests done on the waste 
sludge which was conducted on a regular basis. It was therefore concluded that the low COD 
balance, but accurate carbon balance was due to the methane fraction in the biogas measured too low 
by the gas chromatograph (GC1) on which it was analyzed.  
 
Because the C balance was close to 100%, it was decided to calibrate the steady state AD-FTRW 
model against the carbon instead of the COD data. The method used to observe the model’s fit to the 
experimental data was done in much the same manner as discussed in Section 5.1.4. This was done 
by observing how the % Error between the predicted and experimental (i) biogas, (ii) biomass and 
(iii) effluent carbon compared with change in YAR .  
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( )2 100
%
Exp SS
Exp
x x
Err
x
 
− 
 
=                            (5.17) 
Where 
xExp = Actual experimental measurement 
xSS = Corresponding steady state model prediction varying with a variation in YAR 
 
The average sludge age and OLR of the 35 day steady state period was 195 days and 15 
kgCOD/m3Vr/d respectively, these values were used as input for the steady state AD-FTRW model. 
The YAR was then varied and the predicted carbon exiting the system as (i) biogas, (ii) biomass and 
(iii) bicarbonate (HCO3-) in the effluent in relation to the actual measured carbon exiting the 
experimental system and  was compared via Eq 5.17 (Figure 5.4 A, Figure 5.4 B being a 
magnification of the square in Figure A). 
 
                     [A]           [B] 
 
Figure 5.4, % Squared Error for Predicted & Actual Carbon vs. Yield 
 
It was found that the initial yield of 0.04 [gCOD/gCOD] (acetoclastic methanogenesis) had to be 
increased by 10% to 0.044 [gCOD/gCOD] to give a                      
best fit to the experimental data. This was indicated by the minimum in the Total Error in Figure 
5.4B which is the sum of the errors between the experimental and predicted values for (i) biogas, (ii) 
biomass and (iii) effluent carbon. This technique ensures that one parameter, like biogas prediction, 
is not preferentially calibrated which might negatively affect the estimations of effluent and biomass 
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carbon predictions. The death rates for most anaerobic organisms are quite similar so this value was 
kept constant at bAR = 0.0377 [/d]. Furthermore, it was assumed that the un-biodegradable particulate 
fraction of the representative organism mass is the same as that of activated sludge; f = 0.08 (Dold et 
al., 1980). A graphical presentation of the calibrated predictions and measured data is given in 
Figure 5.5 to 5.9. 
0.00
50.00
100.00
150.00
200.00
250.00
300.00
350.00
572 574 576 578 580 582 584 586 588 590 592 594 596 598 600 602 604 606
Time [days]
Bi
o
ga
s 
Pr
o
du
ct
io
n
 
[l/d
]
Predicted
Actual
 
Figure 5.5, Predicted & Actual Biogas vs. Time 
 
A good correlation between the predicted and actual biogas production was observed for the entire 
steady state test period (Figure 5.5). The measured and predicted averages were 210 L/d and 212 L/d 
respectively with 90% of the model predictions showing less than 6% variance form the 
experimental measurements (P90 = 6%) and 50% of the model predictions showing less than 1.7% 
variance from the experimental (P50 = 1.7 %). The coefficient of determination for this dataset was 
calculated at R2 = 0.54, implying that the model does not fit the experimental very well (ideally R2 > 
0.85). On the other hand, visually and there are a relatively good fit and low P90 and P50 also 
implying a good fit. This highlights the problems with using the coefficient of determination to 
evaluate the model performance compared to visual and the error percentile method. If the biogas 
composition predicted by the model is compared to biogas samples analyzed with the gas 
chromatograph (GC1) it can be noted that the model predictions are consistently higher than the 
measured by about 10% (Figure 5.6): 
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Figure 5.6: Predicted and Actual Biogas Methane Fraction vs. Time 
The average measured and predicted methane fractions were 52.3 and 63 respectively with P90 = 
26% and P50 = 20%. Thus the experimental analysis was consistently low by 10% (Figure 5.6). This 
difference in the predicted and actual methane fraction of the biogas adds weight to the argument of 
low GC results.  
 
Figure 5.7: Predicted & Actual Alkalinity vs. Time 
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The predicted and measured (H2CO3*) Alkalinity is shown in Figure 5.7. The model predicts the 
measured data quite well, the average measured and predicted alkalinities are 2288 mgCaCO3/L and 
2198 mgCaCO3/L (P90 = 18% & P50 = 5%). If no biological utilization of the organics in the FTRW 
stream took place ~10 000 mgCaCO3/L alkalinity or ~6.7 gNaOH/L would have been required for 
neutralization to a pH of 7. The alkalinity dosed (~1000 mg/L as CaCO3) is therefore only about 
10% of the FTRW neutralization demand because the anaerobic biomass utilize the acid 
(undissociated) form of the SCFAs. 
 
The contributors to the alkalinity in the AnMBR are (i) hydroxide dosed, (ii) urea dosed and (iii) 
FTRW influent alkalinity (Section 5.1.3). These contribute 57%, 38% and 5% to the total alkalinity 
respectively. It can be seen that the OH dose is the largest contributor (Figure 5.7 Alk-OH), but the 
influent alkalinity (Alk-AD) despite the pH being 3.77, is not insignificant and cannot be ignored to 
predict the reactor pH correctly. The increase in OH dosing from day 596 onwards shows how 
sensitive the system is to the amount of hydroxide dosed. Since the influent alkalinity and the 
amount of urea in the feed remains virtually constant, it is the OH dosing that is the most sensitive 
contributor to reactor alkalinity. Interestingly urea decomposition to form NH4+ also adds a 
significant amount of alkalinity (~120 mgCaCO3/L) and thus cannot be ignored, hence the inclusion 
of urea decomposition in Eq 5.8.  
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Figure 5.8, Predicted & Actual pH vs. Time 
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Because of the slight under-prediction of the alkalinity, the predicted pH is also slightly lower than 
the actual (Figure 5.8). The measured and predicted averages are 7.01 and 6.99 respectively with P90 
= 0.3% and P50 = 0.1%. If the alkalinity measured in the 5-pt titration and the CO2 partial pressure 
measured on the gas chromatograph is used in Eq 5.14, the pH is predicted consistently low at 6.89. 
However if the experimental PCO2 is substituted for the PCO2 calculated from the COD balance (Eq 
5.13), the model predicts the pH accurately. This further ads weight to the questionable gas 
chromatograph measurements as discussed in earlier in Section 5.2.  
 
The sludge age (Figure 5.9A) was calculated from the measured volume of biomass wasted per day 
from the AnMBR divided into the actual operational volume of that day (Rs = Vr/Qw), as was 
discussed in detail in Section 3.3. 
                                                  [A]                                                           [B]
  
Figure 5.9, AnMBR Sludge Age [A] and Predicted and Actual MLSS [B] vs. Time 
 
The predicted and measured reactor TSS is shown in Figure 5.9B. The predicted reactor TSS 
concentration show significantly more variance that those measured. The predicted and measured 
averages are 20gTSS/L and 19.84 gTSS/L with P90 = 22% and P50 = 11%, implying a large amount 
of variance in the data even though the averages are statistically similar. Because of the long sludge 
age and its significant variation over a wide range, resulting from controlling reactor concentration at 
~20 gTSS/L and not sludge age, the MLSS concentration is not strongly dependant on the chosen 
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yield and death rates. Thus it appears that the generic C5H7O2N biomass composition correlates to 
within the margin of experimental error. If Figure 5.9A and B are compared it can be seen that – for 
a constant OLR (in this case 15 kgCOD/m3Vr/d) – the reactor MLSS is directly proportional to the 
sludge age. Table 5.2 gives a summary of the results obtained in the model calibration: 
 
Table 5.2, Stoichiometric Model Calibration  
Comparison 
Predicted 
Average 
Actual 
Average 
P90 
[%] 
COD Balance 
  93   
COD/VSS 
  1.53   
VSS/TSS 
  0.78   
TKN/VSS 
  0.11   
Sludge Age [days] 195* 195   
Nitrogen Requirements [mgN/L] 17 16.6 40 
Biogas Production [L/d] 212 210 6.0 
CH4 Fraction [%] 63 52 26 
Alkalinity [mgCaCO3/L 2125 2288 18 
pH 6.99 7.01 0.30 
MLSS [gTSS/L] 20 19.8 22.0 
                           * Per definition same as measured 
 
Note: since the steady state AD-FTRW over-predicts the sludge production (slightly by ~1%) there 
is a corresponding over-prediction in the nitrogen requirements for biomass growth. 
5.3 Model Sensitivity Analysis 
The next step in the development of the steady state AD-FTRW model is to investigate how 
sensitive the model predictions are in relation to input parameters. The two parameters chosen for 
this investigation was the sludge age (Rs) and the representative organism yield (YAR). Output 
parameters; (i) CO2 partial pressure (PCO2), (ii) biogas production (Qg), (iii) alkalinity, (iv) pH and 
also the (v) daily biomass production will be evaluated. How these output parameters vary with a 
10% increase or decrease in the sludge age or yield will also be investigated. 
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5.3.1 Sludge Age Sensitivity 
For the sludge age sensitivity analysis the yield was kept constant (YAR = 0.044, Section 5.2) and the 
sludge age was varied from 50 days to 400 days for a constant (i) OLR = 15 kgCOD/m3Vr/d, (ii) urea 
dosage (180 mg/L) and (iii) NaOH dosage (1127 mg/L). Figure 5.10A and B show the difference in 
PCO2 and gas production if the sludge age were 10% longer or 10% shorter than the indicated sludge 
age. 
                                      [A]                                                                 [B] 
 
Figure 5.10, Model Sensitivity to Variation in Sludge Age for PCO2 [A] and Gas Production [B] 
Figure 5.10A shows that there is a slight increase in the CO2 partial pressure as the sludge age 
increases and a 10% error in the sludge age makes a negligible difference to the PCO2 value. Similar 
results are obtained for biogas production, since the longer the sludge age the more complete the 
hydrolysis process will be, resulting in an increased biogas production (Figure 5.10B). A ±10% 
change in sludge age results in less than 0.1% change in both the gas production and CO2 partial 
pressure, emphasizing the insensitivity of these parameters to small errors in sludge age. Error in 
sludge age is therefore not a cause for model predictions deviating from the measured results for 
PCO2 and gas production. 
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                                                 [A]                                                                 [B] 
 
Figure 5.11, Model Sensitivity to Variation in Sludge Age for Alkalinity [A] & Reactor pH [B] 
 
Figure 5.11A shows as the sludge age increases the alkalinity production in the system also increases 
and that an error of ±10% on sludge age makes a negligible difference to the alkalinity and reactor 
pH. Over the observational range (50-400 days) small (3%) increase in alkalinity was observed with 
sludge age varied from 50 to 400 days. Similarly a slight increase in the pH was also observed 
(Figure 5.11B). Again a 10% increase or decrease of the sludge age has a small (<0.1%) effect on 
the alkalinity and pH predictions. Again, error in sludge age is not a cause for model predictions 
deviating from the measured results for alkalinity and reactor pH. 
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Figure 5.12, Model Sensitivity to Variation in Sludge Age for Sludge Production 
 
Figure 5.12 shows the daily sludge production as a function of sludge age as well as the difference 
for a ±10% error in the sludge age. The daily sludge production is calculated by dividing the mass of 
biomass in the system (MXt) by the sludge age (Rs). The daily sludge production decreases with an 
increase in sludge age. This is to be expected because the endogenous process results in increased 
biomass digestion as sludge age increases. Thus the increased utilization of biomass particulates 
results in a decrease in the total particulate mass (MXt) in the system. The daily sludge production 
shows a large change with change in sludge age, on average a 5% over/under estimation was 
observed for a ±10 % change in sludge age. Although the change is dampened to half the change in 
sludge age, the change is 50 times higher than for the PCO2, gas production, alkalinity and pH 
considered above. Error in sludge age therefore is a cause for model predictions deviating from the 
measured results for sludge production and by direct link also the MLSS concentration. 
 
From Section 5.2 and 3 it can be concluded that the output predicted least accurately by the steady 
state AD-FTRW model is the reactor MLSS and correspondingly system nitrogen requirements. 
Possible reasons for this include: 
 
• Since the AnMBR is a variable volume system, daily readings of the reactor volume (Vr) and 
wastage (Qw) was taken. This was then used to calculate the sludge age (Rs = Vr/Qw). The 
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reactor volume could only be estimated accurately to 1 litre, which implies that errors as 
large as 1/23 ~ 5% were not completely unlikely in sludge age estimations.  
 
• Secondly the AnMBR was operated by controlling the MLSS concentration for optimal 
membrane performance (i.e. wasting to control concentration) and sludge age was merely a 
response to this. This implied that the sludge age varied significantly over short periods of 
time under normal operating conditions, which is not ideal for model calibration. 
 
• Thirdly, the experimental MLSS measurements show a large variance (noise) of ± 10%. Thus 
even if the steady state model were 100% accurate, MLSS measurements would still show a 
±10% variance. 
 
• Finally, only ~ 1% of the daily COD load adds to the MLSS. Traditionally the calibration of 
bioreactor models on such a small parameter has proven cumbersome (example AS models 
calibrated on effluent COD where Ste/Sti < 5%) 
 
From the abovementioned it can be concluded that the variance observed in the predicted and actual 
MLSS (and N requirements) is a response to a range of errors which have an accumulating effect, 
resulting in a poorer accuracy in the prediction of MLSS if compared to other parameters predicted 
by the model. 
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5.3.2 Representative Organism Yield (YAR) Sensitivity 
The second parameter to be investigated for sensitivity is the representative organism yield (YAR). 
This parameter was varied over a range (0.022-0.066) around the optimal (0.44) found in Section 
5.2. For the yield sensitivity analysis the following was kept constant (i) sludge age (Rs = 200 days), 
(ii) OLR = 15 kgCOD/m3Vr/d, (iii) urea dosage (180 mg/L) and (iv) NaOH dosage (1127 mg/L).  
 
                                  [A]                                                                 [B] 
 
Figure 5.13, Model Sensitivity to Variation in Yield (YAR) for PCO2 [A] and Gas Production [B] 
Figure 5.13 A and B shows that as the YAR increases, the CO2 partial pressure and the biogas 
production decreases, because the higher the yield the more COD ends up as biomass at a constant 
OLR and sludge age. On average the variance in CO2 partial pressure and gas production is less than 
0.1% with a ±10% variance in YAR, showing that these model output parameters are fairly 
insensitive to yield variations. 
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                           [A]                                                                 [B] 
 
Figure 5.14, Model Sensitivity to Variation in Yield (YAR) for Alkalinity [A] & Reactor pH [B] 
 
From Figure 5.14 A and B a slight decrease in alkalinity and pH with an increase in YAR is evident, 
because as the yield increases so does the amount of biomass produced and more NH4+ is converted 
to NH3 for cellular synthesis resulting in the production of protons (Eq 5.8). Protons in turn react 
with HCO3- to form H2O and CO2 and in so doing decrease the system alkalinity. Both parameters 
are insensitive to changes in YAR, showing a less than 0.35% variance with a ± 10% variance in YAR. 
Errors in PCO2, biogas production, alkalinity and pH therefore have a very small effect on the 
determination of YAR. 
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Figure 5.15, Model Sensitivity to Variation in Yield (YAR) for Sludge Production 
 
As expected, the daily biomass production is directly proportional to YAR and a 300% increase in 
YAR (from 0.022 to 0.066) results in a 300% increase in the daily sludge production (from 1.2 to 3.6 
gTSS/d) (Figure 5.15). The sludge production is therefore the model output parameter that is most 
sensitive to variance in the yield; a 10% increase/decrease is observed for a ±10% variance in the 
representative organism yield. 
 
5.4 Model Validation  
Ideally, a second steady state dataset would be used for the calibration of the steady sate AD-FTRW 
model. Unfortunately, the data collected in the experimental phase was not aimed towards model 
development, but more to add to the ‘proof of concept’ of the AnMBR. After it was proven 
experimentally that the AnMBR is a viable treatment option for FTRW and the experimental phase 
completed, it was attempted to develop models predicting the systems performance. Because of the 
long sludge age requirements to maintain a high enough MLSS concentration for membrane 
operation, true steady state (Rs*3 = ~300*3 = 900 days) was impossible to reach in the 700 days of 
data collection. Secondly, the only ‘pseudo steady state’ dataset that was collected was used for 
model calibration (Section 5.2). However, rather than abandoning model validation completely 
because of the lack of data, it was decided to evaluate the steady state AD-FTRW models 
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performance against a set of variable flow and load (non steady state) data for both the AnMBR and 
AnPBR to see how the model measures up. 
 
The steady state AD-FTRW model was validated against 200 days of variable flow and load 
AnMBR (day 175 – 375) and AnPBR (day 167 – 367) data. The average OLR of the AnMBR and 
AnPBR was 15.94S kgCOD/m3Vr/d and 14.82S kgCOD/m3Vr/d respectively. Table 5.3 compared the 
averages of the predicted and measured data for both reactors:  
 
Table 5.3, Compared Averages of the Predicted and Measured Data for the AnMBR and 
AnPBR 
AnMBR AnPBR 
Comparison Predicted 
AvgS 
Measured 
AvgS 
P90 
[%] 
Predicted 
AvgS 
Measured 
AvgS 
P90 
[%] 
Mass Balance COD [%] 100 95   100 91   
Mass Balance C [%] 100 111   100 106   
Mass Balance N [%] 100 103   100 106   
Sludge Age [days] 366* 366   32 **   
Nitrogen  [mgN/L] 15 25.6 42.0 65 54 22.00 
Biogas Production [L/d] 233 263 11.3 196 213 8.00 
CH4 Fraction [%] 62 52 20.0 65 54 23.00 
Alkalinity [mgCaCO3/L 2929 3017 3.00 3305 2916 15.00 
pH 7.12 7.05 1.50 7.17 7.18 0.160 
MLSS [gTSS/L] 21 27 22.0 25 **   
* Per definition the same as the actual AnMBR sludge age 
** Measurement not possible from experimental system 
 
• Sludge Age of the AnMBR was on average 366 days. The sludge age was calculated by 
dividing by daily wastage from the reactor (Qw) into the reactor volume (Vr), thus giving an 
estimation of the sludge age. However Qw and Vr varied daily resulting in a large variance in 
sludge age as discussed in Section 5.3.1. However the 90% of the model predictions showed 
less variance than 22% from the measured value (P90 = 22%).  
 
Because the biomass is immobilized on the fixed bed in the AnPBR, the sludge age cannot be 
measured directly. However, the sludge age can be estimated from Eq 5.3 and Eq 5.6 from 
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the system’s E value i.e. the ratio of the exiting sludge mass per day via the effluent and mass 
of COD fed per day (or Eq A5.16, Appendix 5.3). From these predictions it was found that 
the AnPBR sludge age is around 32 days and an order of magnitude smaller than that 
predicted for the AnMBR. 
 
• Nitrogen requirements predicted for the AnMBR is 41% lower than the actual 
requirements. In the case of the AnPBR, a slight over-prediction (20%) can be observed. If 
the AnMBR and AnPBR nitrogen requirements are directly compared, the steady state AD-
FTRW model predicts that the AnMBR requires over 50% less nitrogen than the AnPBR. 
The same will be true for phosphate requirements. Since the AnMBR was not at steady state, 
a large variation (-22 %) in the predicted vs. actual MLSS was observed, so correspondingly 
the model also under predicted the reactor nitrogen requirements. 
 
• Biogas Production was measured slightly higher than the model predicted for both the 
systems. However predictions are still close to the 10% error margin. It should again be 
emphasized that the validation dataset was under daily variable flow and load conditions and 
thus larger errors are to be expected. 
 
• Methane Fraction was predicted high (+10%) for both systems. Again adding weight to the 
argument of consistently low (-10%) gas chromatograph results. 
 
• Alkalinity is slightly under-predicted for both the AnMBR and AnPBR systems, the P90 of 
the AnMBR = 3%, showing a strong correlation between the predicted and the actual values. 
For the AnPBR, 90% of model predictions showed less than 15% error from the predicted 
value. 
 
• pH Predictions on the AnPBR shows a strong correlation to the measured values. However, 
some deviation (-0.07 pH unit) is observed for the AnMBR. In this case both the AnMBR 
and AnPBR shows a strong correlation to the experimentally measured pH values (P90AnMBR 
= 1.5% and P90AnPBR = 0.16%). This can probably be attributed to the high degree of accuracy 
typically associated with pH measurements. 
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• MLSS concentrations of the AnMBR was predicted at 21S gTSS/L whereas the actual 
measurements were 22% higher (on average), the probable cause for this has been discussed 
in Section 5.3.1. The MLSS of the AnPBR cannot be measured directly, but the model 
predicted a theoretical MLSSAnPBR at ~ 25 gTSS/L. This correlates closely to a MLSS 
expected for the AnMBR operating at a similar OLR and sludge age.  
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5.5 Closure 
A full conversion stoichiometric model was developed for the anaerobic conversion of an alkalinity 
and nutrient deficient low pH soluble biodegradable substrate (including weak organic acids/bases) 
to biomass, carbon dioxide and methane. The primary use of this model is reactor design, i.e. the 
calculation of (i) mixed liquor concentration (MLSS), (ii) reactor volume, (iii) reactor operational 
pH, (iv) alkalinity, (v) nutrient requirements and (vi) biogas production and composition at steady 
state.   
 
This model comprises three parts (i) a COD based kinetic part from which the methane gas and 
biomass COD production are determined for a given sludge age, (ii) a C, H, O, N, charge and COD 
mass balance based stoichiometry part from which the gas composition (or partial pressure of CO2) 
and alkalinity generated are calculated from the COD concentration utilized and its x, y, z and a 
composition in CxHyOz of the biodegradable organics and urea dosed for nitrogen requirements and 
(iii) a carbonate weak/acid base chemistry part from which the pH of the digester is obtained from 
the partial pressure of CO2 and alkalinity generated.  The model takes into account alkalinity dosing 
to maintain a reactor pH at 7.0 and the dissociation (Ka) of the acidic substrate, since it was found 
that the protonation of a substrate (eg. Short Chain Fatty Acids) have a significant effect reactor pH. 
One of the underlying assumptions of all steady state anaerobic digestion models is that the 
biodegradable substrate is utilized to completion (Sbe = 0). Thus for model calibration Sbe was used 
as an input parameter obtained from the experimental data obtained from the AnMBR. The model 
was calibrated on steady state experimental data of an Anaerobic Membrane Bioreactor (AnMBR) 
treating Fischer-Tropsch Reaction Water (FTRW). Then a sensitivity analysis was performed to 
evaluate the sensitivity of model outputs to sludge age and the yield value chosen for the 
representative organism mass. The model was also validated against ‘non-steady’ datasets of 200 
days each from the AnMBR and an Anaerobic Packed Bed Reactor (AnPBR) both treating the same 
FTRW to observe how well the model can predict under these conditions. 
 
It was found that parameters including (i) CO2 partial pressure, (ii) biogas production, (iii) alkalinity 
and (iv) pH was virtually unaffected by an ±10% variation in either the representative organism 
yield or the sludge age. Contrary to this, the daily biomass production was much more sensitive to a 
±10% variation in the yield or the sludge age. A variation in the daily biomass production of ±10% 
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and ±5% was observed for a ±10% variation in the yield and sludge age respectively. Since ~99% of 
the COD (and C) exits the system as biogas and a mere ~1% exits the system as biomass, a -1 % 
error in the biogas can lead to a ~100% over prediction. Because of this the ‘Minimum Total Error’ 
method as discussed in Section 5.2 was used to ensure that one model output was not preferentially 
calibrated at the expense of the predictive capabilities of the other model outputs. 
 
Biogas and pH are predicted to well within 5% of the actual measured values. The mixed liquor 
concentration predictions can vary as much as 25%, but yields results typically within 15% of the 
actual under normal operating conditions.  The steady state model is so robust; it can be applied to 
judge the health of the system, even under non-steady conditions. If parameters – such as biogas 
production and pH – deviates from the predicted values, it is usually an early sign of equipment 
malfunction or bioprocess failure. It was found that experimental sludge age and MLSS 
concentrations play a pivotal role in the model performance. Rather than varying sludge age to 
control MLSS, a system sludge age should be chosen, allowing MLSS to vary with time. This 
combined with true steady state reactor operation will yield data much more useful for model 
calibration.  
 
The steady state AD-FTRW model is based on a 100% mass, COD and charge balance and exactly 
the same substrate were fed to both systems, and thus the same kinetic constants (YAR & bAR) could 
be accepted for both the AnMBR and AnPBR. This assumption was then applied to calculate the 
‘theoretical MLSS’ and ‘theoretical sludge age’ for the AnPBR. From this it was found that the 
AnMBR operates at a theoretical MLSS of ~25 gTSS/L and a sludge age of ~32 days – a order of 
magnitude shorter than the AnMBR for the same OLR (~15 kgCOD/m3Vr/d). Since nutrients tend to 
accumulate in the biomass, the short sludge age might explain the 50% higher nutrient requirements 
for the AnPBR. Steady state models are (i) more practical for design, because they allow reactor 
sizes to be simply calculated in a spreadsheet and (ii) provide a basis for crosschecking for 
simulation model outputs (Brink et al., 2007) and (iii) can predict initial values for dynamic 
simulation models, like biomass concentrations and reactor volumes. However, steady state models 
cannot predict effluent biodegradable COD concentration (Sbe), the effect of effluent SCFA on the 
system pH, inhibition, response to organic over-loading or digester failure conditions. For this, the 
time dependant metabolic intermediate production by the individual organism groups is required. 
This will be addressed in the final part of this thesis; Chapter 6 – Dynamic Modeling. 
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6. Dynamic Modeling 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
 
In this chapter a dynamic model for the Anaerobic Digestion of Fischer-Tropsch Reaction Water 
(AD-FTRW) is developed.  In the steady state AD-FTRW model it was assumed that a single 
representative organism mass consumes a single biodegradable substrate to completion (Sbe = 0). In 
the dynamic model, a unique Functional Organism Group (FOG) is assigned to each biodegradable 
fraction of the feed (Figure 6.1). Each of the FOGs has unique growth and death rates and substrate 
utilization capabilities, thus responding differently to substrate concentrations and environmental 
conditions. Secondly, the dynamic model is time dependant, thus it can predict individual biomass 
responses to influent and system changes with time. The dynamic AD-FTRW model is developed to 
complement the steady state model developed in Chapter 5, since it can predict parameters that 
cannot be predicted by the steady sate model, these include: 
 
• Effluent Quality 
• The effect of effluent SCFA concentration on reactor pH 
• System response to dynamic flow and load variations 
• Inhibitory effects of pH, temperature and metabolic products 
• System responses to different control strategies 
                                   
 
 
 
 
 
 
 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 147 
 
 
                                [A]                             [B] 
 
Figure 6.1, Influent Characterization for Steady State [A] and Dynamic [B] AD-FTRW Models  
 
FTRW has Short Chain Fatty Acid (SCFA) concentrations 3 orders of magnitude larger than are 
typically observed in the Anaerobic Digestion of Primary Sludge and Waste Activated Sludge (AD-
PS/WAS) (compare to Sötemann et al., 2005). Because of this, and the wide range of SCFAs in 
FTRW, proton fluxes are also 3 orders of magnitude larger than is observed in dynamic AD-
PS/WAS models. If the background Weak Acid/Base Chemistry (WABC) relationships are applied 
as was described in Mosvoto et al. (1997), the result is a matrix with process rates ranging between 2 
and 10-14 days. This, combined with the high proton fluxes observed in the dynamic AD-FTRW 
model, results in a ‘stiff’ Petersen Matrix (PM) which cannot be solved by conventional means. A 
system is labeled ‘stiff’ if the range of time constraints is large, which implies that some processes 
occur very rapidly while others happen very slowly. 
 
A specialized stiff Ordinary Differential Equation (ODE) solver, known as a stiff solver, is required 
to solve the resultant stiff PM. These solvers have an inherent inability to deal with variations in 
influent flow and load as observed under dynamic flow and load conditions (Rosen et al., 2006). 
Secondly, FTRW has a substrate composition distinctly different from that typical to municipal 
waste water. This made it impractical to modify existing dynamic AD-PS/WAS models to treat 
FTRW; a completely new model had to be derived. 
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The model development technique that will be applied is similar to that described by Siegrist et al. 
(2002) i.e. the model is (i) developed based on the metabolic pathways of anaerobic digestion, then 
(ii) it is verified (checked for material consistencies such as mass balances) then (iii) it is calibrated 
and finally (iv) validated on actual dynamic flow and load experimental data. The first step in the 
development of the dynamic AD-FTRW model is to assign an individual organism mass to each of 
the biodegradable fractions in the substrate that mediates the substrate utilization (Figure 6.1B). The 
biomass will be classified into the traditional 4 trophic groups in anaerobic digestion namely 
Acetogenesis (Zac), Acetoclastic Methanogenesis (Zam), Hydrogenotrophic Methanogenesis (Zhm) 
and Acidogenesis (Zad) (Figure 2.3, Chapter 2). However, to compensate for the wide range of 
SCFAs, Ethanol (EtOH) and Methanol (MeOH) in the feed, a further subdivision is required. The 
reason for the high degree of sub-classification of the biomass is that each biodegradable fraction 
requires a unique biomass and produces a unique ratio of metabolic products. 
 
After model development, the system will firstly be checked for a COD, C, O, H, N and charge 
balance. Secondly it will be calibrated under steady state conditions against the steady state model 
developed in Chapter 5, this calibration will be conducted to find the optimum values for the 
stoichiometric yield (Y) for each of the individual biomass species. Thirdly, the maximum specific 
growth rates of the different FOGs will be obtained from literature and fourthly, the individual half 
saturation constants of the SCFA degrading FOGs will be determined from anaerobic batch tests 
conducted on sludge harvested from the AnMBR reactor. The remainder of the stoichiometric and 
kinetic constants will be obtained from literature. The dynamic AD-FTRW model will then be 
validated against 55 days of actual experimental data recoded on the AnMBR under dynamic flow 
and load conditions. 
 
In the experimental phase of the project it was found that inhibition by metabolic intermediates, high 
SCFA concentrations, pH and temperature played a significant role in the high rate AD-FTRW 
reactor. Since the study of inhibition did not form part of the experimental phase, a literature survey 
was done to identify inhibition functions that could characterize the system. Chapter 6 is concluded 
with an estimation of reactor failure conditions. System responses to different control strategies were 
not explored with the model – this will be taken up when the AnMBR finds application at pilot scale 
at Sasol. 
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6.1 Model Development 
The dynamic AD-FTRW model comprises of three parts. Firstly there is the stoichiometry, this 
section deals with the conversion of the different biodegradable organics by each of the FOGs to a 
unique set of metabolic end products. The corresponding WABC relationships will be incorporated 
into the stoichiometry of each organism group, since it was found that this reduces the stiffness of 
the Petersen Matrix and so significantly reduces computation time. This is possible because the 
embedded aqueous WABC relationships are much faster than the biological processes. The second 
part of the model comprises the kinetics of the process rates i.e. the speed at which the 
stoichiometric reactions occur. These include organism growth and death rates and some WABC 
process relationships. The final part of the dynamic AD-FTRW model is the external calculations of 
the parameters defined by composite components; these include reactor solids concentration (MLSS 
[gTSS/L]), effluent Short Chain Fatty Acid concentration (SCFAe [mgAc/L]), effluent COD (Sbe 
[mgCOD/L]) and the reactor pH calculation. 
6.1.1 Stoichiometry 
One of the main differences between the steady state and dynamic AD-FTRW model is that in the 
dynamic model the metabolic intermediates produced are taken into consideration. Every 
biodegradable fraction – once utilized by its corresponding FOG  – produces a different combination 
of metabolic products (Figure 6.2). 
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Figure 6.2, Dynamic Model Metabolic Pathways & Functional Organism Groups 
 
The acetogenesis of >C2 SCFAs produces metabolic products that include Acetic (Ac), Propionic 
(Pr) and Butyric Acid (Bu) (eg Hx → Bu + Ac + H2), these metabolic products add to the bulk 
concentration of these SCFAs (Figure 6.2 and Appendix 6.3). Therefore, a unique stoichiometric 
equation will be derived for each of the biodegradable fractions in FTRW. This will again be done 
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by combining the catabolic and anabolic pathways of substrate utilization as described in Chapter 5 
(and Appendix 5.1). The dynamic AD-FTRW model is based on the following: 
 
1) A literature survey, which was done to obtain the catabolic pathways of the individual 
SCFAs, MeOH, EtOH and the slowly biodegradable organics from anaerobic biomass death 
and hydrolysis (Sbp) (Kalyuznhyi, 1997b; McCarty, 1975; Batstone et al., 2002; Sötemann et 
al., 2005) 
 
2)  Assuming that all the FOGs have a generic composition of C5H7O2N (McCarty 1975), the 
standard anabolic equation can be described as  
( )2 3 2 5 7 25. 8.. . 2 . .20 20 20 20
s s s s
x y z
D D D DC H O x CO NH x z H O C H O N   + − + → − − +   
   
     
                                                                                                                                             (6.1) 
             Where 
            Ds= (4x+y-2z) = Substrate electron donating capacity [e-equivalents/mol]                        (6.2) 
 
3) All CO2 produced will be in soluble form (H2CO3) thus: 
      2 Pr 2 2 3oducedCO H O H CO+ →                                                                                                (6.3) 
 
4) Analogous to the steady state model, the carbonate system (HCO3-/H2CO3) acts as the proton 
source/sink for all of the WABC reactions. Secondly, the contribution of CO32- will be 
regarded as negligible in the anaerobic digestion pH range. 
 
5) Only the protonated (non-ionic) form of any SCFA can be metabolized, thus un-protonated 
(ionic) SCFAs need to pick up a proton from the carbonate system before metabolism: 
 
            1 2 2 3 2 3x y x yC H O H CO C H O HCO
− −
−
+ → +                                                                           (6.4) 
 
6) Since the fraction of the SCFA in the un-protonated form is again governed by the influent 
pH (compare Section 5.1.2), this gets taken into consideration via the F value, as was the case 
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in the steady state model. However, in the case of the dynamic model, each of the SCFAs 
have an individual pKa value, thus Eq 5.9 can be rewritten as: 
 
            ( )
2 1 2
2 1 2 2 2
1
1
x
x x
C
x x x x feed
ax
C H O
F
C H O C H O H
K
−
−
− +
−
= =
 +    +
 
 
                                                              (6.5) 
Where 
 x  = 1 to 6 and  
Kax  = 10-pKax of the SCFA with carbon chain length x.  
[H+]feed= Feed proton activity = 10-pHfeed 
 
Thus if CxTotal = CxH2x-1O2- + CxH2xO2 then: 
 
2 3 2. 2 3. .xTotal x x x xC F H CO C H O F HCO
−+ → +                             (6.6) 
 
 
7) The relationship between the soluble (H2CO3) and gaseous CO2 is described by the 
following: 
      2 3 2 2( )
hr
gH CO H O CO←→ +                                                                                                  (6.7) 
With rh being the combined association/dissociation rate of carbon dioxide dependant on 
Henry’s Law (Appendix 6.1, Section 6.1.3) 
 
8) Urea is the sole nitrogen source for AD-FTRW. In the operational pH range (6.5-7.5) >99% 
of the ammonia will be in saline (NH4+) form, thus upon entering the reactor urea 
decomposes as follows: 
 
2 2 2 3 2 2 4 3( ) 2 2 2UrearNH CO H CO H O CO NH HCO+ −+ + → + +                                          (6.8) 
 
9) Similarly it is assumed that the NaOH dosed for pH control is converted to H2CO3*Alkalinity 
upon entering the system: 
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NaOH + H2CO3→Na++H2O+HCO3-                                                                                  (6.9) 
 
Under normal operating conditions, the carbonate system concentration is significantly (10 
times) larger than any other weak acid/base concentration; it will be assumed that this will be 
the primary proton source/sink.  
       
10) The saline ammonia (NH4+) produced from urea decomposition needs to be de-protonated 
before it can be utilized by the FOGs: 
 
NH4++HCO3-→NH3+H2CO3                                                                                             (6.10) 
 
Both assumptions 8 and 9 were proven experimentally. The assumptions made above will be applied 
in conjunction with the metabolic pathways to derive the dynamic AD-FTRW model stoichiometry. 
Metabolic Pathways 
In the steady state AD-FTRW model, the anabolic and catabolic pathways are linked through the E 
value since the yield and death rates are modeled in a single stoichiometric equation. Because the 
growth and death processes are modeled separately in the dynamic AD-FTRW model, the catabolic 
and anabolic rate equations are linked through the true organism yield, Y 
[mgCODBiomass/mgCODUtilized]. However, in the case of the dynamic model, an individual yield is 
assigned to each of the functional organism groups. From Figure 6.2 it can be noted that 
acetogenesis is subdivided into a further 5 functional organism groups to model the utilization of the 
wide range of SCFAs. Since the weak acid/base chemistry reactions happen significantly faster than 
the biological processes it was decided to incorporate these into the biological process steps, rather 
than using separate algebraic equations to solve them. This is one of the primary distinctions of the 
|dynamic AD-FTRW model if compared to its predecessors. The derivation of the acetogenic 
biological processes in the dynamic AD-FTRW model is represented in Appendix 6.3; the remainder 
(acetoclastic methanogenesis, acidogenesis and hydrogenotrophic methanogenesis) is derived in 
much the same manner as presented in Appendix 5.3. The biological growth processes in the 
dynamic AD-FTRW model can be summarized as follows; 
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• Acetogenesis  of Hexanoic Acid (AcHx) 
 
( ) ( )
( ) ( )
( ) ( ) ( )
6 12 2 6 11 2 2
2 3 4 4 8 2
2 4 2 2 3 5 7
5 1 10 34.5
8. 8. 8.
5. 2. 5 5.
8. 8.
5 5. 10 10. 5. 8.
8. 8. 8.
acHx
Hx AcHxHx
AcHx AcHx AcHx
Hx AcHx AcHxr
AcHx AcHx
AcHx AcHx Hx AcHx
AcHx AcHx AcHx
F YFC H O C H O H O
Y Y Y
F Y Y
H CO NH C H O
Y Y
Y Y F Y
C H O H HCO C H O
Y Y Y
−
+
−
− −
+ +
+ −
+ + →
− − −
+ + + + 2 N
                    (6.11)                      
 
 
• Acetogenesis  of Valeric Acid (AcVa) 
 
( ) ( )
( ) ( )
( ) ( ) ( )
5 10 2 5 9 2 2
2 3 4 3 6 2
2 4 2 2
10 1 20 59.10
13. 13. 13.
10. 2. 10. 1
13. 13.
10 1 20 1 10. 13.
13. 13. 13.
acVa
Va AcVaVa
AcVa AcVa AcVa
Va AcVa AcVar
AcVa AcVa
AcVa AcVa Va AcVa
AcVa AcVa AcVa
F YFC H O C H O H O
Y Y Y
F Y Y
H CO NH C H O
Y Y
Y Y F Y
C H O H
Y Y Y
−
+
− −
+ +
+ −
+ + →
− − −
+ + + 3 5 7 2HCO C H O N
− +
                               (6.12)                      
 
• Acetogenesis  of Butyric Acid (AcBu) 
 
( ) ( )
( ) ( ) ( )
4 8 2 4 7 2 2 2 3 4
2 4 2 2 3 5 7 2
1 2 5.
2 1 2 1
AcBu
Bu AcBuBu Bu
AcBu AcBu AcBu AcBu
AcBu AcBu Bu AcBur
AcBu AcBu AcBu
F YF FC H O C H O H O H CO NH
Y Y Y Y
Y Y F Y
C H O H HCO C H O N
Y Y Y
− +
−
− −
+ + + +
− − −
→ + + +
                                (6.13) 
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• Acetogenesis  of Propionic Acid (AcPr) 
 
( ) ( )
( ) ( ) ( )
( )
PrPr PrPr
3 6 2 3 5 2 2 4
Pr Pr Pr
Pr Pr Pr Pr
2 4 2 2 2 3
Pr Pr Pr
Pr Pr
3 5 7 2
Pr
10 1 30 51.10
7. 7. 7.
10 1 30 1 10 8. 10.
7. 7 7.
10. 7.
7.
AcAc r
Ac Ac Ac
Ac Ac Ac
Ac Ac Ac
Ac
Ac
F YFC H O C H O H O NH
Y Y Y
Y Y Y F
C H O H H CO
Y Y Y
F Y
HCO C H O N
Y
− +
−
− −
+ + + →
− − − −
+ +
−
+ +
                                     (6.14) 
 
 
• Acetogenesis  of Ethanol (AcEtOH) 
 
( )
( ) ( )
3 2 2 4 3 2 3
2 4 2 2 5 7 2
15 19.5 3
3. 3. 2
5 1 10 1
3. 3.
AcEtOHAcEt r
AcEt AcEt
AcEt acEt
AcEt AcEt
Y
CH CH OH H O NH HCO H CO
Y Y
Y Y
C H O H C H O N
Y Y
+ −−+ + + + →
− −
+ +
                                  (6.15) 
 
Unlike longer chain SCFAs, acetic acid is metabolized directly to CH4 and CO2. Acetoclastic 
methanogenesis can be described as follows: 
 
• Acetoclastic Methanogenesis (Am) 
 
( ) ( )
( ) ( ) ( )
2 4 2 2 3 2 4 2
4 2 3 5 7 2
5 1 5 115
2. 2. 2.
5 5 5 3. 5 5 2
2 2. 2
AcEtAc Am rAc
Am Am Am
Am Am Ac Am
Am Am Am
F YFC H O C H O NH H O
Y Y Y
Y Y F Y
CH H CO C H O N
Y Y Y
− +− −+ + + →
− − − −
+ + +
                                              (6.16) 
 
Another biodegradable fraction in the feed that directly undergoes methanogenesis is Methanol. This 
substrate is directly converted to methane as follows: 
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• Methanogenesis of Methanol (Mm) 
 
( ) ( ) ( )
3 4 3
4 2 3 2 5 7 2
10
3.
30 1 5 9. 5 33.
12 6. 6.
AcEtr
Mm
Am Mm Mm
Am Mm Mm
CH OH NH HCO
Y
Y Y Y
CH H CO H O C H O N
Y Y Y
+ −+ + →
− − +
+ + +
                                               (6.17) 
 
Hydrogen gas produced by acetogenesis and acidogenesis is the single most inhibitory metabolic 
product produced in the anaerobic process. Apart from the negligible fraction of the dissolved 
hydrogen gas that escapes to the gas phase, the only means of reducing the dissolved hydrogen 
concentration is via the following: 
 
• Hydrogenotrophic Methanogenesis (Hm) 
 
( )
( ) ( )
2 4 3 2 3
4 2
10 5 3.10
7. 20.
10 1 10 15 11.
4 20.
AcEtHm r
Hm Hm
Am Am
Hm
Am Am
Y
H NH HCO H CO
Y Y
Y Y
CH H O Z
Y Y
+ − −+ + + →
− +
+ +
                                                                 (6.18) 
 
Parallel to microbial growth, endogenous respiration (organism death) occurs. The biodegradable 
fraction of the dead organism mass is known as biodegradable particulate COD (Sbp). Sbp is first 
hydrolyzed and then forms the substrate for the last of the FOGs, namely acidogenesis. Traditionally 
hydrolysis and acidogenesis are modeled as two separate processes in anaerobic digestion (Batstone 
et al., 2002 & Sötemann et al., 2005). However in AD-FTRW, the only biodegradable particulates 
(Sbp) that enter the system are those produced from dead organism mass. Thus it will be assumed that 
Sbp has the same composition as that of active biomass i.e. C5H7O2N. The contribution of this 
organism group is so small that it was decided to model both hydrolysis and acidification in a single 
step: 
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• Hydrolysis and  Acidogenesis (AD) 
 
( )
( ) ( ) ( ) ( )
*
5 2 2
**
2 4 2 2 3 4 5 2
5 11
2 1 2 1 1 1
Adad r
z
ad ad
ad ad ad ad
z
ad ad ad ad
Y
C H O N H O
Y Y
Y Y Y Y
C H O H HCO NH C H O N
Y Y Y Y
− +
−
+ →
− + − −
+ + + +
                            (6.19) 
 
Where 
C5H7O2N* = Biodegradable particulates (Sbp) of dead organism mass 
C5H7O2N** = Active acidogenic biomass (ZAd) produced from Sbp utilization 
Organism Death 
Organism death is described by the theory of endogenous respiration (Dold et al., 1980). This theory 
states that parallel to organism growth, a fraction of the biomass dies at a continuous rate. A fraction 
(f) of this ‘dead biomass’ is regarded as unbiodegradable and is known as endogenous residue (Ze). 
The remainder (1-f) of the dead biomass is biodegradable particulate (Sbp) and is hydrolyzed to form 
substrate for acidogenesis (Eq 6.20). The death process can be described as follows: 
 
( )1 . .djrAj bp eZ f S f Z→ − +                                                                                                   (6.20) 
 
Where 
ZAj  = The active mass of the jth FOG    [mol/L] 
rdj  = Rate of organism death of the jth FOG.  [mol/L.d] 
6.1.2 Process Rates 
Biochemical experiments carried out over more than half a century, with pure culture as well as 
mixed cultures have indicated that the organism growth rate (µ i) is influenced by many physico-
chemical and biological environmental factors. These factors include; substrate concentration (Sj), 
active mass concentration (ZAj), pH, temperature and the concentration of inhibitory substances that 
might have an effect on the rate of microbial growth (Dochain & Vanrolleghem, 2001). 
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Specific Growth Rate 
The specific growth rate (µ j) forms part of the reaction rate (rj = µ j.ZAj) which describes the rate of 
metabolism of substrate to biomass and additional metabolic products (including SCFAs, CH4, CO2, 
H2, ect.). The most widely applied specific growth rate model is the empirical ‘Michaelis-Menten 
Law’ also known as the Monod kinetic rate equation for microbial growth (Fogler, 1999): 
 
( )
max .j j
j
sj j
S
K S
µ
µ =
+
                                                                                                                                (6.21) 
 
Where 
 µmaxj  = Maximum Specific Growth Rate    [1/d] 
Ksj = Half Saturation Constant    [mol/L] 
Sj = Biodegradable substrate concentration  [mol/L] 
 
The Monod process rates are dictated by two kinetic constants namely the maximum specific growth 
rate (µmaxj) and the half saturation constant (Ksj) (Figure 6.3). 
 
Figure 6.3, Typical Growth Rate Change vs. Substrate Concentration 
 
The Ksj dictates the minimum concentration of a substrate at which a specific biomass (Zaj) fraction 
can be maintained. The µmaxj value in turn dictates the highest possible rate of substrate (Sj) removal 
by the jth FOG (Figure 6.3).  From the Monod functions (Section 6.1.2) it can be noted there exists a 
high degree of interdependency between the µmax and Ks values, i.e. various combinations of µmax 
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and Ks values will amount to the same model output. Unlike with the stoichiometric constants, there 
is a large variation in Ks-values quoted in the literature. 
 
Note that the Ksj value corresponds to the substrate concentration for which µ j is half of its 
maximum value (µmaxj). This original expression was purposed by Michaelis and Menten in 1913 to 
express the reaction rate of enzyme catalyzed reactions with a single substrate. In 1942 it was 
extended by Monod and applied to microbial growth (Monod, 1942): 
 
( )
max . .
.
j j Aj
j j Aj
sj j
S Z
r Z
K S
µ
µ= =
+
                                                                                                                 (6.22) 
Where 
rj  = Rate of process j          [mol/L.d] 
Sj  = Biodegradable substrate j concentration    [mol/L] 
ZAj  = Active Mass Concentration of FOGj     [mol/L] 
 
The Monod rate expression remains without physical validation, but is the most widely applied form 
of rate expression in waste water treatment modeling (Dochain & Vanrolleghem, 2001). Two 
different forms of the Monod expression will be applied in the dynamic AD-FTRW model. The first 
will only include the inhibitory effects of pH and temperature. This rate expression will be applied to 
the methanogenesis bioprocesses (including Acetoclastic, Methanol and Hydrogenotrophic 
Methanogenesis): 
 
( )
max . .
. .
j j
j j Aj
j pH T
sj j
S Z
r I I
K S
µ
=
+
                                                                                                                   (6.23) 
 
Where 
IpHj = pH inhibition for FOGj                                 [-] 
ITj = Temperature inhibition constant for FOGj                   [-] 
 
The second form of the Monod rate expression will be for the hydrogen producing organisms, 
namely the acidogenic and acetogenic organism groups (Appendix 5.1 and 6.3). Because the 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 160 
concentration of dissolved hydrogen gas in the liquid phase has proven to have a dramatic effect on 
the growth rates of the acidogenic and acetogenic organisms, a third inhibition term, describing 
hydrogen inhibition is included: 
 
( ) 2
max . .
. . .
j j j
j
j Aj
j pH T H
s j
S Z
r I I I
K S
µ
=
+
                                     (6.24) 
Where 
 IH2j  = H2(aq) inhibition constant for FOGj        [-] 
 
Endogenous Respiration Rates 
 
Predation does not appear to have a significant effect under anaerobic conditions (Batstone et al., 
2002). Accordingly organism death consists only of endogenous respiration. Each functional 
organism group death rate is thus modeled by first order kinetics: 
 
.dj j Ajr b Z=                                          (6.25) 
 
Where 
rdj  = Death rate of FOGj     [mol/L.d] 
bj  = Endogenous mass loss rate for the FOGj  [1/d] 
 
The biodegradable fraction of this dead organism mass adds to the biodegradable particulate 
organics (Sbp) in the system and gets hydrolyzed/acidified by the acidogenic biomass (ZAD, Eq 6.19). 
The unbiodegradable fraction forms part of the endogenous mass (Ze) which contributes to the 
sludge mass (MLSS) in the system. 
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Carbon Dioxide Expulsion/Dissolution Rate 
 
Musvoto et al. (1997) described the expulsion and dissolution rate of gaseous carbon dioxide by two 
separate equations; 
 
 
2*
2 3 2( ) 2
fCOr
gH CO CO H O→ +                            (6.26) 
 
2 *
2( ) 2 2 3
rCOr
gCO H O H CO+ →                            (6.27) 
Where 
rfCO2 = KfCO2 [H2CO3*]  = CO2 Expulsion Rate [mol/L.d] 
rrCO2 = KrCO2[CO2(g)] = CO2 Dissolution Rate  [mol/L.d] 
 
Various authors (including Rosen et al., 2006) suggested that the forward and reverse reaction can be 
described by a single ‘pseudo equilibrium’ reaction or; 
 
2*
2 3 2( ) 2
eqCOr
gH CO CO H O→ +                           (6.28) 
 
Where 
reqCO2 = rfCO2 -  rrCO2 = KfCO2[H2CO3*] –KrCO2[CO2(g)]                       (6.29) 
 
or 
 
[ ]( )2 2 2 3 2 2( )eqCO fCO eqCO gr K H CO K CO = −                             (6.30) 
 
Where 
 
2
2
2
1
. .
rCO
eqCO
fCO h k
K
K
K K RT
= =
 = CO2 Equilibrium Constant [1/d] 
Kh = Henry’s Law Constant     [1/d] 
R   = Ideal Gas Law Constant     [J/mol.Kelvin] 
Tk = Temperature       [Kelvin] 
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6.1.3 Microbial Inhibition 
Microbial inhibition was not initially intended as a part of the study, since it was not expected to 
have such a dramatic effect on the process. However, microbial inhibition was observed at various 
instances in the experimental phase of the project. It was thus decided to include inhibition functions 
into the dynamic AD-FTRW model. The functions and their corresponding inhibition constants were 
obtained from literature. At this point it should be stated that the modeling of process inhibitions in 
the AD-FTRW environment merits an extensive experimental study. However, due to time 
constraints on this project, this will be regarded as future research. 
 
 Microbial growth can only survive and proliferate in a narrow band of environmental conditions. 
For anaerobic digestion, pH and temperature is probably the two most important environmental 
factors. The influence of temperature is most often modeled by an Arrhenius-type law. However, 
these temperature functions are one sided (Figure 6.4), which implies that it can only describe 
inhibition as a function of temperature from a minimum to a maximum (typically 37oC) after which 
the model deviates from the actual observations. This poses two problems for the dynamic AD-
FTRW model. Firstly, since the actual FTRW stream undergoes cooling before it enters the 
biological treatment plant, a scenario where the cooling systems fails is quite plausible, so a 
temperature increase above the optimum for mesophillic anaerobic digestion as well as the 
traditional temperature decrease below the optimum needs to be considered. Secondly, mesophillic 
anaerobic digestion shows a bell shaped activity function around the optimum (37 oC) (Ross et al., 
1992). At the time of the literature survey on inhibition functions, a ‘double sided’ temperature 
function that described mesophillic anaerobic digestion could not be found. Thus, the temperature 
inhibition function chosen to fit the requirements as close as possible is as follows. 
 
( )( )273.15 22
30
k
T
T
I sin
pi − −
=  
 
 
                                                                                                      (6.31) 
Where 
IT  = Temperature Inhibition Function for All FOGs   [-] 
Tk  = Reactor Temperature                                           [Kelvin] 
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Figure 6.4, Inhibition of Mesophillic Anaerobic Digestion as a Function of Temperature with 
Arrhenius Law and “Double Sided” Inhibition function. 
 
From Figure 6.4, it can be noted that for temperatures >37 oC, the Arrhenius law predicts a inhibition 
> 1, which shows this function is not suitable for the prediction of mesophillic anaerobic digestion’s 
response to high temperature. Thus a double sided sine function was chosen for the dynamic AD-
FTRW model. It should be emphasized that this is nothing more than a crude approximation for the 
system’s response to temperature and requires further investigation. Since no literature could be 
found on how the individual trophic groups of anaerobic digestion responds to temperature, all the 
groups were modeled with one temperature inhibition function. 
 
Unlike temperature, the modeling of pH inhibition is well studied and fairly well understood. pH 
often inhibits the biological activity due to non-dissociated acids and bases in the mixed liquor 
(Dochain & Vanrolleghem, 2001). Free acid and base inhibition has been defined as the disruption 
of homeostasis by changes in pH, caused by the passive transport of the free acid/base over the cell 
membrane and subsequent dissociation. However the actual proton activity in the bulk liquid also 
appears to contribute to the inhibitory nature of this environmental parameter. Batstone et al. (2002) 
suggested the following pH inhibition function for anaerobic digestion: 
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( ) ( )
1 10
1 10 10
pHj LLZij ULZj
r ULZj LLZj r
K pH pH
pHZj pH pH pH pHI
−
− −
+
=
+ +
                                                                                                 (6.32) 
 
Where 
 IpHZj  = pH inhibition function of FOGi   [-] 
pHULZj  = Upper pH level of 50% inhibition of FOGi  [-] 
pHLLZj  = Lower pH level of 50% inhibition of FOGi  [-] 
pHr  = Reactor pH      [-] 
KpHj  = pH inhibition constant    [-] 
 
Because of the high acidity of FTRW and the fact that a strong base (NaOH) is dosed for pH control, 
it was experimentally observed that the on-line pH control system (Section 3.4.1) can easily 
over/undershoot the desired pH level. Thus, similar to temperature, a double sided pH inhibition 
function was selected. Eq 6.32 yields a bell shaped curve around a specified mean ((pHUL+pHLL)/2). 
Figure 6.5 represents the pH inhibition curves for the various FOGs. 
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Figure 6.5, pH Inhibition Functions for Dynamic AD-FTRW 
 
From Figure 6.5 it can be noted that three pH inhibition functions describe all of the FOGs in the 
dynamic model. It was found from literature that acetogenesis and acidogenesis has very similar 
responses to pH, thus one function describes all the FOGs in these two trophic groups (IpHZadZac). No 
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information was found in the literature about the response of methanol utilizing methanogens to pH, 
thus it was assumed that these organisms had the same response to pH as the acetoclastic 
methanogens (IpHZamZmm) (Batstone etal., 2002). 
 
Note the acidogenic (Zad) and acetogenic (Zac) trophic groups have the widest activity range with 
variation in pH. This implies that as the pH goes out of bounds, the acetic acid and H2(gas) 
concentrations will increase in the effluent and correspondingly, the methane fraction in the biogas 
will decrease. Both SCFA and H2(gas) increases can have adverse effects on anaerobic digestion. The 
first of which is hydrogen inhibition. 
 
The most inhibitory metabolic intermediate produced in anaerobic digestion is dissolved hydrogen 
gas (H2(aq)). This compound has a detrimental effect on the activity of the H2 producing organisms 
even at a micro-mol concentration. FOGs adversely affected by H2(aq) is Acidogenesis (Zam), 
Acetogenesis (Zac) and most importantly the propionate reducing Acetogens (ZacPr). Sötemann et al. 
(2005) suggests the following inhibition function for acidogenesis (Zad) (Eq 6.33): 
 
 
2
2
2( )
2( )
[ ]
1 [ ]
aq
H Zad
IH Zad aq
H
I
k H
= −
+
                                                                                                              (6.33)
 
 
Where 
 IH2Zad = The inhibition of acidogenesis (Zad) by H2(aq)  [-] 
H2(aq)  = Dissolved hydrogen gas concentration   [mol/L] 
kIH2Zad = Hydrogen inhibition constant.    [mol/L] 
 
Batstone et al. (2002) suggested the following inhibition functions for acetogenesis (Zac) (Eq 6.34): 
2
2
2( )
1
[ ]
1
H Zacj
aq
IH Zacj
I
H
k
=
 
+  
 
                                                                                                                      (6.34) 
Where 
 IH2Zacj  = The inhibition of the jth acetogenic (Zac) group by H2(aq) [-] 
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kIH2Zacj  = The inhibition constant for the jth Zac by H2(aq)  [mol/L] 
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Figure 6.6, H2(aq) Inhibition of Zad and Zac 
 
From Figure 6.6 it can be noted that the same H2(aq) inhibition function is used to describe all of the 
acetogenic (Zac) FOGs except for propionate reducing acetogenesis (ZacPr). This group is so 
adversely affected by H2(aq) that it requires its own inhibition constant in Eq 6.34. The effect of H2(aq) 
inhibition on the methanogenic groups appears to be negligible compared to the that of acidogenesis 
(Zad) and acetogenesis (Zac). 
 
The final inhibitory compound to be modeled is the total SCFA concentration (SCFAe). SCFAe has 
an inhibitory effect on both acetoclastic methanogenesis Zam and the propionate reducing acetogens 
(ZacPr). The SCFA inhibition functions can be described as follows: 
 
e
1
[SCFA ]
1
t am
t am
AZ
IA Z
I
k
=
 
+ 
 
 
                                                                                               (6.35) 
And 
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                                                                                                                     (6.36) 
Where 
 IAtZam/IAtZacPr    = Inhibition of Zam & ZacPr by SCFAe                  [-] 
SCFAe    = Total SCFA concentration                                     [mol/L] 
kIAtZam & kIAtZacPr = Inhibition constants                               [mol/L]  
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Figure 6.7, Zam & ZacPr Inhibition as a Function of SCFAe 
 
Figure 6.7 shows that the inhibition of both acetoclastic methanogenesis (Zam) and propionate 
reducing acetogens (ZacPr) is almost linear with an increase in Effluent Short Chain Fatty Acids 
(SCFAe). However, ZacPr is much more strongly affected by an SCFA increase than Zam, with a 50% 
decrease in activity occurring at a concentration of 0.0175 mol/L or 1050 mgAc/L (as compared to 
0.6 mol/L for Zam).  
6.1.4 Assembling the dynamic AD-FTRW model 
A Petersen Matrix representing the dynamic AD-FTRW model is presented in Appendix 6.4 with the 
model components in the columns across the top and the model processes in the rows. The growth 
processes are shown in the uneven row numbers 1 to 17, with the death rates presented by the even 
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numbered processes 2 to 18. The complete derivation of the (i) metabolic processes (catabolic and 
anabolic stoichiometry), (ii) dissociation of the SCFAs and the (iii) weak acid base chemistry 
combined with the acetogenic growth processes is presented in Appendix 6.3. The remainder of the 
growth processes (acidogenesis and methanogenesis) is derived in much the same manner as 
presented in Appendix 5.3. The components 10 to 15 are the total concentrations (dissociated and 
un-dissociated) of each of the biodegradable fractions in FTRW. 
 
The only weak acid/base chemistry relationships not included in the metabolic processes are the 
conversion of hydroxide (OH-) to bicarbonate (HCO3-) and the expulsion/dissolution of carbon 
dioxide, represented by processes 19 and 20 respectively. The final process (21) describes the 
hydrolysis of urea (component 17) to saline ammonia (component 8).  
 
pH is calculated externally exactly as discussed in Chapter 5 (Section 5.3.1 and Appendix 5.5), using 
three components i.e. 3 (CH4), 5 (CO2) and 7 (HCO3-). Further external calculations include effluent 
COD (Sbe), effluent SCFA (SCFAe), reactor solids concentration (MLSS), H2CO3*Alkalinity and 
effluent nitrogen (Nte) as presented in Appendix 6.4. 
6.2 Model Verification and Calibration 
As was the case in the steady state model, the stoichiometry of each FOG in the dynamic AD-FTRW 
model is dependant on two constants, namely the yield (Yj) and the endogenous decay rate (bj). 
Since the dynamic model is time dependant, a second set of kinetic constants is required namely; the 
maximum specific growth rate (umaxj) and the half saturation constant (Ksj). The latter two 
parameters are required to characterize the process rate equations. In the model calibration, the ideal 
values for the stoichiometric and kinetic parameters will be identified by a combination of literature 
survey and an automated parameter optimization done with water treatment simulation software 
package named West®. The constants required for the inhibition functions of pH, temperature, SCFA 
and dissolved H2(gas) will also be presented. 
 
Since the variation on both the umax and b values for anaerobic digestion is minimal (within 1 order 
of magnitude), these were chosen from literature. Next West® was programmed to auto-calibrate the 
Y-values for the various FOGs. This was done by simulating the AD-FRTW reactor subjected to 
steady state flow and load conditions for more than three sludge ages until the steady state model 
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outputs (VSS, gas production and composition) matched the steady state model results. The reactor 
volume was chosen such that the effluent concentration (Sbe) ~ 0 and the temperature and pH kept at 
37 oC and 7.1 respectively. Because of this, the effects of Ks and inhibition were assumed to be 
negligible. Based on these results, the internal consistency of the model was checked by checking 
the COD, C, H, O, N mass balances. The outcome is listed in Table 6.1 and it can be seen that all the 
influent fluxes (mass/d) are accounted for in the exiting masses. The model therefore conforms to 
mass balance and continuity principles and can be further calibrated to represent the AnMBR. 
 
 
Table 6.1, Dynamic AD-FTRW Model Mass Balance (OLR = 15 kg/m3Vr/d & Rs = 300 days) 
  
Entering Exiting 
  
Parameter Influent Effluent Waste Flow Biogas % Balance 
COD [gCOD/d] 460.6 5.473 0.017 455.3 100.00 
C      [mol/d] 12.73 1.463 0.004 11.25 100.00 
H      [mol/d] 2767 2758 8.502 0.028 100.00 
O      [mol/d] 2767 2758 8.502 0.008 100.00 
N      [mol/d] 6.073E-05 6.044E-05 2.909E-07 0 100.00 
 
After model verification the yield (Y) and death (b) values of the different FOGs was applied to 
attain an estimate of the mass fractions of the individual FOGs as fractions of the calculated VSS. 
These fractions were assumed to apply to the measured VSS of the AnMBR. The mass fractions of 
the different organism groups are shown in Figure 6.8.  
 
To get an estimation of the Ks-values for the individual FOGs, batch test experiments were 
conducted on biomass harvested from the AnMBR system and the utilization of the individual 
SCFAs were observed with time. This data, along with the Y, b and umax values for each FOG was 
then used to auto-calibrate the Ks-values in West®. The steady state and batch test calibration is 
discussed in detail below. 
6.2.1 Steady State Calibration 
For a constant flow and load bio-reactor with sludge age control, steady state is typically reached 
after three sludge ages. If this constant flow and load state is applied for longer than 3 sludge ages, 
then the dynamic and steady state models should yield virtually identical outputs for the same set of 
input parameters. 
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Provided the above criteria are met, the steady state model results can be used to calibrate some of 
the stoichiometric constants required in the dynamic model. However, since the number of 
parameters required is more than the number of stoichiometric relationships, only ratios between 
parameters can be explicitly identified. Thus prior knowledge about some parameters is required to 
identify of each individual parameters.  
 
Under steady state conditions with effluent COD concentration (Sbe) = 0 i.e. eliminating process 
rates and reducing the model to stoichiometry on the basis that the observed yield (Yobs) = 
Ymetabolic/(1+b.Rs), the influent biodegradable COD (Sbi) can only exit the system in the form of 
biogas (Sm) or biomass (ZVSS). The ratio between the COD exiting as biogas vs. the COD entering 
the system is governed by the net yield (Yobs), which is a fraction of the metabolic yield (Ymetabolic) 
and the endogenous respiration rate (bi) for a fixed unbiodegradable biomass residue f = 0.08 and 
sludge age (Rs). Since the endogenous respiration rates of the anaerobic organism groups are fairly 
similar, a literature survey was done to obtain the bj values. Thus the steady state parameter 
optimization was only done on the stoichiometric yield (Ymetabolic) values for each of the FOGs. 
 
The parameters optimization in West® requires lower- and upper-bound values for each of the 
parameters to be optimized. These (Ymetabolic) values were obtained from literature and the lowest and 
highest quoted values for each of the organism yield values were taken as the upper and lower-bound 
values respectively. To avoid the issues around using a ‘Simplex’ optimizer to fins the optimim 
Yield values, a constrained ‘Praxis’ optimizer with a covariance and perturbation factor set to 1E-6 
was used for a high degree of accuracy. Table 6.2 displays the upper and lower-bound and the 
optimized Y value for each of the functional organism groups as optimized for a sludge age of 300 
days: 
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Table 6.2, Steady State Metabolic Yield (molBiomass/molsubstrate) Optimization 
Metabolic 
Yield 
Lower- 
Bound 
Upper-
Bound 
Optimized 
Value 
Yad 0.03 4 0.15 3 0.1074 
YacHx 0.03 1 0.1027 1 0.0474 
YacVa 0.0338 3 0.1027 3 0.0496 
YacBu 0.02875 1 0.125 1 0.0558 
YacPr 0.0278 2 0.0632 3 0.0376 
YacEt 0.0125 1 0.125 1 0.0832 
Yam 0.0056 3 0.0304 3 0.0157 
Ymm 0.0056 1 0.0304 1 0.0127 
Yhm 0.0014 3 0.0183 3 0.004 
1. Kalyuznhyi, 1997b  
2. Sötemann et al., 2005 
3. Batstone et al., 2002 
4. Sam-Soon et al., 1989 
 
Table 6.2 shows that optimized yield values for all of the functional groups could be found between 
the lower and upper bounds indicating that none of the Ymetabolic values found compensated for 
another one constrained by the upper and lower bounds. After the yield optimization the dynamic 
model was compared to the steady state model for a constant load of 346 gCOD/d (i.e 19.23 L/d at 
18 000 mgCOD/L) for a 23 L reactor volume for a sludge age of 100, 300 and 500 days (Table 6.3): 
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Table 6.3, Steady State and Dynamic AD-FTRW Model Comparison for a constant influent 
flow rate of 19.23 L/d and a reactor volume of 23 L 
 Sludge Age Rs = 100 days Rs = 300 days Rs = 500 days 
Parameter SS Dyn 
% 
Error 
SS Dyn 
% 
Error 
SS Dyn 
% 
Error 
Sti [mgCOD/L] 18000 18000   18000 18000   18000 18000   
Ste [mgCOD/L] 0 9.60   0 7.83   0 7.50   
CH4 [L/d] 135.0 134.8 0.1 135.8 135.7 0.0 135.9 136.0 -0.1 
CO2 [L/d] 75.5 78.4 -3.8 76.0 79.0 -3.9 76.1 79.2 -4.1 
Alk [mgCaCO3/L] 2642 2593 1.9 2674 2644 1.1 2681 2660 0.8 
MLVSS [mgVSS/L] 12.48 13.28 -6.3 21.17 21.17 0.0 28.80 23.40 18.8 
pH 7.1 7.09 0.1 7.1 7.1 0.0 7.1 7.1 0.0 
Nti [mgN/L] 85.3 85.3 0.0 85.3 85.3 0.0 85.3 85.3 0.0 
Nte [mgN/L] 70.4 69.4 1.3 76.9 76.9 0.0 78.4 79.7 -1.6 
CODMethane/CODInfluent [%] 98.7 98.6 0.1 99.3 99.2 0.0 99.4 99.5 -0.1 
CODBiomass/CODInfluent [%] 1.3 1.4 -10.6 0.7 0.8 -6.2 0.6 0.5 11.6 
 
COD 100.0 100.0   0.0  100.0 100.0  0.0 100.0 100.0  0.0 
C 100.0 100.0  0.0 100.0 100.0  0.0 100.0 100.0  0.0 
H 100.0 100.0  0.0 100.0 100.0  0.0 100.0 100.0  0.0 
O 100.0 100.0  0.0 100.0 100.0  0.0 100.0 100.0  0.0 
N 100.0 100.0  0.0 100.0 100.0  0.0 100.0 100.0    0.0 
Charge 100.0 100.0  0.0 100.0 100.0  0.0 100.0 100.0    0.0 
Note: Since the gas temperature was assumed to be 37 oC, the molar volume of the biogas was taken as 25.285 L/mol 
 
Table 6.3 shows that all the masses again balanced and after optimization a large degree of 
correlation (< 4 % error) exists between the steady state and dynamic AD-FTRW model on most of 
the parameters evaluated. However, the dynamic model tends to under-predict reactor MLVSS by as 
much as 19% as the sludge age increases from 300 to 500 days and under predicted the MLSS by 
6% by decreasing the sludge age to 100 days.  The resultant effect is also an over (or under) -
prediction of the effluent N concentration (Nte). However, to place this error into interest, the % of 
the influent COD exiting as MLVSS is ~1% and of methane is ~99%. The 19% error on the reactor 
VSS concentration estimate results in a 0.04 % error on the mass of VSS wasted per day (i.e. 
19%/500 = 0.04%). This is because the mass of VSS wasted per day is 1/500th of the mass of VSS in 
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the reactor at a 500 d sludge age. Clearly this error is acceptable from a sludge production point of 
view. Figure 6.8 gives a presentation of how the VSS is distributed between the various FOGs and 
also endogenous mass. 
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Figure 6.8, FOG and Ze Mass Distribution (OLR = 15 kgCOD/m3/d & Rs = 300 days) 
 
From Figure 6.8 it can be noted that the major part of the VSS consists of acetogenic biomass with 
especially the propionate (ZacPr) and valeric acid (ZacVa) reducers contributing a significant amount to 
the total VSS due to their high yields. As expected the acetoclastic methanogens (Zam) are also a 
major contributor to the reactor VSS. Interestingly, even at a sludge age of 300 days the endogenous 
mass fraction (Ze) is only ~5% of the total VSS. 
6.2.1 Batch Test Calibration 
Analogous to the death rates (bj), the quoted maximum specific growth rates (umaxj) in the literature 
does not differ significantly for the individual FOGs, thus the required umax values were obtained 
from literature. Contrary to this, a wide range of values is quoted in literature for the half saturation 
constants (Ksj) for each of the FOGs. Thus, batch test experimental data were used to calibrate the 
Ks-values. 
 
Batch tests were done using mixed liquor harvested from the AnMBR and synthetic FTRW feed. 
The mixed liquor was diluted and placed in a 1 L batch reactor with environmental conditions 
(alkalinity, pH and temperature) similar to that of the AnMBR. A known amount of FTRW was 
introduced and samples were taken at regular intervals. Analysis done on the samples was the 
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following; Filtered COD, Total SCFAs (VFA-5pt), pH and the individual SCFAs were also analyzed 
with an HPLC. For a detail discussion on the experimental setup, experimental methods and data 
reconciliation techniques for the batch tests, refer to Appendix 6.2. 
 
The parameter optimization was started with the longest chain length SCFAs namely hexanoic acid 
(Hx) and valeric Acid (Va), since these can only be degraded and not produced by the acetogenesis 
process (Figure 6.8). 
                 [A]                                                              [B]    
 
Figure 6.9, Hexanoic – [A] and Valeric Acid [B] Degradation vs. Time 
 
Figure 6.9 shows a fairly good fit of the dynamic model to the experimental data for hexanoic- (Hx) 
and valeric acid (Va). Very low hexanoic (Hx) and valeric acid (Va) concentrations were measured 
earlier in the batch test than predicted, which indicates a lower half saturation constant (Ks) would 
provide a better fit to these low concentrations. However, because 0.000005 mol/L is extremely low 
(~0.5 mgCOD/L) and the higher concentrations are given more emphasis, the estimated Ks-values 
were accepted. Butyric acid (Bu) enters the system via the feed and is also produced in the 
degradation of Hx. From Figure 6.10A it can be noted that the model prediction for butyric acid (Bu) 
removal also fits the experimental data quite well, but also shows higher predicted values than 
measured at the low concentration. 
 
 
 
 
0.000035 mol/L  
= 9 mgCOD/L 
0.00045 mol/L  
= 94 mgCOD/L 
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                                     [A]                                                              [B] 
 
Figure 6.10, Butyric – [A] and Propionic Acid [B] Degradation vs. Time 
 
Propionic acid enters the system via the feed but is also produced by valeric acid (Va) degradation 
(Figure 6.10B). A significant amount of propionic acid is produced by valeric acid degradation, so 
much so that the propionic acid peaks around 0.1 d (2.4 h) after the injection time (tinjection) 
(Appendix 6.2). From Figure 6.10B it can be noted that the dynamic model does not predict the 
propionic peak as pronounced as observed in the experimental data. This would seem to indicate that 
the growth rate of the acetogenic organisms is too fast. However, it cannot be reduced because then 
the predicted decrease in concentration takes far too long. It therefore appears that the Monod 
equation is not the best model to represent the acetogenesis kinetics. However it was retained 
because it predicted the decreasing concentration reasonably well and therefore was assumed 
sufficient for this first version of the dynamic AD-FTRW model. The HPLC analyzer was only 
calibrated to a concentratio  of 0.00025 mol/L for the SCFAs evaluated (Method Detection Limit = 
0.00025 mol/L) and data below this value would probably be recorded as zero. This might have an 
effect on the calibration of the Ks-values, but at the time of the investigation, this was the most 
sensitive SCFA analyzer available.  
 
Similarly, the acetic acid (Ac) concentration peaks well after tinjection. This is because acetic acid is 
produced in the oxidation of all of the higher SCFAs. Figure 6.11 shows how the Ac concentration 
increases without any removal (µmaxAm = 0) as well as how Ac is removed by the acetoclastic 
methanogen functional group. 
0.0008 mol/L  
= 128 mgCOD/L 
0.0014 mol/L  
= 157 mgCOD/L 
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Figure 6.11, Acetic Acid Accumulation (Ac-dyn) & Removal (Ac-dyn[-1]) vs. Experimental 
Data (Ac-exp) 
 
From Figure 6.11 it can be noted that there is a significant addition of acetic acid after tinjection. The 
reason for this is the all of the higher SCFAs are converted to Ac and other metabolic products. If the 
model prediction is compared to the experimental results, it can be noted that the model predicts 
relatively well the low concentrations. However the two measured concentrations between 0.05 and 
0.1 days are under predicted by as much as 50%.  
 
The analysis for the remaining soluble biodegradable fractions in the system (EtOH, MeOH) was 
regarded as impractical; because they are very low in the FTRW (< 2%) so will not affect the 
effluent COD concentration. Also utilization of biomass slowly biodegradable organics (Sbp) was not 
calibrated kinetically, since these particulate organics remain in the AnMBR for the duration of the 
sludge age (which was very long > 100 days) and so are virtually completely degraded also. The 
kinetic constants for the digestion of these compounds were obtained from literature (Sötemann et 
al., 2005). 
0.0049 mol/L  
= 314 mgCOD/L 
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Figure 6.12, Total Filtered COD [mgCOD/L] & Total SCFA [mgAc/L] vs. Time 
 
Both the total filtered COD (Ste) and total SCFA predictions correlate well with the measured values 
in the high and low ranges (Figure 6.12). For the higher concentrations (>300 mgCOD/L) 
concentrations deviations as large is 25% is observed. It should be emphasized that the both the 5-
point titration method and the COD tests showed large variations (± 15%). Note; the total filtered 
COD in the batch test was used to simulate the membrane filtered effluent of the AnMBR. Table 6.4 
displays the upper and lower bounds and also the Ks and µmax values from the batch test simulation 
and parameter estimation. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 178 
Table 6.4, Kinetic Constant Parameter Optimization 
Functional 
Group 
Kinetic 
Constant 
Lower-
Bound 
Upper-
Bound 
Selected 
Value 
Optimized 
Ks 
[mgCOD/L] 
UmaxAcHx 16 3 0.041 3 1.18   ZacHx 
KsAcHx 1.14E-4 3 0.0066 3 2.10E-04 53.8 
UmaxAcVa 1.4 4 0.69 3 1.53   ZacVa 
KsAcVa 3.23E-4 3 0.00186 3 0.0009 187 
UmaxAcBu 0.24 1 2 1 2.27   ZacBu 
KsAcBu 8E-6 1 3.125E-3 1 5.00E-03 800 
UmaxAcPr 0.02 3 2.7 3 1.1   ZacPr 
KsAcPr 8.9E-5 2 0.01023 3 2.00E-03 224 
UmaxAcEt 6.72 1 10 1 1.15   ZacEt 
KsAcEt 3E-6 1 1.28E-4 1 1.00E-03 96.0 
UmaxAm 0.02 3 4.4 2 1.15 2   Zam 
KsAm 1.7E-4 3 0.0145 3 5.00E-04 32.0 
UmaxMm 0.02 3 4.4 2 1.15   Zmm 
KsMm 1.7E-4 3 0.0145 3 1.00E-03 48.0 
UmaxHm 0.02 3 8 3 1.2 2   Zhm 
KsMm 1E-6 3 6E-4 3 1.00E-03 2.45 
UmaxAd 0.41 3 43 1 0.8 2   Zad 
KsAd 4.2E-5 1 6.66E-3 3 1.00E-03 140 
  µmax       [1/d] 
  Ks            [mol/L] 
1. Kalyuznhyi, 1997b  
2. Sötemann et al., 2005 
3. Batstone et al., 2002 
4. Sam-Soon et al., 1989 
 
 
From Table 6.4 the growth rates of all of the functional groups considered are fairly similar, as 
expected. However, the Ks values differ considerably. This implies that even though most of the 
functional groups grow at the similar rates, some groups such as acetoclastic methanogenesis (KsAm 
= 0.034 mol/L) can only function at high substrate concentrations while others can function at low 
substrate concentrations (hydrogenotrophic methanogenesis, KsHm = 0.000156mol/L). FOGs with 
high Ks-values cannot remove their substrate down to very low values and these would then be the 
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reactor hydraulic retention time governing groups. However, because the sludge age of the reactor is 
so very long, to maintain the required TSS for membrane operation, even the bioprocesses with high 
Ks-values will virtually reach completion and associated effluent substrate concentrations (Sbe) will 
be very low. Once the model has been validated, the predicted Sbe versus sludge age (Rs) will be 
explored. The possible overlap of the system sludge age requirements for membrane scour (high 
MLSS) and for bioprocess kinetics - effluent SCFA and COD is discussed in Section 6.4 below. 
6.3 Model Validation 
To validate the dynamic AD-FTRW model, an extract ( day 550 to 605) of the 700 day AnMBR 
experimental dataset was chosen where the system was subjected to dynamic flow and load 
conditions, but no nutrient deficiencies or membrane fouling problems occurred – since these can as 
yet not be modeled.  
                     [A]                                                        [B] 
 
Figure 6.13, A and B: AnMBR Experimental OLR & Sludge Age 
 
Figures 6.13A and B show that the experimental data applied to validate the dynamic AD-FTRW 
model were actual plant data with large changes in (i) flow, (ii) organic load and (iii) sludge age 
which was calculated from the volume of mixed liquor wasted from the system daily (Rs = Vr/Qw). 
In Figure 6.13A it can be noted that in the first part of the period observed the OLR was increased by 
increasing the flow through the reactor, the second part of the period (> day 575) the OLR was kept 
constant around ~ 16 kgCOD/m3Vr/d. The on-line control system was relaxed during this period. The 
sludge age was also varied considerably in an attempt to control the MLSS of the AnMBR. The 
experimentally measured and model predicted alkalinity, reactor pH, biogas production, biogas 
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partial pressure of CO2, effluent COD and SCFA concentrations and reactor MLSS are given in 
Figures 6.14 to 6.17. 
                                    [A]                                                                [B] 
 
Figure 6.14 [A] and [B]: pH and Alkalinity; Experimental vs. Dynamic Model 
 
For a detail discussion on the various parameters (OH-, Urea and Dissociated SCFAs) contributing to 
the total alkalinity, refer to Section 5.2. In both cases the experimentally observed pH and alkalinity 
shows far less variability than the model. This is due to the input file for the simulation. The data in 
this file is daily averages over the experimental period, thus the dynamic model will yield 
“averaged” daily outputs. Contrary to this, the experimentally measured outputs measured on the 
AnMBR are mostly grab samples, thus showing a large variability. The dynamic AD-FTRW 
model’s pH predictions yields a P90 = 4% which points towards a strong correlation with the 
measured pH data. For alkalinity a P90 = 25% and a P50 = 14% is obtained if compared to the actual 
measurements. In contrast to this, the dynamic model shows a very good correlation with the 
measured daily biogas production (Figure 6.15A). 
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                                     [A]                                                             [B] 
 
Figure 6.15, [A] and [B]: Biogas and PCO2; Experimental vs. Dynamic Model 
 
For the CO2 partial pressure the dynamic model (PCO2-dyn) also correlates well with the 
experimentally observed values (P90 = 7%), provided the CO2 partial pressure data (PCO2-exp) are 
corrected (PCO2-exp(adj)) to fix the COD balance as discussed in Chapter 5 (Figure 6.15B). This was 
done by forcing a 100% COD mass balance on the experimental data by decreasing the Pco2 values, 
which were typically 0.10 higher (~0.45) than required for a COD balance (~0.37).  
                                     [A]                                                              [B] 
 
Figure 6.16 A & B: Effluent COD (SCFAe) and SCFAe; Experimental vs. Dynamic 
 
In the dynamic model, far less variance is observed in the effluent COD and SCFA concentrations 
than in the experimental data (Figure 6.16). A possible explanation for this is that the dynamic model 
gives the effluent daily average concentration, because the influent COD concentrations are constant 
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over 24 hour periods. Whereas both the effluent COD (Sbe) and Effluent Short Chain Fatty Acids 
(SCFAe) experimental data are grab samples taken from the AnMBR. The experimental vs. predicted 
outputs for Sbe and SCFAe are 190S vs. 224S mgCOD/L (P90 = 65%) and 134S vs. 112S mgAc/L (P90 
= 75%) respectively. The dynamic model predicts the reactor MLSS with a large degree of accuracy, 
with a 16.9S predicted average compared to a 17.4S (P90 = 14%) measured average for the dataset 
(Figure 6.17). Note: This variance was also significantly less than was observed for the experimental 
data in Chapter 5 (Section 5.2). The comparatively large degree of variance in the model predicted 
MLSS is possibly due to variations in LOR and sludge age. 
  
 
Figure 6.17, MLSS; Experimental vs. Dynamic 
 
Figure 6.18 displays the composition of the effluent COD (Sbe) as predicted by the dynamic AD-
FTRW model. It can be seen that most (~53 %) of the COD that escapes in the effluent is acetic acid 
(Ac). This is expected because more then 50% of FTRW consists of acetic acid (Ac) and secondly 
the acetoclastic methanogens have a fairly high half saturation constant (KsAc, Table 6.4) 
 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 183 
 
Figure 6.18: AnMBR Treated Effluent Composition 
 
Secondly, Propionate and Butyric Acid makes up the 2nd and 3rd largest fractions with the remainder 
being the longer chain SCFAs and the least concentration is the dissolved H2 gas (not shown). The 
effluent substrate was also plotted as a breakdown of the total effluent COD in Figure 6.19. 
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Figure 6.19, Effluent Biodegradable Fractions (Day 576) 
 
Day 576 was chosen since the effluent COD was at its highest on this day and the OLR constant at 
16 kgCOD/m3.d (Figure 6.19). From the COD breakdown it can be noted that mostly propionate 
(32%) exits the system. From the predicted VSS composition (Figure 6.20), it can be noted that even 
at long sludge ages (>500 days) most (>80%) of the biomass is active. This is because the 
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endogenous respiration rates of the organisms are all very low (~ 0.04 /d) and the unbiodegradable 
fraction of the biomass also low (f = 0.08) (Figure 6.20).  
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Figure 6.20, Predicted VSS Composition 
 
Secondly it can be noted that the FOGs contributing the most to the VSS is the propionate reducing 
acetogens (ZacPr) followed by the acetoclastic methanogens (Zam). As expected the acidogens (Zad) 
contributes only a small fraction (<4%) of the total VSS because the endogenous respiration rate is 
so low. Of the total biogas production, 3.8% is due to biomass biodegradable organics (Sbp) 
digestion, which is significant because with only 1% of the influent COD becoming biomass wasted, 
the observed yield (Yobs = nett sludge production) is only about a quarter of the metabolic sludge 
production. 
6.4 Modeling Reactor Failure 
In this section, the inhibition functions that was chosen from literature to best represent the AD-
FTRW environment, will be applied to predict the AnMBR response to fluctuations in pH, 
Temperature, H2(aq) and reactor SCFA concentrations. Factors including (i) pH and (ii) temperature 
fluctuations and (iii) OLR overload situations will be evaluated. H2(aq) inhibition will not be 
evaluated explicitly, but the effects of the various parameters on the H2(aq) concentration will be 
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presented. Since FTRW is nitrogen deficient and urea is only dosed as a nutrient, its concentration 
and resultant effect on pH and inhibitions will be assumed negligible compared with other 
compounds under evaluation. To model reactor failure, the sludge age was set to 300 days and the 
OLR to 20 kgCOD/m3/d.  
6.41 Reactor Failure Due to OH- Dosing 
The first scenario investigated was that of a failure of the NaOH dosing system required for pH 
control. This can happen due to the NaOH storage tank running empty or a dosing pump 
malfunction. In the first simulation (Figure 6.21 - OHin[-1] and Figure 6.22) a pH decrease from the 
normal 7.1 to 6.8 was evaluated. The NaOH dosing was decreased from its normal 0.8 molOH/d 
(1285 mgNaOH/L) to 0.24 mol/d (385 mgNaOH/L). This caused the system to acidify, resulting in 
the desired pH decrease to 6.8. After 72 hours, the OH- dosing was reset to the original level (Figure 
6.21 – OHin[-1]) and the pH in the reactor recovered back to 7.1. 
 
 
Figure 6.21, OH- dosing for pH control 
 
Therefore based on the pH inhibitions as included in the model, if the pH is lowered to a level of 6.8 
due to a dosing malfunction, the AnMBR can recover completely if this is not continued for longer 
than 4 days (Figure 6.22). If this period is exceeded, the system fails catastrophically (similar to 
Figure 6.23). 
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                              [A]                                         [B]                                           [C] 
 
Figure 6.22, Maximum Time at Decreased pH = 6.8 for Full Recovery 
 
Since the peak H2(aq) and SCFA concentration was still fairly low for the pH<6.8 scenario, no 
excessive OH- dosing was not required for full system recovery – NaOH dosing only needed to be 
recovered to normal and the SCFAe concentration recovered shortly afterwards. 
 
In the next simulation the goal was to decrease the reactor pH to 6.7 (Figure 6.21 – OHin). In this 
simulation the NaOH dosing was decreased to 0.095 molOH/d (160 mgNaOH/L) to observe the pH 
decrease (Figure 6.23). 
                            [A]                                         [B]                                           [C] 
 
Figure 6.23, Minimum Time at Decreased pH = 6.7 for Reactor Failure 
 
After approximately 36 hours, the system failed catastrophically. The investigation of the effect to 
pH fluctuation on the AD-FTRW system could not be continued since the system shows immediate 
failure for pH values below ~6.68. Similar results were obtained for decreasing the system pH above 
the optimal (> 7.4), which can happen in a NaOH overdose-situation.  
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6.4.2 System Failure Due to Temperature Fluctuation 
The next inhibitory effect that was investigated was that of temperature fluctuations (Figure 6.24). 
The actual FTRW stream is cooled from 100 oC to 37 oC before it enters the full-scale wastewater 
treatment plant (Section 2.1). Thus a scenario of temperature increase above the optimal is quite 
plausible if the cooling system fails. Secondly, a temperature decrease is also plausible if the 
ambient temperature decreases or if the reactor’s backup internal heating system fails. 
 
                               [A]                                         [B]                                           [C] 
 
Figure 6.24, Minimum Time at Decreased Temp (305 K) for Reactor Failure 
 
Unlike pH, temperature is a control parameter in the dynamic AD-FTRW model i.e. it can be varied 
directly (Figure 6.24A). The model predicts very high temperature sensitivity. Even a gradual 5 oC 
temperature decrease (over 4 days) still leads to catastrophic failure of the biomass (Figure 6.24). 
Similar results were obtained for increasing the temperature above 37 oC. The effects of both 
temperature and pH appeared to be described quite well when compared with experimental 
observations during the investigation, but this aspect of the model was not formally validated. 
6.4.3 System Failure Due to Overloading 
The effect of an increase in SCFAe an H2(aq) is interlinked and the one usually happens in response to 
the other. To simulate the effect on an increase in these two parameters, an organic overload is 
applied to the AnMBR. An OLR overload is the most common type of inhibition observed in the 
AnMBR. This is especially prevalent in the start-up phase (Section 4.2) when the OLR is increased 
on a daily basis. In the next two presented simulations, the smallest OLR increase (for 24 hours) 
which leads to a catastrophic system failure were investigated (Figures 6.25 & 6.26). For the first 
simulation, the influent flow rate was increased by 15% (24.9 L/d to 28.635 L/d) for 24 hours and 
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then it was reset to the initial flow rate. Correspondingly, the OLR also increased with 15% since 
OLR = Qi.Sti/Vr and the influent COD (Sti) and the reactor volume (Vr) is constant at 18 500 
mgCOD/L and 23 L respectively. 
 
                             [A]                                         [B]                                           [C] 
 
Figure 6.25, Minimum 24 Hour OLR increase for Reactor Recovery 
 
For an OLR increase of 15% the model predicts a full system recovery (Figure 6.25).  A small spike 
in the SCFAe and H2(aq) is observable, but once the influent flow (and OLR) is reset to normal, the 
system recovers completely. However, a 17% OLR increase, corresponding to a 17% influent flow 
rate increase, leads to a catastrophic failure (Figure 6.26). The reason for the failure is that inhibitory 
compounds (SCFAe and H2(aq)) accumulate in the reactor because it cannot be removed at a high 
enough rate by the active biomass. This leads to inhibitory conditions that shut down the bio-
processes. Experimentally, this value was observed as slightly lower. The laboratory scale AnMBR 
could handle an OLR increase of ~12%, but a 24 hour increase of 15% would lead to complete 
system failure. 
                             [A]                                         [B]                                           [C] 
 
Figure 6.26, Minimum 24 Hour OLR increase for Reactor Recovery 
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6.4.4 System Failure from Too Low Sludge Age 
Next the minimum sludge age for a given OLR was investigated. This simulation was done by 
allowing the system to reach steady state at a long sludge age (~300 days) for a given OLR. Then the 
sludge age was decreased to ~100 days and the simulation was allowed to run to steady state (> 3 
sludge ages). If the system reached steady state, the sludge age was again decreased to ~95 days and 
the process was then restarted at a lower sludge age. This procedure was then continued until the 
minimum sludge age was identified where the system was still able to reach steady state for the 
chosen OLR. In other words, if the sludge age was decreased any more the biomass in the system 
would not be able to grow fast enough to remove all of the SCFA. This would lead to a SCFA 
overload and catastrophic system failure. Figure 6.27 presents the ‘failure sludge age’(RSfail) vs. 
OLR and also the corresponding reactor solids concentration (MLSS). As a matter of interest the 
steady state MLSS as predicted by the steady state model was also plotted for the given OLR and 
sludge age. A good correlation exists between the steady state and dynamic model predictions and is 
typically within 10% of one another (Figure 6.27 & Table 6.3).  
 
Figure 6.27, Predicted Minimum Stable Sludge Age & Corresponding MLSS vs. OLR 
 
From Figure 6.27, as the OLR increases, so does RSfail. Furthermore it can be seen that the minimum 
MLSS of 12 gTSS/L for the membranes to function properly (Section 3.1.1), a minimum sludge age 
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of 70 days and a minimum OLR of 13.5 kgCOD/m3/d will be required. To observe how effluent 
quality and MLSS changes with sludge age at a constant OLR, Figure 6.28 was constructed. 
 
Figure 6.28, Effluent COD and Reactor MLSS vs. Sludge Age at OLR = 15 kgCOD/m3Vr/d 
 
Ideally, the effluent COD (Sbe) should be maintained below 300 mgCOD/L, this not only ensures a 
high quality effluent, but also avoids SCFA inhibition which could lead to system failure and high 
OH- dosages to neutralize the unutilized SCFAs accumulating in the reactor. To maintain a Sbe < 300 
mgCOD/L the system should be operated at a sludge age > 110 days (for OLR = 15 kgCOD/m3/d). If 
these criteria are met, sufficient solids (MLSS > 12 gTSS/L) should be generated for membrane 
scour (Figure 6.27). 
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6.5 Closure 
 
The dynamic AD-FTRW model was developed from mass balanced stoichiometric reactions 
describing the anaerobic metabolism of each biodegradable fraction of the FTRW by its 
corresponding functional organism group (FOG). This was then combined with WABC relationships 
derived and simplified from Mosvoto et al. (1997). pH predictions was derived from an inorganic 
carbon balance similar to that of the steady state model (Appendix 6.4). The yield values of the 
individual FOGs were calibrated against the steady state model with an automated parameter 
optimization using the water treatment simulation package West®. Similarly, the half saturation 
constants for the individual FOGs were calibrated with West® against batch test experimental data 
from an experiment specifically designed for this purpose. The outcome was a dynamic AD-FTRW 
model able to predict all of the measured parameters – including effluent COD (Sbe), effluent SCFA 
(SCFAe) and reactor mixed liquor concentration (MLSS) – typically to within 10%.  
 
After calibration, the dynamic AD-FTRW was validated against dynamic flow and load 
experimental data. The model shows less variability in the predicted outputs than the experimental 
data. The reason for this is that the model only calculates daily averages, whereas the experimental 
data are grab samples obtained form the experimental system every few days. Nevertheless 
parameters (i) alkalinity, (ii) pH, (iii) b ogas production and (iv) composition and (v) MLSS are 
predicted to typically within the ± 10 % error margin. The largest variability in experimental data is 
observed in the effluent SCFA and COD (Sbe). The experimental vs. predicted outputs for Sbe and 
SCFAe are 190S vs. 224S mgCOD/L (P90 = 65%) and 134S vs. 112S mgAc/L (P90 = 75%) 
respectively. Thus it can be concluded that the dynamic AD-FTRW model slightly over predicts the 
effluent COD (18%) and SCFA (20%). This slight over prediction is advantageous, since it will 
result in a more conservative design of downstream processes. 
 
Even at very long sludge ages (~300 days), the endogenous (inactive) fraction of the biomass does 
not dominate the MLSS. Indeed it appears that at a sludge age > 1000 days ~80% of the biomass is 
still active. This is due to the high influent COD of FTRW (18 000 mgCOD/L) and its high degree of 
biodegradability and low endogenous decay rates (b) and unbiodegradable fraction of the biomass 
(f). 
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During the experimental part of the project it was discovered that the AnMBR is prone to inhibition 
which can lead to system failure. Inhibitory parameters include pH, T, high SCFA concentrations 
and H2(aq) inhibition. Since these were not specifically investigated in the experimental part of the 
project, a literature survey was conducted to find the required inhibition functions for mesophillic 
anaerobic digestion. It was found that a temperature and pH variation of ± 4 oC and ± 0.3 pH units 
respectively over a period of 3 to 4 days can lead to a catastrophic system failure. Secondly a rapid 
(1 day) OLR increase of 17% also leads to a catastrophic failure, although not formally validated, 
these findings correlated with observations on the experimental AnMBR system. It should however 
be emphasized that the inhibition functions obtained from literature were applied ‘as is’ and should 
be validated experimentally if the AnMBR finds application at pilot scale. 
 
The dynamic AD-FTRW model predicts that, irrespective of the inhibition type (pH, T, SCFA or 
OLR increase) the H2(aq) always shows a fluctuation before the system fails catastrophically. It can 
also be noted that, if the H2(aq) recovers, the system also recovers from the inhibition of a shock load. 
Secondly the H2(aq) also recovers far quicker than other parameters like SCFAe or Sbe. Thus the H2(aq) 
concentration appears to the ideal pre-emptive parameter for predicting (i) inhibitions, (ii) imminent 
reactor failure and also (iii) reactor recovery. Traditionally, the H2(aq) and the gas phase hydrogen 
partial pressure could not be measured economically due to its low concentrations. However, due to 
recent advances in hydrogen fuel cell technology inexpensive H2(aq)-probes that can measure H2(aq) 
concentrations as low as 90 nano-mols are currently available. It has also been proven that these 
probes can survive long term use in anaerobic digestion mixed liquor (Pauss & Guiot, 1993).  
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7. Conclusions & Recommendations 
▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬▬ 
The aim of Chapter 7 is to summarize the main conclusions drawn from the body of work 
represented in this thesis. It will be in chronological order i.e. will start with conclusions drawn on 
the combination of membrane technologies, anaerobic digestion and the treatment of a high strength 
acidic organic stream including Fischer-Tropsch Reaction Water (FTRW). This will be followed by 
the conclusions drawn from the feasibility study of the AnMBR and will discuss issues like start-up 
optimization, nutrient requirements, maximum attained OLRs, optimal pH control methods and 
sludge age. The third set of conclusions will be on the performance evaluation of the AnMBR, in 
this section the performance of the AnMBR was compared to the control-reactor (AnPBR). (i) 
Nutrient and (ii) alkalinity requirements, (iii) sludge production, (iv) effluent quality and (v) shock 
loading responses will be used as means of comparison for the performance evaluation.  
 
A large fraction of the research project also entailed modeling of the AnMBR, both at steady state 
(time independent) and under dynamic (time dependant) conditions. Both the steady state and 
dynamic AD-FTRW models were calibrated and validated against data collected in the experimental 
phase of the project, conclusions will be drawn on model accuracy, model versatility and model 
weaknesses/short comings. 
 
This research project will close off with recommendations that arose from the literature survey, 
feasibility study, performance evaluation and modeling. The recommendations will focus on the up-
scaling of the AnMBR to pilot plant size (> 1000 L reactor volume), possible design alterations to 
increase performance on lab-scale. 
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7.1 Conclusions 
7.1.1 Literature Review 
 
The literature considered (i) the Sasol process, (ii) anaerobic digestion, (iii) anaerobic bio-reactors, 
(iv) membrane technologies and (v) Anaerobic Membrane Bio-reactors (AnMBRs). From the 
literature review, the following conclusions were identified: 
 
• In the anaerobic (and aerobic) treatment of SCFA rich waste waters – such as FTRW – 
biomass settleability poses a major issue. This leads to biomass washout and large required 
reactor volumes. In a response to this, fixed bed anaerobic technologies were developed. The 
anaerobic treatment of FTRW has the added benefit that > 90% of the biodegradable organics 
that enter the system is converted to methane, which can be used for energy generation. 
However the fixed bed anaerobic systems produces a effluent with high TSS and SCFA 
concentrations and required an aerobic polishing step as post treatment. This further 
increases the operating cost to prepare the treated wastewater for reverse osmosis and 
recycling into the Sasol process (Section 2.2). 
 
• Anaerobic systems relying on granulation such as the USAB, EGSB and IC reactors show 
poor process performance in the long term treatment of SCFA streams. This problem is 
overcome by the 100% solids-liquid separation imposed by the membranes in the AnMBR 
(Section 2.4.2). 
 
• The capital cost of membranes has traditionally been one of the main factors hampering the 
full-scale implementation of MBRs. However, from the early 90’s to the present, membrane 
costs have shown a >95% decrease. The same has also been observed for the operating cost 
of MBR plants. If these trends continue the competitiveness of membranes over conventional 
solid-liquid separation systems will continue to increase into the next decade (Section 2.5.8). 
 
• In the early 90’s there was a significant increase in the number of research outputs generated 
by research facilities investigating the aerobic MBR. In response to these research outputs 
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and skills developments, full-scale aerobic MBR plants rapidly increased in number in the 
past decade. For the AnMBR, a 10 fold increase in publications has been observed over the 
past 4 years. It is thus anticipated that the AnMBR will similarly find increasing full-scale 
application over the next decade (Section 2.5.8). 
 
7.1.2 Feasibility Study 
After the design and construction of a novel AnMBR system (Section 3.1) for the treatment of 
FTRW the feasibility study was commenced. This part of the research project comprised an 
investigation into (i) the response of the anaerobic biomass to the FTRW, (ii) the effect of the 
dispersed anaerobic biomass on the trans membrane pressure and flux through the membranes and 
(iii) overall process performance characteristics of the AD-FTRW process. The following 
conclusions were drawn: 
 
• The AnMBR can treat Fischer-Tropsch Reaction Water at organic loading rates (OLR) of up 
to 30 kgCOD/m3/d within 5 months from start-up. The system yields an effluent with a total 
COD < 400 mgCOD/L, an effluent SCFA < 250 mgAc/L and no particulates > 0.45 µm 
(Section 4.2). 
 
• Since FTRW is chemically created water, it has no natural nutrients and very little alkalinity 
(~800 mgCaCO3/L). Nutrients have a significant effect on the growth rates of the anaerobic 
micro-organisms and as a result also on the OLR. From the nutrient optimization done after 
start-up it was shown that N, P, S and Fe is of primary importance in the AD-FTRW system 
and should be dosed as macro nutrients (~ 80, 10, 4, 1 mg/Lfeed respectively for 18 000 
mgCOD/L FTRW). Yeast extract, Ca and Mg is of secondary importance and can be dosed 
as micro nutrients (< 1 mg/Lfeed) along with other micro nutrients normally required for 
anaerobic digestion (Section 4.3).  
 
• Because of the 100% solid-liquid separation imposed, and long sludge ages (> 100 days) 
required to increase the MLSS into the optimal range for membrane scour (> 12 gTSS/L), the 
membranes trap all the particulate COD and endogenous biomass inside the AnMBR, where 
it can be hydrolyzed almost to completion. This induces an abnormally high nutrient recycle 
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within the biomass.  It was found that the system can operate with a COD:N:P ratio of 
2000:10:1 without nutrient deficiency. This is more than three times higher than the typical 
COD:N:P ratio of 650:10:1 used for anaerobic systems treating acidic substrates. An 
operational effluent Ammonia (FSA) < 50 mgN/L can be maintained (Section 4.3).  
 
• Provided the system is operated below the critical flux (<4.3 L/m2/h), MLSS concentrations > 30 
gTSS/L were maintained without deterioration of membrane fluxes, even though the DSVI (3000 
ml/g) indicates that the sludge cannot be settled by traditional methods. The AnMBR system 
produced 1/10th of the sludge mass traditionally observed in aerobic systems(0.0215 
gTSS/gCODremoved vs. 0.22 gTSS/gCODremoved) and has zero oxygen requirements (Section 4.6.1) 
 
• More than 98% of the COD entering the AnMBR is converted to methane (Section 4.6.1). 
This energy rich biogas can be used for digester heating, electricity generation or even 
recycled for fuel production. It is estimated that if the biogas produced from the anaerobic 
digestion of the entire Secunda-FTRW stream (29 ML/d at 18 gCOD/L) is converted to 
electricity, it will exceed the wastewater treatment plant’s electricity requirements by 
approximately 23 MW (571 MWh/d) (at 33% thermal efficiency), enough to power 17000 
average South African house holds (33 kWh/household/d). The carbon footprint of the AS-
AnMBR plant will also be 48% less than that of the current waste water treatment system 
(Appendix 1.1).Alternatively, the biogas can be blended into the natural gas line before auto-
thermal reforming which will then be converted to synthesis gas and polymerized via the 
FTRW process. It is estimated that if the 128 ton/d of methane is converted to diesel, 52 000 
L/d can be produced extra, resulting in a further capital gain of ~65 R million per year  
(Chapter 1). 
 
• The Specific NaOH Utilization of the AnMBR is affected by three parameters, (i) the feed 
flow rate through the reactor, (ii) the reactor pH and the (iii) effluent SCFA concentration. It 
was found that the NaOH requirement of the AnMBR was on average 0.067 
kgNaOH/kgCOD at a reactor alkalinity and pH of 2200 mgCaCO3/L and 7.05 respectively 
(Section 3.5 & Section 4.6.1). 
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• In the design of the AnMBR, the membrane surface area was significantly oversized, since 
there was no way of predicting how the membrane performance would be affected by the 
anaerobic biomass. For the first 650 days of the study membranes were operated at 1 to 10 % 
of their capacity. The recirculation of biogas for reactor mixing and membrane scour was 
successful. No noticeable deterioration of membrane performance was observed over the test 
period. However, inorganics including rust or precipitates can cause a reversible fouling that 
has a detrimental effect on membrane performance, but once removed, membranes recover 
completely (Section 4.5.1). 
 
• In the last 50 days of the experimental phase, an effluent recycle was incorporated into the 
AnMBR design to simulate the effects of an increased flux over the membranes. For fluxes 
below 4.3 L/m2/h no correlation could be found between TMP and flux. However, when the 
flux increased over 4.3 L/m2/h, a sharp increase in the TMP was observed. Under the 
conditions imposed, the flat panel membranes appear to have a critical flux of ~4.3 L/m2/h. 
At fluxes of higher than this critical value, biological cake layer formation cannot be 
controlled by biogas scour, even at increased scour gas flow rates up to 150% (Section 4.5.2). 
The normal scouring rate was 750 L/m3/h as recommended by Kubota®. 
 
• The first irreversible fouling test was done before commissioning the AnMBR, the second 
was done 530 days later. The change in flux through the clean membranes changed very little 
over the 530 days between the two chemical cleans. If a 50 % decrease in flux is allowable 
before membrane replacement this data points to a membrane life span on the AD-FTRW 
environment of at least 7 years. However, it should be emphasized that this prediction is an 
extrapolation from a small dataset and relatively short period of investigation. It would 
appear that the permanent fouling rate of activated sludge is at least twice that of the AnMBR 
(Ramphao et al., 2004); however the operating flux of the AnMBR at 4.3 L/m2/h was 
significantly below that of the AS system (10 – 15 L/m2/h) (Section 4.5.3).  
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7.1.3 Performance Evaluation 
In response to the positive outcomes of the feasibility study, a lab-scale down-flow Anaerobic 
Packed Bed Reactor (AnPBR) was also constructed and operated to benchmark the performance of 
the AnMBR. The AnPBR was a scaled-down version of a pilot plant system currently under 
development by Sasol - its volume was exactly the same as the AnMBR (23 L) and its packing 
density and down flow velocity the same as the pilot plant (Section 3.2). Both systems are fed the 
same artificial FTRW and nutrient mix. The two systems were operated at a steady state organic 
loading rate (OLR) = 15 kgCOD/m3/d for a period of 35 days and their performance compared. The 
flowing conclusions were drawn: 
 
• The AnMBR effluent (35 mgCOD/L) is free of particulates and TSS compared with the 
AnPBR where 57 % of the effluent COD (1750 mgCOD/L) is in particulate form. 
Furthermore the total COD of the AnMBR is only 2% of the total effluent COD of the 
AnPBR at an OLR of 15 kgCOD/m3/d. This difference would result in a significantly 
reduced operating and capital cost for the downstream processing system (Section 4.6.1). 
 
• The membranes act as a positive barrier retaining biomass in the AnMBR. Because of this 
and the long sludge age, the dead biomass in the reactor gets hydrolyzed and is reintroduced 
as substrate to be utilized by the anaerobic biomass. This re-utilization of biomass results in a 
~30% lower sludge production - and sludge incineration cost - if compared to the AnPBR 
(0.022 gTSS/gCODremoved vs. 0.031 gTSS/gCODremoved at OLR = 15 kgCOD/m3Vr/d) (Section 
4.6.1). 
 
• The main operating cost in anaerobic systems treating acidic waste water is the alkalinity 
(NaOH) dosing cost. Because of the high effluent SCFA and slightly higher reactor pH of the 
AnPBR to maintain a SCFA/Alkalinity < 0.3, the alkalinity consumption of the AnMBR 
system was ~40 % higher than that of the AnMBR under the same operating conditions 
(0.067 gNaOH/gCODremoved vs. 0.11 gNaOH/gCODremoved) (Section 4.6.2). 
 
• The AnPBR can handle far greater (3 times) shock loads than the AnMBR and also show a 
30% shorter recovery period before complete recovery. From an operational point of view it 
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was also found that the AnPBR was significantly easier to operate and control than the 
AnMBR (Section 4.6.3). 
 
• The AnMBR study indicates that steady state design loading rate of ~30 kgCOD/m3/d is 
feasable, compared with ~8 kgCOD/m3/d for the AnPBR. This implies a 3 times smaller 
reactor volume than required with the AnPBR for the same organic load. This and the 
significant savings capital and main operating costs namely; reactor volume (60%), alkalinity 
(40%), sludge incineration (30 %) and downstream processing (± 95%) indicates that the 
AnMBR might be a financially competitive treatment option for FTRW, despite the current 
high ultra filtration membrane costs and more complex control strategies. 
7.1.4 Steady State AD-FTRW Modeling 
In this research project, a general steady state model was developed for the anaerobic conversion of 
an alkalinity and nutrient deficient biodegradable substrate (including weak organic acids/bases) to 
biomass, carbon dioxide and methane (Section 5.1). The primary use of this model is reactor design 
i.e. the prediction of (i) mixed liquor concentration (MLSS) or (ii) reactor volume, (iii) reactor 
operational pH, (iv) alkalinity, (v) nutrient requirements and (vi) biogas production and (vii) 
composition for a given sludge age (Rs) organic loading rate (OLR) and influent pH and influent 
organic composition (CxHyOz) – in this case FTRW. Data collected on the AnMBR during the 
feasibility and performance evaluation was used to calibrate the model to produce the steady state 
AD-FTRW model. Conclusions drawn from this part of the project were as follows: 
 
• The model was calibrated with a 35 day steady state data set for the AnMBR. It was found 
that the model predicts the steady state system outputs with a large degree of accuracy, with 
biogas production, alkalinity requirements and reactor pH all well within the 5% error 
margin. However, due to the extremely long sludge age (>200d), the predicted mixed liquor 
concentrations (MLSS) shows a deviation of as much as 25%. (Section 5.2) 
 
• After calibration the steady state model was validated against a 200 day data set for both the 
AnMBR and parallel AnPBR. It was found that the model predicts parameters like biogas 
production, alkalinity requirements and pH to within 10% of that measured. However, 
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parameters like MLSS and nutrient requirements shows deviations as large as 30% (Section 
5.3) 
 
• In the performance evaluation the AnPBR was operated in parallel to the AnMBR. Assuming 
the same stoichiometric and kinetic constants determined for the AnMBR (growth yield 
coefficient, YAR = 0.044 gCOD biomass/ gCOD substrate utilized, biomass unbiodegradable 
particulate fraction fAR = 0.08, COD/VSS ratio, fcv = 1.53 gCOD/gVSS and VSS/TSS ratio, fi 
= 0.78 gVSS/gTSS and endogenous respiration rate bAR = 0.0377 /d also to the AnPBR, then 
the effective MLSS concentration and sludge age for the AnPBR are around 25 gTSS/L and 
32d (Section 5.3).  The AnPBR system sludge age is an order of magnitude shorter than the 
AnMBR and because nutrient requirements increase with decreasing sludge age, the short 
sludge age of the AnPBR system is probably the main reason for the 50% higher nutrient 
requirements for the AnPBR. 
 
• The predictive ability of the steady state AD-FTRW model can be used as a process control 
and monitoring tool inter-alia to identify operational problems including faulty pH control 
probes, OH overdosing, gas leaks and other operating and measurement equipment 
malfunction and bio-process, such as high SCFA, low Alkalinity, low pH, and low biogas 
production, to protect the stability of a delicately balanced biological system, in which 
NaOH dosing needs to be kept to a minimum to minimize operating costs. 
 
• The two major assumptions in the steady state AD-FTRW model are; (i) all biodegradable 
COD (Sbi) that enters the system is utilized to completion and (ii) is directly and 
instantaneously converted to the final metabolic end products of anaerobic digestion (CO2, 
CH4 and Biomass). This two assumptions are also the major shortcomings in the steady state 
model: 
 
1. Since the entire influent biodegradable COD (Sbi) is utilized, the effluent 
biodegradable COD will always be predicted as zero (Sbe =0). From the experimental 
data, this is not the case. 
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2. Inhibitory effects of temperature and pH fluctuations as well as the effects of the 
accumulation of accumulation of metabolic intermediates produced in the AD-FTRW 
cannot be predicted by the steady state model. 
3. Reactor performance and effluent quality cannot be predicted under dynamic flow 
and load conditions. 
7.1.5 Dynamic AD-FTRW Modeling 
The dynamic AD-FTRW model was developed to complement the steady state model because it 
overcomes the deficiencies of the steady state model and can predict parameters such as; (i) effluent 
quality, (ii) system response to dynamic flow and load variations and (iii) inhibitory effects of pH, 
temperature and metabolic intermediates accumulating in the system. Analogous to the steady state 
model, the dynamic model was developed from balanced stoichiometric reactions describing the 
anaerobic metabolism. However, in this case each of the biodegradable fractions of the feed was 
assigned to its corresponding functional organism group (FOG), yielding a unique ratio of metabolic 
products for each of the biodegradable fractions in the feed. Alkalinity and pH predictions were done 
similarly to the steady state model. 
 
The yield values of the individual FOGs were calibrated against the steady state model average 
composite yield (YAR). The half saturation constants for the individual FOGs were calibrated with 
West® against batch test experimental data from an experiment specifically designed for this 
purpose. The following conclusions were drawn; 
 
• After calibration, the dynamic AD-FTRW was validated against dynamic flow and load 
experimental data. The model shows less variability in the predicted outputs than the 
experimental data. The model calculates daily averages, whereas the experimental data are 
grab samples obtained from the experimental system. Nevertheless parameters (i) alkalinity, 
(ii) pH, (iii) biogas production and (iv) composition and (v) MLSS are predicted within the ± 
10 % error (Section 6.3). 
 
• The largest variability in experimental data is observed in the effluent SCFA and COD (Sbe). 
The experimental vs. predicted outputs for Sbe and SCFAe are 190S vs. 224S mgCOD/L (P90 = 
65%) and 134S vs. 112S mgAc/L (P90 = 75%) respectively. Thus it can be concluded that the 
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dynamic AD-FTRW model slightly over predicts the effluent COD (18%) and SCFA (20%). 
This slight over prediction is advantageous, since it will result in a more conservative design 
of downstream processes (Section 6.3). 
 
• Even at long sludge ages, the endogenous (inactive) fraction of the sludge mass does not 
dominate the MLSS. Indeed it appears that even at a sludge age > 1000 days ~80% of the 
sludge mass is still active biomass. This is due to the very lo endogenous respiration rate (b) 
and residue fraction (f) of the anaerobic biomass (viz. 0.04/d and 0.08 respectively) (Section 
6.3). 
 
• During the experimental part of the project it was discovered that the AnMBR is prone to 
inhibition which can lead to system failure. Inhibitory parameters include pH, temperature, 
high SCFA concentrations and H2(aq) inhibition. Since these were not specifically investigated 
in the experimental part of the project, a literature survey was conducted to find the required 
inhibition functions for mesophillic anaerobic digestion and included in the simulation 
model. It was found that a temperature and pH variation of ± 4 oC and ± 0.3 pH units 
respectively can lead to a catastrophic system failure. Secondly a rapid (1 day) OLR increase 
of 17% also leads to a catastrophic failure. These findings correspond with observations on 
the experimental system (Section 6.4). It should however be emphasized that the inhibition 
functions obtained from literature were applied ‘as is’ and should still be validated 
experimentally if this research is continued. 
 
• Irrespective of the inhibition type (pH, T, SCFAe or OLR increase) the H2(aq) always shows a 
fluctuation before the system fails catastrophically. It can also be noted that, if the H2(aq) 
recovers (i.e. decreases), the system also recovers from the inhibition of shock load. 
Secondly the H2(aq) also recovers far quicker than other parameters including effluent SCFA 
or effluent COD. Thus the H2(aq) concentration appears to the ideal pre-emptive parameter for 
predicting (i) inhibition, (ii) imminent reactor failure and also (iii) reactor recovery. 
Traditionally, the H2(aq) and the gas phase hydrogen partial pressure could not be measured 
economically due to its low concentrations. However, due to recent advances in hydrogen 
fuel cell technology inexpensive H2(aq)-probes that can measure H2(aq) concentrations as low 
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as 90 nano-molls are currently available. It has also been proven that these probes can 
survive long term use in anaerobic digestion mixed liquor.  
 
7.2 Recommendations 
7.2.1 Membrane Performance: Evaluation & Enhancement 
 
• Due to process constraints, the biogas recycle flow rate could not be accurately measured. It 
is thus recommended that a system be implemented for the accurate measurement of the 
biogas recycle and resultant membrane scouring rate. This will allow the investigation of the 
effect of scouring rate on membrane fouling, critical flux and reactor mixing. 
 
• On-line trans membrane pressure and flow measurement can clarify this relationship, 
especially if it is logged on a regular (hourly) basis. This can then form the basis for a multi-
parameter membrane performance model that can be included in the dynamic AD-FTRW 
model. 
 
• The critical flux (CF) can be defined as the flux at which particle deposition on the 
membrane surface cannot be further controlled by the convective transport away from the 
membrane surface area induced by scour. Conversely, the CF is the maximum flux at which 
economical membrane operation can take place. This parameter should be measured on a 
regular (weekly) basis to identify parameters that might have an effect on the CF. One way of 
observing this parameter is to introduce an effluent recycle on the AnMBR (Figure 7.1). 
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Figure 7.1, AnMBR with recycle for CF evaluation 
 
• Parameters that might have an effect on membrane performance identified from literature 
include colloids, proteins, extra cellular polysaccharides (EPS), MLSS and also the change in 
microbial population with time. It is recommended that this investigation be initiated and the 
identified parameters measured on a regular (weekly) basis to quantify their effects on 
membrane performance and the critical flux. 
 
• Research conducted on the addition of Powdered Activated Carbon (PAC) to submerged 
AnMBRs has proven to enhance membrane scour and increase the critical flux significantly. 
From the study conducted by Hu & Stuckey (2007) it appears that after PAC addition CFs > 
20 L/m2/h can be economically feasible. 
7.2.2 Automated Control 
For a high rate biological reactor treating a high concentration potentially inhibitory substrate, 
process control is critical. Organic overload and inhibitory conditions can occur in a matter of hours, 
as was observed in the AnMBR. Thus it is recommended that the investigation into process control 
of high rate AD-FTRW systems be continued. The investigation should include; 
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• Effluent SCFA control. An on-line effluent SCFA analyzer can be used to evaluate the SCFA 
concentration at an hourly rate. This can then be used to automatically control the influent 
flow rate. If the SCFA concentration increases above a high set-point (~200 mgAc/L), the 
feed (and resultant OLR) can be decreased and when the effluent SCFA decreases below a 
lower limit (~50 mgAc/L), the OLR can be increased. This system can perform two functions 
(i) protect the biomass against OLR overloads and (ii) automatically increase the OLR to the 
maximum for a given sludge age. 
 
• Analogous to SCFA control, H2(aq) can also be used as process control parameter. Since H2(aq) 
(i) responds far more rapidly than effluent SCFA and (ii) can be used to diagnose a wide rage 
of inhibitions, this parameter appears to be the ideal control parameter for high rate anaerobic 
reactors. Recent advances in hydrogen fuel cell technology has yielded inexpensive H2(aq)-
probes that can measure H2(aq) concentrations as low as 90 nano-mols are currently available. 
It has also been proven that these probes can survive long term use in anaerobic digestion 
mixed liquor.  
 
• The West® modeling platform in which the dynamic model was developed, gives the option 
of evaluating various control systems and strategies. This combined with the dynamic AD-
FTRW model can be used to simulate various control strategies before it is physically 
implemented.  It is thus recommended that a study on the simulation of control strategies be 
conducted before the experimental control systems are evaluated. 
7.2.3 AD-FTRW Modeling 
The dynamic model for the AD-FTRW appears to meet the expectations imposed on it in this 
research project. However, it should be emphasized that a significant amount of research can still be 
conducted on this model. These topics include; 
 
• Inclusion of the mixed weak acid base relationships and mineral precipitation (Mosvoto et al. 
2000), since this can have an effect on membrane performance and also nutrient availability 
for the micro-organisms.  
 
Un
ive
rsi
ty 
of 
Ca
pe
 To
wn
 206 
• The validation of inhibition functions included in the dynamic AD-FTRW model. 
Experiments specifically designed for this purpose need to be conducted and used for 
inhibition function calibration and validation. 
 
• Since the ADMBR operate at such long sludge ages, it is recommended that the dynamitic 
solids retention time (or dynamic sludge age) be incorporated into steady state model. This 
can now be done, since the yield (Y) and decay rate (b) has been characterized (Takacs et al., 
2008). 
7.2.4 Scaling up from Lab to Pilot Plant 
The following recommendations are based on experience gained from lab-scale AnMBR operation 
and refinement. 
 
• Inorganic foulants including rust, sand and concrete can have an adverse effect on membrane 
performance. These inorganics form a layer on top of the membranes and in so doing hinders 
the flow of effluent through them. If a significant amount of inorganics enters the system, a 
membrane performance decrease of > 90 % can be observed over night. Fortunately there is 
one characteristic that most inorganic foulants share, namely they have good settling 
properties. Thus it is recommended that a Primary Settling Tank (PST) be incorporated into 
the pilot plant AnMBR (Figure 7.2).  
 
• It was observed that the AnMBR biomass is sensitive to over and under loading situations. 
To damp influent flow variations an equalization basin may be required. This equalization 
basin can double as a primary settling tank for the settling and disposal of possible inorganics 
in the feed stream. A hydraulic retention time of 12-24 hours is recommended for the 
PST/Equalization basin. It is recommended that the alkalinity and nutrients be dosed at a 
mixing point in the feed line just after the feed pump (P2 on Figure 7.2). Both the buffer and 
some nutrients (in excess) can be potentially poisonous to AD biomass in concentrated form. 
 
• Unstable start-up conditions and system upsets such as NaOH overdosing can lead to 
excessive foaming in the AnMBR. It is therefore recommended that a gas head space of 50% 
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of the operational liquid volume be incorporated into the design. To further lessen the effect 
of foaming, foam baffles can be mounted on the membrane housing. These baffles protrude 
above the liquid level by about 3 cm (Figure 7.2). If the liquid level in the reactor is kept 
constant, the gas bubbling will induce a continuous flow of mixed liquor over the baffles 
which ‘mixes’ the foam back into the liquid phase. It was also found that these baffles 
enhance the mixing in the liquid volume. A third precautionary step against the effects of 
foaming is a moisture trap in the biogas recycle line, which traps any water spray or foam 
that gets sucked into the biogas recycle line. This moisture trap should be placed before the 
flow meter and compressor to protect these components from liquid damage. 
 
• To quantify the gas scouring rate over the membranes, the biogas recycle rate should be 
measured. This was found to be quite cumbersome on the lab-scale AnMBR since the biogas 
that is being recycled has a 100% humidity and a high water spray content. It is 
recommended that a gas flow meter especially designed for the measurement of wet gas flow 
rates be used for this purpose. 
 
• The compressor should be a sealed unit with minimal gas leakage, since the biogas is fairly 
flammable. The compressor must be able to suck biogas from the headspace via the biogas 
line and compress the biogas for reintroduction through the coarse bubble diffuser. It was 
found that ILMVAC Diaphragm Pumps (supplied by Air and Vacuum Technologies) give 
exceptional service. The compressor operated for 24 h/d for >600 days before the seals 
needed replacing. However it is highly recommended that two compressors are purchased, 
because the compressor is vital to the performance of the AnMBR. 
 
• Finally it is highly recommended that some form of high rate control system be used to shield 
the AnMBR from overloading and NaOH poisoning. It was found that operator response time 
became too slow at OLRs > 20 kgCOD/m3/d and that an electronic intervention system 
became necessary. Development and testing of the electronic control system on the AnMBR 
(Section 3.1.4) was not completed. If it is required that the AnMBR be operated at OLRs > 
20 kgCOD/m3/d it is important to have some kind of electronic failsafe in place to protect the 
biomass damage. 
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Figure 7.2, Suggested AnMBR Pilot Plant Layout 
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Appendix 1.1 Current & Purposed Treatment System 
Comparison 
 
Assumptions 
 
• Energy density of Sasol Coal: 5.83 kWh/kgCoal. The thermodynamic efficiency of coal 
power plant: 33 %, thus a coal power plant generates 1.9 kWh/kgCoal. 
 
• 1kg coal consists of at least 0.5 kg carbon or 1/24 kmol carbon, resulting in 1/24 kmol CO2, 
or (1/24 kmol)*(44 kg/kmol) = 1.83 kgCO2/kgCoal. Thus the carbon cost of energy from 
coal is (1.83 kgCO2/kgCoal)/(1.9 kWh/kgCoal) = 0.95 kgCO2/kWh 
 
• Energy density of methane is rated at 887 kJ/mol or 55.6 MJ/kg or 39 MJ/m3. Since 1kWh = 
3600 kJ, methane is rated at 246 kWh/kmol current gas turbines operate at a thermodynamic 
efficiency of 30% thus, 39*0.30 = 11.7 MJ/m3., methane’s electricity value is rated at 3.25 
kWh/m3 or 74 kWh/kmol. 
 
• Diffused aeration as used on the Sasol treatment plant is estimated at 1.5 kgO2/kWh. 
 
 
Current System 
 
• Currently treating 677 tCOD/d aerobically, activated sludge requires 0.71 tO2/tCOD, thus 
(677 tCOD/d)*(0.71 tO2/tCOD) = 480 tO2/d Oxygen requirement for respiration. 
 
• And (480 tO2/d)*(44/32) = 660 tCO2 produced from respiration 
 
• (677 tCOD/d)*(0.22 kgTSS/kgCOD) = 150 tTSS/d produced from aerobic COD removal 
 
• Thus (480 tO2/d)/(1.5 tO2/MWh) = 320 MWh/d required for oxygenation of activated 
sludge 
 
• (320 MWh/d)/(1.9 tCoal/MWh) = 170 tCoal/d for oxygenation power supply 
 
• (170 tCoal/d)*(1.83 kgCO2/kgCoal) = 310 kgCO2/d produced from coal burning, and (310 
kgCO2/d)*(32/44 g/molO2*molCO2/g) = 225 kgO2/d required for coal burning to produce 
energy for oxygenation of activated sludge 
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Proposed – Part 1; Aerobic 
 
• Only 154.7 tCOD/d will be treated aerobically, thus (154.7 tCOD/d)*(0.71 tO2/tCOD) = 110 
tO2/d Oxygen requirement for respiration 
 
• And (110 tO2/d)*(44/32) = 151 tCO2 produced from respiration 
 
• (154.7 tCOD/d)*(0.22 kgTSS/kgCOD) = 34 tTSS/d produced from aerobic COD 
removal 
 
• Thus (110 tO2/d)/(1.5 tO2/MWh) = 73.33 MWh/d required for oxygenation of activated 
sludge 
 
• (73.33 MWh/d)/(1.9 tCoal/MWh) = 39 tCoal/d for oxygenation power supply 
 
• (39 tCoal/d)*(1.83 kgCO2/kgCoal) = 70.6 kgCO2/d produced from coal burning, and (70.6 
kgCO2/d)*(32/44 g/molO2*molCO2/g) = 51.4 kgO2/d required for coal burning to 
produce energy for oxygenation of activated sludge. 
 
 
Proposed – Part 2; Anaerobic 
 
• 522 tCOD/d will be treated anaerobically, 98% of COD will be converted to methane, thus 
522*0.98 = 511 tCODMethane/d, or (511 000 kg ODMethane/d)/(64 kgCOD/kmolMethane) = 8000 
kmolMethane/d or (8000 kmolMethane/d)*(16 kgMethane/kmolMethane) = 127.8 tonMethane/d or 
(8000 kmolMethane/d)*(22.4 m3/kmol) = 179 000 m3Metane/d from anaerobic digestion 
of FTRW 
 
• Thus (8000 kmolMethane/d)*(887 kJ/kmolMethane) = 6930 GJ/d or 1968 MWh/d or roughly 82 
MW energy in methane. At 33% thermal efficiency, 27 MW (655 MWh/d) of electricity 
can be produced from the methane stream. 
 
• Experimental results obtained later in this project indicated that the AnMBR’s power 
consumption is ± 15% of the energy produced from methane, thus 27*0.85 = ~23  MW 
excess energy produced from methane combustion. Based on the assumption that a typical 
household consumes 1000 kWh/month or 33 kWh/d, the electricity generated from the 
methane stream will be enough to power (655 000*0.85 kWh/d)/(33 kWh/household/d) = 17 
000 average SA households. 
 
• If all the methane is used to produce electricity, less coal will be required; (655 MWh/d)/(1.9 
MWh/tCoal) =  344 tCoal/d saved due to electricity production via methane combustion 
 
• Biogas is typically 50/50 CH4 and CO2 thus 8000 kmol CO2 or (8000 kmolCO2)*(44 
kg/kmolCO2) = 352 tCO2/d produced via anaerobic digestion 
 
• (522 tCOD/d)*(0.04 kgTSS/kgCOD) = 21 tTSS/d produced from aerobic COD removal 
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Appendix 1.2 Methane to Diesel 
 
• The methane is firstly reformed to feedstock for the Fischer-Tropsch process viz. 
 
CH4+ H2O → CO + 3H2 
 
• Next the feedstock is catalytically converted to long chain hydrocarbons, viz; 
 
CO + 2H2 → -CH2- + H2O 
 
• Since diesel is mostly polymer chains of length C11 to C20, the heavies (polymers exceeding 
C20 in length) needs to undergo cracking. 
 
• If cracking is included, 1 mol of methane produces approximately 1/15 mol diesel. The FT 
process efficiency is approximately 50%, thus 1 mol CH4 = 1/30 mol diesel 
 
• Thus (522 tCOD/d)*(0.98) = 511 tonCOD as Methane/d or (511 tCOD/d)/(64 kg/kmolMethnae) 
= 8000 kmolMethane/d, (8000 kmolMethane/d)/(30 kmolDiesel/kmolMethane) = 266 kmolDiesel/d 
 
• MrDiesel = ± 167 kg/kmolDiesel & DensityDiesel = 850 kg/m3, thus (266 kmolDiesel/d)*( 167 
kg/kmolDiesel) = 44500 kgDeisel/d or (44500 kgDeisel/d)/(850 kg/m3) = 52 000 LDiesel/d 
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Appendix 3.1: AnMBR P&ID  
 
Figure A3.1 is a Piping and Instrumentation Diagram (P&ID) of the lab-scale AnMBR. Biogas gets 
extracted at the top of the reactor via the gas recycle line 1. The biogas is recompressed via a 
diaphragm-type compressor (PD1) and then recycled via the coarse bubble diffusers through the 
liquid volume of the reactor to induce gas scour over the flat panel membranes (M123).  The biogas 
compressor is a ILMVAC MPC 1201 Ep with a maximum gas delivery rate of 8300 L/h. The biogas 
recycle flow rate is controlled with a bypass line and a valve (V1). If a higher flow rate is required 
V1 is closed and vice versa. This ‘bypass’ throttle is far less arduous on the compressor than normal 
‘in line’ throttling to reduce flow rate  
 
The reactor feed is introduced via line 5. A synthetic FTRW is fed to the system from feed tank (T3) 
via the feed pump (P2). P2 is a Masterflex Easy Load peristaltic pump with a flow speed adjustable 
to between 0 and 50 L/d, depending on the flow speed setting and the diameter of the tubing. The 
feed enters the reactor and is immediately mixed into the biomass where it is digested to produce 
biogas and active mass. The effluent exits the reactor through the membranes and into the effluent 
bucket (T1). To control the sludge age, biomass is wasted via line 7. 
 
 
Figure A3.1, AnMBR Piping & Instrumentation Diagram 
 
The gas volume pressure (above the membranes) and liquid level inside the reactor needs to be 
carefully controlled, because both add to the Trans Membrane Pressure (TMP) over the membranes, 
which in turn governs the flow out the reactor. By monitoring the liquid level with the level monitor 
(L) on the reactor and also by adjusting the pressure of the pressure relief valve (PRV1) the gas 
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pressure in the reactor headspace can be finely controlled. Therefore, the higher the PRV1 pressure, 
the faster effluent will exit the reactor and the lower the liquid level inside the reactor. The aim is to 
maintain the liquid volume of the reactor at 23 L. 
 
 
The system temperature is controlled by an on/off type heater (H1) with a tolerance of 
approximately 1 ºC around 37 ºC. The pH is maintained at 7 via the pH control system. A pH probe 
submerged in the mixed liquor relays a signal to a control system which in turn switches the dosing 
pump (P1) on if the pH drops below a desired set point. The control system depicted in Figure A3.1 
was the original design; after the reactor performance was evaluated at high loading rates (> 20 
kgCOD/m3/d) the pH control system was further modified. This will be discussed in the following 
section. 
 
Appendix 3.2: AnMBR High OLR Control System 
 
The dosing of buffer affects the anaerobic process in two ways. The first is that it increases the 
alkalinity to the desired level (± 2000 mgCaCO3/ℓ) and thus for any given feed flow rate the required 
volume of buffer is constant and can be calculated (QbAlk). The second effect of the NaOH is the 
neutralization of unutilized SCFAs: 
 
CH3(CH2)XCOOH + OH- + Na+ => CH3(CH2)XCOO- + H2O + Na+                                       (A3.1) 
 
Because the anaerobic digestion process utilizes the acid form of the SCFAs, only the unutilized 
SCFAs, namely the SCFA concentration in the effluent, requires neutralization. So the volume of 
buffer required for neutralization (QbSCFA) can also be calculated. This implies that the total buffer 
requirement (Qbtot) is a function of the influent flow rate and effluent SCFA concentration: 
 
Qbtot = QbAlk  + QbSCFA                           (A3.2) 
 
Thus for a given influent flow rate and desired effluent SCFA concentration (~100 mgAc/L) the Qbtot 
can be calculated and the buffer dosing pump flow rate can be set appropriately.  
 
At the set buffer dosing, the system pH will be maintained if the flow rate stays constant and the 
effluent SCFA stays < 100 mgAc/L. However, if there is a system upset in the form of an increase in 
feed flow rate or effluent SCFA, Qbtot will not supply sufficient alkalinity and/or neutralization 
resulting in a decrease in pH. It is this, easily observable pH fluctuation that the control system is 
based on. 
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Figure A3.2, AnMBR: On-line Control System 
 
The Buffer Pump Controller (BPC1) in Figure A3.2 measures the reactor pH and activates the buffer 
dosing pump (BP1) if the pH falls below a desired level (pH ±7.1). If the buffer requirement is less 
than Qbtot the pH will recover, but if the buffer requirement is higher due to a SCFA overload, the pH 
will continue to decrease. An electronic pH reading is relayed from BPC1 to the control system (C1) 
and if the reactor pH falls below a selected set point (S1 = 6.9) the buffer pump and the feed pump 
are deactivated and the Effluent Control Valve (ECV 1) is closed. This effectively turns the system 
into a batch reactor. Now since the intervention of C1 ensured that the reactor SCFA and sodium 
concentrations are still relatively low (<500 mgAc/L and <3000 mgNa/L) and the pH is still in the 
optimum anaerobic digestion range, the digestion processes will continue. As the anaerobic process 
continues in batch mode, biogas and alkalinity will be produced from the undigested SCFAs 
resulting in an increase in reactor pH. C1 will continue to monitor the pH and if it increases above a 
high set point (pH = 7.15), the feed and dosing pump will be switched back on, ECV1 will be 
opened and normal operation will continue. In so doing the on-line control system shields the 
biomass from overloading situations. 
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Appendix 3.3: Pilot Scale Fixed Media Reactor Design and 
Scale-Down Methodology 
 
The original pilot plant design was done by Talbott & Talbott for the specific purpose of treating 
FTRW. The reactor is a 420 stainless steel cylinder with an operational volume of 5 m3 and a 
diameter of 1.2 m. Diluted effluent enters the reactor from the top and then passes through a 
disperser plate and onto the fixed media which is housed inside the reactor. The effluent moves 
through the packing and comes into contact with the immobilized micro-organisms which are 
attached to this media. This is where the COD gets removed and biogas produced. At the bottom of 
the packed bed, another disperser plate is situated which holds the packing in place. The effluent 
passes through the disperser plate and out the reactor. A heater, which maintains the system at 37 ºC, 
is situated in the liquid below the bottom effluent collector. A P&ID of the pilot-scale AnPBR can be 
seen in Figure A3.3. 
 
 
 
 
 
 
 
 
 
 
CLASIFIED 
 
 
 
 
 
 
 
 
 
Figure A3.3, Pilot Scale AnPBR P&ID 
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Table A3.1, Known Parameters of pilot scale AnPBR 
 
 
CLASIFIED 
 
 
The down flow velocity, of liquid over the packing is has a major effect on the hydrodynamic shear 
and mass transfer phenomenon over the packing material. These two factors in turn dictate the 
catalyst/biological performance that can be expected from the system (Perry et al., 1997, Coulson & 
Richardson, 1998). Any scale-up or scale down of a packed bed system should be done so that this 
down flow velocity remains constant. This ensures that for the same packing, the boundary layer 
conditions are equal and thus heat and mass transfer phenomena should also be similar (Incropera & 
DeWitt, 1996).  
 
Packing Properties 
The packing voidage (ε) is the amount of “empty space” there exists between the packing material in 
the reactor. For a scale down to be successful this voidage, which is also related to the surface area 
per unit reactor volume, should remain constant (Coulson & Richardson, 1998). The voidage varies 
with reactor diameter, as can be seen from Figure A3.4.  
 
 
Figure A3.4, Voidage differences in “small” and “lager” diameter volumes 
 
Because of the wall effects of the smaller diameter Volume 1, the packing is obstructed and the 
voidage is large. In the case of Volume 2, the wall effects are much less due to the larger diameter. 
The voidage is defined as follows: 
 
( )b s
b
V V
V
ε
−
=    [-]                        (A3.3) 
 
With Vb being the total bed (or reactor) volume and Vs being the volume inside the bed occupied by 
packing. For the packing used in the AnPBR, one unit has a total cylindrical volume of Vp = 2.7*10-5 
m
3
 and a surface area of Ap = 0.0094 m2 (including inside area). The specific surface area of the 
packing (Sp) can then be calculated as: 
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p
p
p
A
S
V
=      [m2/m3packing material]                      (A3.4) 
 
To observe how the voidage changes with diameter, the following experimental procedure was 
applied: 
• Cylinders of different volumes and diameters were used 
• These cylinders were then filled with the supplied packing to a known volume. 
• The cylinder diameter (Db) and volume (Vb) were logged, and 
• the number of individual pieces of packing was counted (Np). 
 
The voidage was then calculated as follows: 
  
  
( )b p p
b
V N V
V
ε
−
=   [-]                        (A3.5) 
 
To observe how the specific surface area per unit volume (Sb) changes with diameter, eq 4 is used: 
 
  (1 )b pS S ε= −   [m2/m3reactor volume]                      (A3.6) 
 
Sb was then calculated for a range of cylinder diameters and Figure A3.5 displays the results that 
were obtained: 
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Figure A3.5, Packing surface area per unit reactor volume (Sp) as a function of reactor 
diameter 
 
Note that at small diameters there is significant variation in surface area per unit volume as the 
diameter changes. However, for diameters of 0.015 m and larger the variance is nearly zero. This 
shows that for a surface area per unit reactor volume similar to that of the pilot-plant AnPBR, a lab-
scale diameter limit is 0.015 m, but to be on the safe side a lab-scale diameter of 0.19 m was be 
chosen. 
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Appendix 3.4: COD, N & P Characterization 
Any given wastewater sample (Influent, Effluent & MLSS) can be classified into COD fractions as 
depicted in Table A3.2. The biodegradable fractions (Sbp & Sbs) dictate the amount of methane and 
biomass that will be produced in the anaerobic system. The un-biodegradable soluble fraction 
dictates the minimum effluent quality and the un-biodegradable particulate fraction (Sup) combined 
with the biomass in the system (active and endogenous) dictates the mixed liquor concentration. 
 
Table A3.2, Chemical Oxygen Demand (COD) Classification 
 
 
From the COD classification in Table A3.2, the various load parameters used to quantify a waste 
water stream or reactor performance can be calculated (Table A3.3). 
 
 
** This is typically measured by digesting the waste water to be classified in a long sludge age activated sludge system and then measuring the filtered 
effluent COD 
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Table A3.3: Organic Loading & Performance Parameters. 
 
Analogously to the COD classification, nitrogen and phosphorous fractions can also be calculated 
for a given sample (Table 3.4). 
 
Table A3.4, Nitrogen & Phosphate Classification 
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Appendix 3.5: Reactor Operation and Feedstock Preparation 
Table A3.5 and A3.6 presents the parameters measured on the AnPBR and AnMBR and also the 
frequencies of the measurements 
 
Table A3.5, Parameters measured on AnPBR 
 
 
 
Table A3.6, Parameters measured on AnMBR 
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The Synthetic Fischer-Tropsch Reaction Water  is made up in a stock solution and in turn is diluted 
to18 gCOD/L. Since the mix consists mostly of C2 – C6 SCFAs, the pH is low (pHSFTAW ± 2.5) and 
alkalinity (1.4 gNaHCO3/L) needs to be added to increase the pH of  synthetic FTRW to that of real 
FTRW (pH = 3.77). Table A3.7 displays the composition, recipe and characteristics of synthetic 
FTRW 
 
Table A3.7, Synthetic Fischer-Tropsch Reaction Water: Specifics & Make-up 
 
 
CLASIFIED 
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Appendix 3.6: Process Equipment Details 
 
Table A3.8: Process Equipment Details 
Process Unit Abbre- 
viation Description Capacity Medium 
          
AnMBR 
        
Feed Pump P1 Materflex Easy Load Peristaltic 0-50 L/h Liquid 
Waste Pump P7 Materflex Easy Load Peristaltic 0-50 L/h Liquid 
Buffer Dosing Pump BP1 Hanna Diaphragm 0-9 L/h Liquid 
pH Electrode pH Metrohm Vicotrode 0-14 Viscous Liquid 
pH Controller C1 Hanna  - - 
Pump Controller PC1 Online Electronic (In-house Design) - - 
Electronic Control Valve ECV1 Fail-shut Electronic Control Valve 0/50 L/h Liquid 
Biogas Recycle Compressor PD1 Ritter Drum-type 2-120 L/h Gas 
On/off Heater H1 Fish tank-type 25-45 oC Liquid 
Pressure Release Valve PRV1 Hydraulic Pressure Control 0-120 L/h Gas 
          
AnPBR 
        
Feed Pump A Materflex Easy Load Peristaltic 0-50 L/h Liquid 
Recycle Pump C Materflex Easy Load Peristaltic 0-50 L/h Liquid 
Buffer Dosing Pump B Hanna Diaphragm 0-9 L/h Liquid 
pH Electrode pH Metrohm Viscotrode 0-14 Viscous Liquid 
pH Controller C2 Hanna  - - 
          
5-Pt Titration Tests 
        
pH Electrode   Metrohm 477 0-14 Aqueous Solutions 
Auto Titrator   Metrohm 715 Dosimat     
          
Biogas Composition Analysis 
       
Gas Chromatograph   Varian 330 0-100 % CH4, CO2, N2 
Integrator         
          
Trace Metal Analysis 
        
Trace Metal Analyzer         
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Appendix 4.1: AnMBR Restart – Adapted Biomass 
 
Later in the study a second AnMBR start-up was done with waste sludge collected from the AnMBR 
over three months before hand. Figure A4.1 presents a comparison between AnMBR start-up times 
with un-adapted municipal digester sludge and with a well adapted biomass. 
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Figure A4.1, AnMBR Start-up time comparison for adapted & un-adapted biomass 
 
Contrary to un-adapted anaerobic sludge, there is no observable lag phase in the start-up with an 
anaerobic sludge that is well adapted to the AD-FTRW climate. Secondly the slope of OLR increase 
in the adaptation phase is also much steeper, implying that the activity increase and resultant OLR 
increase was much faster than for the un-adapted biomass. A start-up period of 25 days was 
observed for the adapted biomass compared to 110 days for the municipal digester sludge. 
Appendix 4.2: The Effect of Individual Nutrients on OLR 
 
This section gives a discussion of the effect of nutrient concentration on reactor performance and 
thus OLR. The minimum required influent nutrient concentration will be identified as that at which 
the OLR reached 10 kgCOD/m3/d. The data will be presented in scatter plots of the given nutrient 
concentration vs. OLR.  
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Figure A4.2, Influent Sulfate Concentration vs. OLR 
Sulfate has a significant effect on the AnMBR performance. It can be noted from Figure A4.2 that a 
high OLR was never observed for an influent sulfate concentration lower than 4 mgSO4-S/L, 
however once this minimum concentration limit was exceeded, the OLR increased dramatically. 
Figure A4.3 shows that the exact opposite is true for calcium: 
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Figure A4.3, Influent Calcium Concentration vs. OLR 
 
No correlation between the influent calcium concentration and the performance of the AnMBR 
could be identified. Even at concentrations as low as 0.0 mgCa/L OLRs of 10 kgCOD/m3/d was 
observed. Thus results indicate that calcium need not be dosed as macro nutrient. The same 
observation can be concluded for magnesium from Figure A4.4: 
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Figure A4.4, Influent Magnesium Concentration vs. OLR 
No correlation was found between the influent magnesium concentration and the OLR, OLRs > 10 
kgCOD/m3/d was observed for influent magnesium concentrations as low as 2 mg/L. On the 
contrary, high OLRs were never observed for magnesium concentrations of >100 mgMg/L. This 
observation might point towards magnesium inhibition, but further investigation is required for 
conclusive evidence. Figure A4.5 displays the effect of Iron on OLR: 
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Figure A4.5, Influent Iron Concentration vs. OLR 
A high OLR (>10 kgCOD/m3/d) and influent iron concentration < 1 mgFe/L was never observed for 
the entire 685 day observational period. However, once a minimum influent iron concentration of 1 
mgFe/L was exceeded, the OLR increased rapidly. Hence results indicate that Fe should be dosed as 
a macro nutrient at an influent concentration of at least 1 mgFe/L.  The only micro nutrient that was 
evaluated was nickel. The reason for this is a debate in the literature on whether nickel is essential 
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for anaerobic digestion or not. Thus it was decided to include this micro nutrient in the nutrient 
optimization study (Figure A4.6): 
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 Figure A4.6, Influent Nickel Concentration vs. OLR 
The AnMBR was operated at an influent nickel concentration of zero for more than 500 days; 
thereafter this concentration was upped to 2 µg/L. No correlation could be found between the 
influent Nickel concentration and the AnMBR performance.  
 
Appendix 4.3: Membrane Life Span Calculation 
 
The membrane life span is estimated by quantifying the change in the Tap Water Flux Slope (TFS) 
after a chemical clean. The decrease in the TFS over time gives an indication of the permanent 
fouling rate and thus lifespan of the membranes in the AD-FTRW environment. From Figure 4.7 it 
can be noted that the initial TFS slope for the system before commissioning was TFSi = 0.1336 and 
after 530 days of operation this value has deteriorated to TFS530 = 0.1152. Thus the rate of slope 
change (RSC) can be expressed as follows: 
 
520iTFS TFSRSC
Time
−
=                 (A3.7) 
 
Or  
 
50.1336 0.1152 3.471*10
520
RSC −−= =               (A3.8) 
 
If it is assumed that membranes will be replaced if permanent fouling has decreased the flux capacity 
by 50%: 
TFS50% = TFSi/2 
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And 
 
2
iTFS
MembraneLife
RSC
 
 
 
=                 (A3.9) 
 
Or 
 
5
0.1336
2 1924
3.471*10
MembraneLife
−
 
 
 
= =               [days]          (A3.10) 
 
Giving an expected membrane life in the order of 7 years if the 18 months of operation in the 
activated sludge MBR is included. 
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Appendix 4.4: Steady State Data 
A4.4.1 Submerged Membrane Anaerobic Bioreactor (AnMBR): 
Table A4.1, AnMBR Steady State Data 
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A4.4.1 down Flow Anaerobic Packed Bed Reactor (AnPBR): 
Table A4.2, AnPBR Steady State Data 
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Appendix 5.1: Anaerobic Digestion of Glucose – 
Metabolic Pathways 
 
Metabolism is defined as the biological conversion of a biodegradable substrate for both 
(i) energy production (catabolism) and (ii) biomass production (anabolism). In this 
example, glucose will act as model substrate to illustrate the functioning of both the 
catabolic and anabolic pathways of anaerobic digestion. Four possible catabolic pathways 
exist in the anaerobic digestion of glucose. The preference of which pathway is taken is 
governed primarily by the hydrogen partial pressure and secondarily by the amount of 
energy (electrons) that can be gained from the pathway. The exact definitions of ‘high’ 
and ‘low’ hydrogen partial pressure will be evaluated in Chapter 6. 
 
Catabolic Pathway 1 (Low pH2 & H2(aq)): 
In the ‘Pathway 1’ scenario, the hydrogen partial pressure in the anaerobic environment is 
low. If this is the case hydrogen production is at its maximum and glucose is converted – 
via acidogenesis (Zad) - to 2 mols of acetic acid and 4 mols of hydrogen: 
 
C6H12O6 + 2H2O →  2C2H4O2 + 2CO2 + 8H+ + 8e- 
                                          8H+ + 8e- →  4H2 
_________________________________________ 
 
                              C6H12O6 + 2H2O →  2C2H4O2 +  2CO2 + 4H2                       
_________________________________________ 
 
In the second step the acetoclastic methanogens (Zam) convert the acetic acid produced to 
carbon dioxide and methane: 
 
        2C2H4O2 + 4H2O →  4CO2 + 16H+ + 16e- 
                                   2CO2+  16H+ + 16e- →  2CH4 + 4H2O 
                            _________________________________________ 
 
2C2H4O2 + 4H2O →   +  2CO2 + 2CH4 
                            _________________________________________ 
In the final step of pathway 1 the hydrogen produced is converted to methane and water 
by the hydrogenotrophic methanogens (Zhm): 
  4H2  →  8H+ + 8e- 
                                      CO2+  8H+ + 8e- →  CH4 + H2O 
                            _________________________________________ 
 
4H2+ CO2  →   +  CH4 + 2H2O 
                            _________________________________________ 
 
If the above three steps are combined the metabolic end products of Pathway 1 is: 
 
C6H12O6→   +  3CH4+3CO2 
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Catabolic Pathway 2 (Any pH2 & H2(aq)): 
The ‘Pathway 2’ scenario is independent of the hydrogen partial pressure, in this case 
glucose is converted to butyric acid by Zad: 
 
            C6H12O6 →  C4H8O2 + 2CO2 + 4H+ + 4e- 
                                           4H+ + 4e- →  2H2 
_________________________________________ 
 
C6H12O6 →  C4H8O2 +  2CO2 + 2H2 
_________________________________________ 
Note, significantly less hydrogen is produced, so Pathway 2 will continue even under 
high partial pressure scenario’s. However, significantly less energy (electrons) is 
produced compared with Pathway 1, thus giving preference to the first catabolic pathway 
whenever possible.  In the next step of Pathway 2, the butyric acid is converted – via 
butyrate reducing acetogens (ZacBu) – to acetic acid and hydrogen: 
 
                                                  C4H8O2 →   2C2H4O2+ 4H+ + 4e- 
                                               4H+ + 4e- →  2H2 
_________________________________________ 
 
C4H8O2 →  2C2H4O2+ 2H2 
_________________________________________ 
 
In the third step the acetic acid produced above is utilized by Zam: 
 
                           2C2H4O2 + 4H2O →   +  2CO2 + 2CH4                       
 
Finally, the hydrogen produced is again converted to methane and water by Zhm: 
 
                               4H2+ CO2  →   +  CH4 + 2H2O                                           
 
If the four steps of Pathway 2 are combined the end products of Pathway 2 is: 
 
C6H12O6 → 3CH4 + 3CO2 
 
 
Catabolic Pathway 3 (High pH2 & H2(aq)): 
In the ‘Pathway 3’ scenario, the hydrogen partial pressure in the anaerobic environment is 
high, if this is the case hydrogen production is at its minimum and glucose is converted – 
via Zad - to 1 mol of propionic acid, 1 mol of acetic acid and 1 mol of hydrogen: 
 
            C6H12O6 →  C3H6O2 + C2H4O2 +2CO2 + 2H+ + 2e- 
                                   2H+ + 2e- →  H2 
_________________________________________ 
 
C6H12O6 →  C3H6O2 + C2H4O2 +2CO2+ H2 
_________________________________________ 
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In the second step the propionic acid is converted to 1 mol of acetic acid and 3 mols of 
hydrogen by the propionate reducing acetogens (ZacPr): 
 
  C3H6O2 + 2H2O →  C2H4O2 +CO2 + 6H+ + 6e- 
                                             6H+ + 6e- → 3 H2 
_________________________________________ 
 
                                C3H6O2 + 2H2O →   C2H4O2 +CO2 + 2H2                           
_________________________________________ 
 
In the third step the acetic acid is again converted to methane: 
 
                                        2C2H4O2 + 4H2O →  2CO2 + 2CH4                        
 
And finally, the hydrogen produced in Pathway 3 is converted to methane and water: 
 
 
                                                  4H2+ CO2  →    CH4 + 2H2O                                    
 
If the four steps of Pathway 3 are combined the end products of Pathway 3 is: 
 
C6H12O6 →  3CH4 + 3CO2 
 
Even though the catabolic intermediates of the three pathways differ significantly, the 
end products of catabolism is identical for the three pathways.  
 
Anabolic Pathway: 
Anabolism is completely unaffected by hydrogen partial pressure, but requires energy 
from the catabolic processes. Hence metabolism (growth) will slow down as the 
hydrogen partial pressure increases and the energy production in catabolism slows down. 
Unlike catabolism, anabolism can be described by a single redox reaction: 
 
                                                C6H12O6 + 6H2O → 6CO2 + 24H+ + 24e- 
                          24H+ + 24e-+ 6CO2 + 1.2NH3 → 1.2C5H7O2N + 9.6H2O 
__________________________________________________________ 
 
                                              C6H12O6+ 1.2NH3 →   1.2C5H7O2N + 3.6H2O             
___________________________________________________________ 
 
A nitrogen source is required for the production of biomass. 
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Appendix 5.2: 
 
The method to calculate the catabolic end products of glucose (Appendix 5.1) can also be 
applied to calculate the end products for any other biodegradable substrate of known 
composition. Table A5.1 summarizes the end products for all the species of importance in 
this project: 
 
Table A5.1 Catabolic End Products of Biodegradable Substrates 
Composition 
CxHyOz 
Catabolic End 
Products [mols] Compound     
[1 mol] 
x y z 
Ds [electron 
molar 
equivalents] 
COD 
[g/mol] 
H2O CH4 CO2 
Glucose 6 12 6 24 192 0 3 3 
Ethanol 2 6 1 12 96 0 1.5 0.5 
Methanol 1 4 1 6 48 0.5 0.75 0.25 
Hexanoic Acid 6 12 2 32 256 -2 4 2 
Valeric Acid 5 10 2 26 208 -1.5 3.25 1.75 
Butyric Acid 4 8 2 20 160 -1 2.5 1.5 
Propionic Acid 3 6 2 14 112 -0.5 1.75 1.25 
Acetic Acid 2 4 2 8 64 0 1 1 
 
 Where Ds = the e-equivalents/molsubstrate = (4x+y-2z).  
 
Similarly, the stoichiometric relationships for anabolism can be applied to predict the 
anabolic end products for the species of importance in this study assuming a C5H7O2N 
biomass composition (Table A5.2):  
 
Table A5.2 Anabolic End Products of Biodegradable Substrates 
Composition 
CxHyOz 
Metabolic End Products 
[mols] Compound  [1 mol] 
x y z 
Ds/Db 
H2O NH3 CO2 C5H7O2N 
Glucose 6 12 6 1.2 3.6 -1.2 0 1.2 
Ethanol 2 6 1 0.6 1.8 -0.6 -1 0.6 
Methanol 1 4 1 0.3 1.4 -0.3 -0.5 0.3 
Hexanoic Acid 6 12 2 1.6 2.8 -1.6 -2 1.6 
Valeric Acid 5 10 2 1.3 2.4 -1.3 -1.5 1.3 
Butyric Acid 4 8 2 1 2 -1 -1 1 
Propionic Acid 3 6 2 0.7 1.6 -0.7 -0.5 0.7 
Acetic Acid 2 4 2 0.4 1.2 -0.4 0 0.4 
 
Where Db  = e-equivalents/molbiomass for biomass C5H7O2N = 20 
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Appendix 5.3: Combination of Catabolic & Anabolic 
Pathways 
 
The fraction of the electrons in the substrate that undergoes anabolism (E) is derived from 
the kinetic part of the model which is based on a single representative organism for the 
anaerobic consortium including hydrolysis and reuse of biodegradable organics released 
via the endogenous process (Figure A5.1):   
 
 
Figure A5.1, Single Surrogate Organism Death Regeneration Model 
 
E is defined as the fraction of the COD (electrons) that is harvested from the reactor per 
day as active (ZAR) and endogenous mass (ZER) per mass of biodegradable substrate 
utilized per day: 
 
 
( )
( )
AR ER w
bi be i
Z Z Q
E
S S Q
+
=
−
 (A5.1) 
Since (Eq A5.1) is in terms of parameters that are supposed to be predicted by the steady 
state model, it is not of much use in this form and needs to be rewritten in terms of known 
parameters. This is done via a COD balance on various components formed in the 
anaerobic system. If a mass balance is done on the biodegradable substrate in the system 
the following is obtained (Figure A5.1): 
 
[Accumulation] = [in] – [out] – [consumed] + [generated]                                     (A5.2) 
 
( ). . . . . (1 ). .b
r bi be i be w r be AR AR r
dSV S S Q S Q V K S f b Z V
dt
= − − − + −                                    (A5.3) 
 
With .( )
AR
s be
Z
K
K S
µ
=
+
 
 
Divide by Vr , rh
i
V
R Q=  and 
r
s
w
V
R Q=  then: 
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( )
. (1 ). .b bi be be be AR AR AR
h s
dS S S S
K S f b Z
dt R R
−
= − − + −                                                      (A5.4) 
 
Similarly, a mass balance can be done on the active organisms mass (ZAR) in the system: 
 
0 . . . . . .AR
r AR w r be r AR AR
dZV Z Q V Y K S V b Z
dt
= − + −                                                           (A5.5) 
 
Or 
 
. . .
AR AR
be AR AR
s
dZ Z
Y K S b Z
dt R
= − + −                                                                               (A5.6) 
 
At steady state 0ARdZ
dt
=  thus: 
 
1
.
AR AR
s
be
AR
Z b
R
K S
Y
 
+ 
 
=                                                                                               (A5.7) 
 
At steady state 0bdS
dt
= and if (A5.7) is substituted into (A5.4): 
1
( )0 (1 ). .
AR AR
sbi be be
AR AR AR
h s AR
Z b
RS S S f b Z
R R Y
 
+ 
−  
= − − + −                                          (A5.8) 
 
Rearranging Eq A5.8 for ZAR yields: 
 
1 1 (1 ).
bi be
h
AR
AR AR AR
AR s
S S
R
Z
b f b
Y R
 −
 
 
=
  
+ − −   
  
                                                                     (A5.9) 
 
The third mass balance that is required is on the endogenous mass (ZER) in the system: 
 
0 . . . .ER ER w r AR ER ER
dZV Z Q V f b Z
dt
= − +                                                                        (A5.10) 
 
Divide by Vr , rh
i
V
R Q=  and 
r
s
w
V
R Q=  then: 
1
. .ER ER AR
s
Z f b Z
R
=  
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Rearrange: 
 
. . .ER ER AR sZ f b Z R=                                                                                                     (A5.11) 
 
Now we have the active (ZAR) and endogenous mass (ZER) in terms of kinetic parameters.  
 
( )
. . .
1 1
. (1 ).
bi be
VSS AR ER AR AR s
h AR AR AR
AR s
S S
Z Z Z f b Z R
R b f b
Y R
−
= + = +
  
+ − −   
  
                  (A5.12) 
Rearrange 
 
( ).(1 . . )
1 1
. (1 ).
bi be AR s
VSS AR ER
h AR AR
AR s
S S f b R
Z Z Z
R b f b
Y R
− −
= + =
  
+ − −   
  
                                            (A5.13) 
Multiply by .s AR
s AR
R Y
R Y
: 
( )
( ). (1 . . )
. (1 . ) (1 ). .
AR bi be s AR s
VSS AR ER
h AR s AR AR s
Y S S R f b R
Z Z Z
R b R Y f b R
− −
= + =
− − −
                                         (A5.14) 
 
Substituting Eq A5.14 into Eq A5.1 and w h
i s
Q R
Q R=  yields: 
 
( )( )( )
(1 . . )
1 1 1
AR AR s
AR s AR
Y f b R
E
b R Y f
−
=
+ − −
                                                                                (A5.15) 
 
The above equations are general and apply to both the AnMBR and AnPBR. 
For a system with (i) no unbiodegradable particulate organics in the feed and (ii) and fed 
only biodegradable soluble organics and (iii) the influent and effluent flow rates equal, as 
with the AnPBR, then Qw = Qe i.e. 
 
( )
( )
( )
( ) ( )
pei AR ERAR ER w
bi be i bi be i bi bse
SQ Z ZZ Z Q
E
S S Q S S Q S S
++
= = =
− − −
               (A5.16) 
Where 
Spe   = particulate effluent COD   [mgCOD/L] 
Sbi    = influent biodegradable COD   [mgCOD/L] 
Sbse  = biodegradable soluble effluent COD  [mgCOD/L] 
 
Eq (A5.15) can be rearranged and in combination with (A5.16) can give the theoretical 
long term sludge age (RST) for the AnPBR system. Since Ste = Spe + Sbse = unfiltered 
effluent COD: 
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( )
( )( ). 1 1 .
AR
ST
AR AR AR AR
Y E
R
E b Y f Y b
−
=
− − +
                (A5.17) 
 
Eq A5.17 is valid only for long term (relative to sludge age) average values for Sbi, Sbse 
and Spe. 
Appendix 5.4: Anaerobic Metabolism of Biodegradable 
Organics 
From Appendix 5.1 and Tables A5.1 and A5.2 it can be noted that there exists a 
relationship between the substrate composition and the ratio of metabolic end products 
produced from catabolism and anabolism. The catabolic and anabolic parts of the growth 
process will now be combined to give the overall metabolic process: 
 
Catabolism: 
         2 2(2 ). . . .x y z s sC H O x z H O x CO D H D e+ −+ − → + +  
2 4 2. . . . .8 8 4
s s s
s s
D D D
D H D e CO CH H O+ −+ + → +  
________________________________________________________________ 
                        2 4 22 . . .4 8 8
s s s
x y z
D D DC H O x z H O CH x CO     + − − → + −     
     
       (A5.18) 
________________________________________________________________ 
            (4 2 )sD x y z= + −  
 
Anabolism: 
 
     2 2(2 ). . . .x y z s sC H O x z H O x CO D H D e+ −+ − → + +  
                    2 3 2. . . . (2 ).b b k l m nD e D H k CO n NH C H O N k m H O− ++ + + → + −  
________________________________________________________________________ 
( ) 2 3 2 5 7 28. 5.2 . . . .s s s sx y z
b b b b
D D D DC H O x z H O NH x CO C H O N
D D D D
   
+ − − + → − +   
   
(A5.19) 
________________________________________________________________________ 
 (4. 2. 3. ) 20bD k l m n= + − − = for C5H7O2N 
 
The link between catabolism and anabolism is the E-value (Eq A5.15) as derived in 
Appendix 5.3 above, i.e. (1-E) catabolic reaction + (E) anabolic reaction equals the 
metabolic reaction. 
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Metabolism: 
 
( ) 2 4 21 2 . . .4 8 8
s s s
x y z
D D D
E C H O x z H O CH x CO      − + − − → + −      
      
 
( ) 2 3 2 5 7 28. 5.2 . . . .s s s sx y z
b b b b
D D D D
E C H O x z H O NH x CO C H O N
D D D D
    
+ + − − + → − +    
    
 
_____________________________________________________________________ 
 
( )
( ) ( )
2 3
4 2 5 7 2
8. . .2 1 .
4
1 5. . .
. 1 .
8 8
s s s
x y z
b b
s s s s
b b
D E D E DC H O x z E H O NH
D D
E D D E D E DCH x E CO C H O N
D D
 
+ − − − − + → 
 
−  
+ − − − + 
 
     (A5.20) 
_____________________________________________________________________ 
 
( )( )( )
(1 . . )
1 . 1 1
AR AR s
AR s AR
Y f b R
E
b R Y f
−
=
+ − −
 
 
Dissociated & Undissociated SCFAs: 
 
F is defined as the split between the dissociated and undissociated forms of the SCFAs. 
This split (F) is governed by the dissociation constant (Ka) of the SCFAs. For any given 
pH: 
 
                                     [CxHyOz]total = [CxHyOz] + [CxHy-1Oz-]                               (A5.21) 
 
With [CxHyOz]total being the total SCFAs concentration in the system. The equilibrium 
between the dissociated (CxHy-1Oz-) and undissociated (CxHyOz) forms are given by: 
 
1
aFtK
x y z x y zC H O C H O H
− +
−
→ +←  
 
Or  
 
1x y z feed
aFt
x y z
C H O H
K
C H O
− +
−
      
=
  
                                (A5.22) 
If Eq A5.21 and Eq A5.22 are combined, the fraction of the SCFAs in the dissociated 
form (F) is given by: 
 
1 1
1
x y z
x y ztotal
aFt
feed
C H O
F
C H O K
H
−
−
+
  
= =
      +
    
              (A5.23) 
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Eq A5.20 can now be rewritten to include the effect of the dissociated SCFAs: 
 
          
( )
( ) ( )
2 3
4 2 5 7 2
8. . .
2 1 .
4
1 5. . .
. 1 .
8 8
s s s
x y z
b b
s s s s
b b
D E D E DC H O x z E H O NH
D D
E D D E D E DCH x E CO C H O N
D D
 
+ − − − − + → 
 
−  
+ − − − + 
 
            (A5.24) 
                         2( ) 2 1 3gas x y z x y zCO H O C H O C H O HCO
− −
−
+ + → +                           (A5.25) 
______________________________________________________________________ 
( )
( ) ( )
1 2 3
4 2 3 5 7 2
8. . .2 1 1 .
4
1 5. . .
. 1 1 .
8 8
s s s
x y z
b b
s s s s
b b
D E D E DC H O x z E H O NH
D D
E D D E D E DCH x E CO HCO C H O N
D D
−
−
−
 
+ − − − − + + → 
 
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+ − − − − + + 
 
  (A5.26) 
_______________________________________________________________________ 
 
 
Now Eq A5.24 to A5.26 can be combined to yield the stoichiometric conversion of 
dissociated (F) and undissociated (1-F) SCFAs: 
 
( )
( ) ( )
1 2
3 4 2
3 5 7 2
8. .2 1 1 .
4
1. 5. .( ) . 1 1 .
8 8
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s s
x y z
b
ss s s
b b
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D
E DE D D E D
F NH CH x E CO
D D
E D
HCO C H O N
D
−
−
−
  
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  
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 
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       ( )
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2 3
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8 8
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x y z
b b
s s s s
b b
D E D E DC H O x z E H O NH
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________________________________________________________________________ 
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D D
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   
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________________________________________________________________________ 
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Urea (CO(NH2)2) is used as nitrogen source in this study. Thus the NH3 in Eq A5.27 
needs to be substituted for urea and converted to NH4+. The dissociation of Urea is 
described as follows: 
 
2 2 2 2 4 3. ( ) 3. . . 2. . 2. .b CO NH b H O b CO b NH b HCO+ −+ + → +                                       (A5.28) 
 
Secondly, alkalinity is dosed as NaOH, thus hydroxide (OH-) dosing also needs be 
incorporated into Eq A5.27: 
 
2 3. . .d OH d CO d HCO
− −+ →                   (A5.29) 
 
The inclusion of Eqs A5.28 and A5.29 in A5.27 yields: 
 
( ) ( ) ( )
( ) ( )
( ) ( ) ( )
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3 4
1 . . . .
1.2. 3. 2. .
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. .
8 8
. . . . .
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x y z x zy
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s ss
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AD k l m n
b b b
F C H O F C H O b CO NH d OH
E DE D
x b F z k m n H O
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E D E DE D
x b F d k n CO CH
D
n E D n E D E Db F d HCO b NH C H O N
D D D
− −
−
− +
− + + +
− 
+ + + − − − + − → 
 
− − 
− − − − − − + 
 
   
+ + + − + − +   
   
      (A5.30) 
Where 
k = 5; l = 7; m = 2; n = 1 and Db = 20 for C5H7O2N for the biomass 
 
Appendix 5.5: Proton Balance for pH Prediction 
This pH prediction method takes into account the bicarbonate produced from (i) the 
anaerobic digestion of dissociated SCFAs (HCO-3Inf), (ii) the hydrolysis of urea (HCO-
3Urea), (ii) OH--dosing for pH control (HCO3-NaOH), (iii) the alkalinity required to 
neutralize undigested SCFAs (HCO3-SCFA) and (iv) the carbon dioxide partial pressure 
(PCO2). SCFAs that are not digested dissociates in the reactor because of the high reactor 
pH (7 compared with the feed pH of 3.77), this consumes alkalinity: 
 
                                                            CxHyOz → H+ + CxH(y-1)Oz- 
                              HCO3-SCFA + H+ → H2CO3* → CO2SCFA + H2O 
________________________________________ 
                      CxHyOz + HCO3-SCFA → CxH(y-1)Oz- + CO2SCFA+H2O             (A5.31) 
________________________________________ 
 
Since the optimal pH for anaerobic digestion is in the 6.8 to 7.5 range, it can be assumed 
that virtually all the inorganic carbon is in HCO3- form. Therefore the total inorganic 
carbon can be defined as: 
 
 t 3 3 3C Total AD SCFAHCO HCO HCO
− − −     = = −       (A5.32) 
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                                 3 3 3 3AD Inf Alk Urea
HCO HCO HCO HCO− − − −       = + +                (A5.33) 
With 
[HCO3-AD] = bicarbonate produced via Eq 5.30 
[HCO3-Inf] = bicarbonate produced from the anaerobic digestion of dissociated SCFAs 
[HCO3-Alk] = bicarbonate produced from OH- dosing 
[HCO3-Urea] = bicarbonate produced via urea hydrolysis 
[HCO3-SCFA] = bicarbonate consumed for undissociated SCFA neutralization 
 
The second parameter required for pH prediction is the partial pressure of CO2 in the gas 
phase. This partial pressure is nothing more than the mol fraction of the CO2 in the gas 
phase: 
 
 ( )
( )
( )
2 22
2
2 4 4 2 2
AD SCFA
CO
AD SCFA
CO COCO
P
CO CH CH CO CO
+
= =
+ + +
 (A5.34) 
Where 
CO2AD = carbon dioxide produced in Eq 5.30 
CO2SCFA = carbon dioxide produced from neutralization of undissociated SCFAs not 
utilized in the in the anaerobic digestion process (effluent SCFA) (Eq 5.28) 
 
 
Now the pH relationship can be defined in terms of Ct and PCO2. For any given pH: 
 
 
* 2
2 3 3 3tC H CO HCO CO
− −     = + +       (A5.35) 
 
And if this is combined with Henry’s law and the carbonate equilibrium relationships: 
 
 
*
2 2 3.[ ]CO hP K H CO=  (A5.36) 
And  
 
3
1 *
2 3
c
HCO H
K
H CO
− +      
=
  
 (A5.37) 
And 
 
3
2 2
3
c
HCO H
K
CO
− +
−
      
=
  
 (A5.38) 
Thus 
 
1 2 1 2 2
2 2
. . . . .
. [ ] [ ]
c h CO c c h CO
t h CO
reactor reactor
K K P K K K PC K P
H H+ +
= + +  (A5.39) 
 
If  Eq 5.39 is rearranged and combined with pH = log10[H+] then: 
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1 2
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.
2. 1
.
t
h h c
c CO
t
c CO
C
K K K
K P
pH log
C
K P
 
   + − −    
   = −
  
−  
  
 
 (A5.40) 
 
 
Eq A5.40 can now be solved along with Eq 5.30, Eq A5.34 and Eqs A5.32 and 5.33 to 
yield the system PCO2, H2CO3*Alkalinity and reactor pH respectively. 
 
 
Appendix 6.1: Dynamic AD-FTRW Model Constants 
 
Table A6.1: Final Stoichiometric & Kinetic Constants for Individual FOGs in 
Model 
Stoichiometric Kinetic 
Biomass 
Yield (Y) 
Endogenou
s 
Respiration 
Rate (b) 
Maximum 
Specific 
Growth 
Rate 
(µmax) 
Half 
Saturation 
Coefficien
t (Ks) Functional Organism Group 
[molBiomass 
/molSubstrate
] 
[1/d] [1/d] [mol/L] 
    
  
      
Acidogenesis Zad 0.1465 0.041 0.8 0.001 
    
        
Acetogenesis (Hx) ZacHx 0.0303 0.015 1.18 0.00021 
Acetogenesis (Va) ZacVa 0.0301 0.015 1.53 0.009 
Acetogenesis (Bu) ZacBu 0.0301 0.015 2.268 0.005 
Acetogenesis (Pr) ZacPr 0.0205 0.015 1.1 0.0002 
Acetogenesis (EtOH) ZacEtOH 0.0125 0.015 1.15 0.001 
    
        
Acetoclastic Methanogenesis Zam 0.02 0.037 1.5 0.0005 
Methanogenesis (MeOH) Zmm 0.0181 0.037 1.15 0.001 
    
        
Hydrogenotrophic 
Methanogenesis Zhm 0.0029 0.01 1.2 0.001 
fcv = 1.52, fi = 0.78, f = 0.08 
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Table A6.2: Weak Acid Dissociation Constants at 25 oC (expressed as their negative 
log value pK) and Their Temperature Dependency. pK = A/T-B-C.T (Helgeson., 
1976) 
Thermodynamic Weak Acid 
Dissociation Constants 
pK 
25oC A B C 
Apparent Weak Acid 
Dissociation Constants 
                
Carbonate pKc1 6.352 3404.7 14.844 0.0328 pK'c1  pKc1 + Log(fm) 
  pKc2 10.329 2902.4 6.498 0.0238 pK'c2 
 pKc2-
log(fm)+log(fd) 
Henry's Constant pKh 1.47 -1760 -9.619 
-
0.0075 pK'h  pKh 
Short Chain Fatty Acids:   
            
Acetic Acid (C2) pKAc 4.765 1170.5 3.165 0.0134 pK'Ac  pKAc + Log(fm) 
Propionic Acid (C3) pKPr 4.874 1213.3 3.386 0.0141 pK'Pr  pKPr + Log(fm) 
Butyric Acid (C4) pKBu 4.82       pK'Bu  pKBu + Log(fm) 
Valeric Acid (C5) pKVa 4.8       pK'Va  pKVa + Log(fm) 
Hexanoic Acid (C6) pKHx 4.85       pK'Hx  pKHx + Log(fm) 
 
 
Table A6.3: Calculation of Activity Coefficients with Davies Eqs (Butler., 1964) 
Activity Coefficients 
  
log(fm) = -A.((u1/2/(1+u1/2))-0.3u) fm Monovalent Ion Activity Coefficient 
log(fd) = -A.4.((u1/2/(1+u1/2))-0.3u) fd Divalent Ion Activity Coefficient 
  
u Ionic Strength Approximation (Kemp., 1971) 
u = 0.00025.(TDS-20) A Temperature Dependant Constant 
A = 1.825*106.(78.3.T)-1.5 T Temperature (Kelvin) 
  
TDS Total Inorganic Dissolved Salts [mg/L] 
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Table A6.4: Inhibition Function Constants 
Temperature 
TUL 315 K 
TLL 305 K 
      
pH 
pHULZadZac 8   
pHLLZadZac 4   
pHULZamZmm 8   
pHLLZamZmm 6.5   
pHULZhm 8   
pHLLZhm 6.8   
      
Hydrogen 
kIH2Zad 6.25E-04 mol/L 
kIH2Zac 1.00E-05 mol/L 
kIH2ZacPr 3.50E-06 mol/L 
      
Total SCFA 
kIAtZacPr 0.018 mol/L 
kIAtZam 0.1 mol/L 
 
Appendix 6.2: Materials & Methods – Batch Test for 
Kinetic Parameter Optimization 
 
The aim of this part of the project was to observe the utilization and product formation 
during the anaerobic digestion of the SCFAs in FTRW. The data collected was applied to 
calibrate the Monod half saturation constants (Ksj) in the dynamic AD-FTRW model. 
 
A biomass sample was taken form the AnMBR after a stable operational period of longer 
than two weeks. The biomass was then transferred to a 1 L completely mixed batch 
reactor. Environmental conditions (T, pH and Alkalinity) in the batch reactor were a 
direct replica of the conditions in the AnMBR. After transfer the biomass was allowed to 
mix for 20 minutes to insure all residual SCFAs in the sample was completely utilized.  
 
FTRW was then injected into the batch reactor via port 1 (Figure A6.1). The time was 
logged as the time of injection (tinj). The amount of FTRW injected was estimated from 
the mass of biomass in the bacth reactor and the F/M ratio of the AnMBR during the 
stable period; 
 
MFTRW = (F/M)AnMBR.MXVSS            (A6.1) 
 
Immediately after tinj the first sample was drawn from port 2. It is assumed that no 
substrate utilization occurred up to this point. Samples were then taken at regular 
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intervals (every 60 min) and analysed for filtered COD, SCFA, Alkalinity and also the 
individual SCFAs were tested with an HPLC. 
 
 
 
Figure A6.1, Batch Test Experimental Setup 
Hourly samples are drawn until the effluent SCFA and COD approached zero. The length 
of time it takes for the biomass to utilize all the substrate is a function of the mass of 
biomass in the batch reactor. Typical output data is as follows (Figure A6.2): 
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Figure A6.2: Substrate Utilization in Batch Test 
Output data include COD, VFA-5pt, and the individual SCFA concentration time-
concentration profiles after tinjection. Note acetate (Ac) and propionate (Pr) initially 
increases and then decrease because significant amounts of these compounds are 
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produced by the utilization of the C6 to C4 SCFAs in FTRW. It should be noted that the 
HPLC was only calibrated to a lower limit of 0.00025 mol/L (15 mg/L for Ac) and values 
recorded below this limit can be regarded as an extrapolation below the Method 
Detection Limit (MDL). Some caution should be taken with the use of such data since it 
might have a negative effect on parameter calibrations. 
 
Appendix 6.3: Derivation of Dynamic AD-FTRW 
Stoichiometry 
 
Acetogenesis of Hexanoic (Ha), Valeric (Va), Butyric (Bu), Propionic 
(Pr) Acid and Ethanol; 
 
Catabolism 
 
                   ( ) ( ) ( )2 2 2 4 2 22 2 22 2 . 2 . 2 .x x z x x qC H O p z H O C H O p C H O r H r e+ −− −+ + + → + + +  
                                          22 . 2 . .r H r e r H
+ −+ →  
                  ( ) ( ) ( )2 2 2 4 2 2 22 2 22 2 .x x z x x qC H O p z H O C H O pC H O r H− −+ + + → + +        (A6.2) 
 
Where 
( )2
2
2
pq x
r x p z
− 
= + − − 
 
                                                                          (A6.3) 
If 1
3
x ≥  then p = 1 else p = 0 
If x=3 then q = 0 else q = 1 
 
Anabolism 
 
( )2 3 2 5 7 25. 8.. . 2 . .20 20 20 20
s s s s
x y z
D D D DC H O x CO NH x z H O C H O N   + − + → − − +   
   
  (A6.4) 
                                                                                                                            
Where 
Ds = (4x+y-2z) = Substrate electron donating capacity [e-/mol]      
 
 
Metabolism 
The catabolic and anabolic processes are combined through the true organism yield (Yj); 
 
           
( ) ( ) ( ) ( )( )2 2 2 4 2 2 22 2 21 2 2 .acj x x z x x qY C H O p z H O C H O pC H O r H− −− + + + → + + (A6.5) 
( )2 3 2 5 7 25. 8.. . . 2 . .20 20 20 20
s s s s
acj x y z
D D D D
Y C H O x CO NH x z H O C H O N    + + − + → − − +    
    
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           (A6.6) 
Secondly the WABC relationships are also incorporated into the metabolism; 
 
[ ]
2 1
2
1
1
x x z
x x z total
acj
feed
C H O
F
C H O K
H
−
−
+
  
= =
 
 +
    
                                                                         (A6.7) 
 
( ) ( )2 2 2 11 .x x zTotal x x z x zxC H O F C H O F C H O −−= − +                                (A6.8)             
 
( ) 2 3 2 32 1. . . .x z x x zxF C H O F H CO F C H O F HCO
− −
−
+ → +                                               (A6.9) 
 
2 3 2 2
5 5 5
. .
20 20 20
s s sD D Dx H CO x CO x H O     − → − + −     
     
                                         (A6.10) 
 
3 4 3 2 3HCO NH NH H CO
− ++ → +                                                                              (A6.11) 
 
 
By combining Eq’s A6.6.5 to A6.11 the following expression is obtained for the 
description of the acetogenesis of FTRW; 
 
( )
( ) ( ) ( )
( ) ( ) ( ) ( )
2 (2 1) 2 3
2 4
2 4 2 2
5. .1 . .
20 20
8. 5. .
1 2 2. 2. .
20 20 20
2
1 1 1 2. .
2
s s
x x z x x
s s s
xp ypq
D E D
F C H O F C H O E x F H CO
D D E D
E z p E x z E x H O NH
x
E C H O E C H O E x p z q z
−
−
−
    
− + + − + −    
    
       
+ − − + − − − − − + →       
       
 
− 
− + − + − + − −   
 
2
3 5 7 2
. .
20 20
s s
H
E D E D
F HCO C H O N−
 
  
 
    
+ − +    
    
 
 
          
                                (A6.12) 
If 1
3
x ≥  then p = 1 else p = 0 
If x=3 then q = 0 else q = 1 
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Appendix 6.4: Dynamic AD-FTRW Petersen Matrix & 
External Calculations 
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External Calculations 
 
Reactor pH 
1
2
2
2
1 2
10
1 2
8 1 .
.
2. 1
.
t
h h c
c CO
t
c CO
C
K K K
K P
pH log
C
K P
 
   + − −    
   = −
  
−  
  
 
                                                (A6.13) 
Alkalinity 
 
*
2 3 3 *50000H CO Alkalinity HCO − =                                                                        (A6.14) 
 
Effluent Soluble COD 
 
[ ] [ ] [ ] [ ]
[ ] [ ] [ ]
* 256 * 208 *160 Pr *112
.1000
* 64 * 48 *96bs
Hx Va Bu
S
Ac Me Et
 + + +
=   + + + 
                                 (A6.15) 
 
Short Chain Fatty Acids 
 
[ ] [ ] [ ] [ ] [ ] [ ] [ ]( )Pr * 60000SCFA Hx Va Bu Ac Me Et= + + + + + +                                   (A6.16) 
 
Effluent Total Nitrogen 
 
[ ] [ ]( )42 * *14000teN Urea NH= +                                                                               (A6.17) 
 
Mixed Liquor Suspended Solids 
 
[ ] [ ] [ ] [ ] [ ]
[ ] [ ] [ ] [ ]
Pr
.
160000ad acHx acVa acBu ac
cv iacEt am mm hm bp
Z Z Z Z Z
MLSS f fZ Z Z Z S
 + + + +  
 =    + + + + +    
                                   (A6.18) 
 
Carbon Dioxide in Biogas 
 
[ ]2
2
. .8314k
atm
CO T
CO
P
=                                                                                                 (A6.19) 
 
Methane in Biogas 
 
[ ]4
2
. .8314k
atm
CH T
CO
P
=                                                                                                 (A6.20) 
